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Abstract 
Fluid flow through a packing of granular material is commonly encountered in natural pro-
cesses such as deep percolation of water, in industrial processes such as the movement of 
petroleum/natural gas through sand/rock in oil and gas extraction as well as in fixed and fluid-
ized beds. Fixed beds are used among others for applications such as catalytic reactions, heat 
transfer, filtering, adsorption, and gasification, while fluidized beds are utilized for combustion, 
drying, cooling, agglomeration, spray-coating, heat transfer, transport, mixing and many more. 
Thereby, fixed and fluidized beds differentiate in the state of movement and dispersal of the 
solids. Due to varying requirements depending on the aforementioned applications, in-depth 
knowledge about the behavior of granules in the fluid flow is needed. For this reason, in recent 
years the simulation of fixed and fluidized beds has gained attention. Especially a coupling of 
the discrete element method (DEM), that tracks every individual particle discretely with com-
putational fluid dynamics (CFD), which solves the fluid flow on a cell-based grid, where each 
cell is larger than a single particle, can help to gain a deeper understanding. In this method, 
small scales such as collisions between particles are resolved, but computations are consid-
erably faster when compared to methods that resolve the fluid flow around individual particles. 
So far most simulations carried out with the coupled DEM-CFD only consider spherical parti-
cles, therefore the necessary models, especially for the calculation of the interaction forces 
between non-spherical particles and the fluid are not well tested or verified. This, however, is 
essential for the DEM-CFD to take the step from being an academic research tool to being 
applicable for industrial scale problems. In this thesis, a coupled DEM-CFD that takes the par-
ticle shape into account was used to analyze fixed and fluidized beds. For the first time results 
were compared to analogously carried out experiments. Thus testing and verification, as well 
as identification of the current limitations of the numerical method, became possible. With this 
regard, this study aims to contribute towards the further improvement of the DEM-CFD so that 
eventually it could be used as an investigative tool for industrial processes. Based on a drag 
force correlation that is applicable for all particle shapes, the pressure drop of packings of 
spherical and non-spherical particles has been examined with the DEM-CFD and compared 
to experiments and analytical solutions. Results indicate better prediction results than available 
pressure drop correlations. Following, fluidized beds have been examined experimentally in 
terms of fluidization behavior, pressure drop and pressure fluctuations. Therefore, a particle 
tracking velocimetry (PTV) method was created to track individual particles in the experiments. 
Results indicate a strong influence of the particle shape on the prevailing flow regime so that 
available correlations for the prediction of the velocities where a regime change becomes ap-
parent have been modified to give a better fit for non-spherical particles. Based on this fluidized 
beds were analyzed numerically in terms of fluidization behavior, pressure drop, particle ori-
entations, and mixing. In the majority of cases, good agreement between experiment and sim-
ulation was found. It was shown that complex flow features of non-spherical particles, like an 
alignment with the flow, were reproduced with good accuracy by the DEM-CFD. Limitations 
were found in bidisperse systems when the particle shape of the two particle fractions strongly 
differed as well as in connection to wall effects, as the wall treatment relies on a coarse non-
resolved model. Further testing of the method was done by examining a geometrically more 
complex dual-chamber fluidized bed. In this system, two fluidized beds are connected and 
particles constantly fed into the system. A radio-frequency identification (RFID)-system was 
developed to measure particle residence times in experiments, results were compared to nu-
merical data. Good agreement was found for a variety of different operational conditions.  



 

In this thesis, the DEM-CFD with respect to the particle shape was for the first time compared 
to analogously set-up experiments. Good agreement for a variety of different cases and con-
ditions were found, proving the capabilities of the coupled DEM-CFD when the particle shape 
is taken into account.  



 

Kurzfassung 
Fluidströmungen durch Schüttungen oder Packungen granularen Materials treten in einer Viel-
zahl von natürlichen Prozessen wie etwa beim Versickern von Wasser oder industriellen Pro-
zessen wie etwa der Bewegung von Erdöl/Erdgas durch Sand und Gestein bei der Öl- und 
Gasförderung oder Festbetten und Wirbelschichten auf. Festbetten kommen unter anderem 
bei Anwendungen wie etwa katalytischen Reaktionen, Wärmeübertragung, Filtration, Adsorp-
tion und Vergasung zum Einsatz, während Wirbelschichten für Verbrennung, Trocknung, Ab-
kühlung, Agglomeration, Sprühbeschichten, Wärmeübertragung, Feststofftransport, Mischung 
und vieles Weiteres eingesetzt werden können. Wirbelschichten und Festbetten unterscheiden 
sich dabei vor allem im Bewegungszustand und der Verteilung der Partikel. Aufgrund der stark 
variierenden Anforderungen je nach Anwendung ist ein tiefgehendes Verständnis des Verhal-
tens von granularem Material in einer Fluidströmung notwendig. Daher hat in letzter Zeit die 
Simulation von Festbetten und Wirbelschichten vermehrte Aufmerksamkeit gefunden. Insbe-
sondere eine Kopplung der Diskreten Elemente Methode (DEM), in welcher jedes einzelne 
Partikel nachverfolgt wird, mit der Computational Fluid Dynamics (CFD), in welcher die Strö-
mung in Zellen, die größer als ein einzelnes Partikel sind, berechnet wird kann dazu beitragen, 
ein tieferes Verständnis zu erlangen. In dieser Methode werden Prozesse auf kleinen Skalen 
wie etwa Partikelkollisionen aufgelöst, aber die Rechendauer ist deutlich geringer im Vergleich 
zu Methoden, die die Umströmung um jedes einzelne Partikel auflösen. Jedoch wurde in den 
meisten vorhergegangenen Studien die Partikelform nicht berücksichtig, d.h. es wurden nur 
sphärische Partikel untersucht. Daher sind die Modelle, die für die Abbildung der Interaktion 
zwischen Partikel und Fluid von nichtsphärischen Partikeln notwendig sind bisher nicht aus-
reichend getestet und verifiziert. Dies ist jedoch essenziell, damit die DEM-CFD den Schritt 
vom akademischen Forschungswerkzeug zur Anwendbarkeit für industrielle Fragestellungen 
nehmen kann. In dieser Arbeit wurde eine gekoppelte DEM-CFD, die sowohl die Partikelform 
als auch Orientierung berücksichtig, zur Untersuchung von Festbetten und Wirbelschichten 
eingesetzt, um so die Methode zu testen und validieren und mögliche Beschränkungen aufzu-
zeigen. Ziel ist es zur Weiterentwicklung der DEM-CFD beizutragen, sodass diese als Unter-
suchungswerkzeug für industrielle Prozesse dienen kann. Basierend auf einer Widerstands-
kraftkorellation die für alle sphärisch und nicht sphärisch geformten Partikel gültig ist, wurde 
der Druckverlust von Packungen sphärischer und nichtsphärischer Partikel numerisch in der 
DEM-CFD bestimmt und mit Experimenten sowie analytischen Lösungen verglichen. Die Er-
gebnisse zeigen, dass die Simulation den Druckverlust präziser vorhersagen kann, als die 
momentan verfügbaren analytischen Lösungen. Anschließend wurden das Fluidisierungsver-
halten, der Druckverlust und die Druckschwankungen in einer Wirbelschicht experimentell un-
tersucht. Der starke Einfluss der Partikelform auf den vorherrschenden Strömungszustand 
konnte gezeigt und vorhandene Korrelationen zur Vorhersage von charakteristischen Ge-
schwindigkeiten bei denen eine Änderung des Strömungszustands auftritt, in Bezug auf die 
Körperform verbessert werden. Basierend auf diesen Ergebnissen wurden das Fluidisierungs-
verhalten, der Druckverlust, Partikelorientierungen und Mischung in einer Wirbelschicht nume-
risch untersucht. Hierzu wurde ein Particle Tracking Velocimetry (PTV) Algorithmus entwickelt, 
um das Partikelverhalten im Experiment zu bestimmen. Dabei wurde eine gute Übereinstim-
mung zwischen Simulation und Experiment in dem Großteil der untersuchten Fälle gefunden. 
Es wurde gezeigt, dass die Simulation in der Lage ist, komplexe Fließeigenschaften von nicht-
sphärischen Partikeln wie etwa eine Anordnung in Richtung der Fluidströmung wiederzuge-
ben. Für bidisperse Mischungen wurden Abweichungen zwischen Experiment und Simulation 
gefunden, wenn die Mischungskomponenten stark in ihrer Form variieren. Weiterhin wurden 
Abweichungen in Folge von Wandeffekten festgestellt, da die Strömung in Wandnähe in der 



  

DEM-CFD nur in einer groben, nicht im Detail aufgelösten Form berechnet wird. Weitere Un-
tersuchungen wurden an einer im Vergleich zur Anlage der vorherigen Untersuchungen geo-
metrisch komplexeren Doppelkammerwirbelschicht durchgeführt. In diesem System sind zwei 
Wirbelschichtkammern miteinander verbunden und Partikel werden konstant in und aus dem 
System geführt. Ein radio-frequency identification (RFID) System wurde entwickelt, um Parti-
kelverweilzeiten in der Anlage experimentell zu bestimmen. Die Ergebnisse wurden mit Simu-
lationsdaten verglichen und eine gute Übereinstimmung für eine Vielzahl von Betriebszustän-
den wurde festgestellt.  

Im Rahmen dieser Arbeit, wurde die DEM-CFD unter Berücksichtigung von nicht-sphärischen 
Partikeln zum ersten Mal experimentell validiert. Es wurde eine gute Übereinstimmung für eine 
Vielzahl verschiedener Fälle und Bedingungen festgestellt, und so die Fähigkeiten der gekop-
pelten DEM-CFD mit Beachtung der Partikelform gezeigt.
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1. Introduction  
Worldwide more than half of the products of the chemical and process industries that are sold 
are granular materials. The range of potential products spans from agrochemicals to foods 
over plastics to energy sources such as biomass or coal [1]. The particle sizes are thereby as 
manifold as the products themselves and range from powders on a micrometer scale to gravel 
or mineral ore which can be several decimeters big [2]. Handling and processing of these 
granular materials use up roughly 10 % of the total worldwide energy consumption [3]. The 
handling itself is not always trouble-free, problems like flow obstructions, plug formation or 
segregation can occur, if the process is not well designed. Even the outflow of a granular solid 
out of a simple storage hopper can come to a standstill if the solid characteristics are not 
considered in the hopper design [4]. Generally, the handling behavior of particular solids im-
proves, when the solid is carried by a fluid. The state where the particles are fully suspended 
in an upward flowing fluid is called fluidization; in this state, the solid behaves like a liquid. 
Therefore, the fluidized bed will form a horizontal surface, can overflow or segregate if strong 
density differences occur in the solid phase [5]. The process of fluidization is used in technical 
applications in so-called fluidized beds. Besides easier solids handling, a multitude of positive 
characteristics like intense solids mixing, high mass transfer between the solid and the fluid, 
its suitability for large-scale operations and in the case of heat input an even temperature dis-
tribution inside the bed, lead to a widespread distribution of fluidized beds in many industries 
for a variety of processes. These processes include combustion, drying, cooling, agglomera-
tion, coating, separation or simple transport [6]. If two or more fluidized beds are connected to 
each other, even complex multistage processes like coating with consequent drying can be 
performed in continuous operation in a single system. However fluidized beds also have some 
disadvantages as for example the rapid mixing of solids can also lead to non-uniform particle 
residence times in the reactor in the case of a continuous operation, which may lead to unfa-
vorable product qualities. The high number of particle/particle and particle/wall contacts also 
leads to problems such as breakage of brittle solids or erosion of the vessel walls or heat 
exchanger pipes. Furthermore, the supply of the fluid at high enough velocities to fluidize the 
bed is energy intense [6]. Lowering the fluid velocity will reduce the energy input but also 
change the behavior of the bed until, at the point where the velocity is not high enough to 
overcome the particle weight anymore, the fluidized bed will collapse. However, passing a fluid 
through a bed of stationary particles has a lot of applications too, as these systems are easy 
to operate and have less attrition and wear when compared to fluidized beds. So-called fixed 
or packed beds, consist of a packing of particles, where the particles can be of spherical or 
non-spherical shape and varying sizes, which is passed by a fluid. By restricting the motion of 
the particles through perforated plates, fluid velocities beyond the minimum fluidization veloc-
ity, that is the velocity where a fluidized bed would begin to form out, can be utilized in fixed 
beds too. Fixed beds are widely used for catalytic reactions, heat storage or filtration. This 
category also includes packed beds for chemical processing which are used for absorption, 
stripping or distillation processes. However, they can suffer from hot spots due to poor heat 
distribution which will result in non-uniform reaction rates. Despite the geometric simplicity of 
the fixed bed reactor, they are difficult to design. Especially the pressure drop is a key concern 
of this kind of systems, as the fluid can only pass through the gaps between particles. For non-
spherical particles, the pressure drop is hard to predict with currently available correlations. 
Therefore, fixed and fluidized beds have been widely studied experimentally in the past. How-
ever, experiments are expensive, not easily scaled-up and obtaining certain information on the 
particle or fluid level, e.g. forces on the particles due to collisions or fluid flow, is impractical or 
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even impossible. In recent years’ numerical methods have been utilized to gain a deeper un-
derstanding of these systems. Especially the discrete element method (DEM) coupled with 
computational fluid dynamics (CFD) has been widely used to study the behavior of fixed and 
fluidized beds. In the DEM each particle is tracked individually so that all the particle/particle 
and particle/wall contacts are taken into account, while the fluid flow is calculated cell aver-
aged, where each cell is larger than a single particle. The first study with the DEM-CFD on 
fluidized systems was carried out by Tsuji et al. [7] in 1993. Since then the use of the coupled 
DEM-CFD has been continuously growing, with almost 700 publications listed in the web of 
science database since 1997, compare Fig. 1a. However, all of these studies only considered 
spherical particles. Spherical particles are much easier to model and also computationally less 
demanding.  

 

 
Fig. 1 Number of publications in the web of science database for studies that use the coupled DEM-CFD 

method (a) and the corresponding search terms (b). 

Therefore, one of the biggest challenges that researchers currently face, is the consideration 
of the particle shape, as most industrially used particles are of non-spherical shape. Commonly 
used drag force models, such as a combination of the equations of Ergun and Wen and Yu 
[8,9], that are well suited for spherical shapes are not able to describe especially the parti-
cle/fluid interaction of non-spherical, complex shaped particles accurately. The first study to 
consider the particle shape and orientation with a method applicable to any convex non-spher-
ical particle in the DEM-CFD was carried out by Hilton et al. [10] in 2010. Since then only a 
handful of studies has been published that consider the particle shape, see Fig. 1a. The model 
assumptions are currently not well-tested or validated and the capabilities and limitations 

a. 

b. 
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widely unknown. In particular, a comparison of simulations with analogously carried out exper-
iments is needed to further investigate and validate the model assumptions in the DEM-CFD, 
which at the start of this thesis was not yet performed.  
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2. Scope and outline of this thesis 
This cumulative thesis focusses on the examinations of particulate systems under fluid flow 
both experimentally and numerically with the coupled DEM-CFD. Especially the influence of 
the particle shape was analyzed. As most real particles that are used in industrial processes 
are of non-spherical shape, the consideration of the particle shape will help the DEM-CFD to 
make the step from being used primarily in research applications to being able to capture a 
wide range of industrial processes. The particle shape is one of the most if not even the most 
important parameter to consider in DEM simulations [11], as it potentially will alter the outcome 
of any process considerably. Most currently existing models for the particle/fluid interaction do 
not consider the particle shape and orientation and the ones that do, are not well tested. This 
thesis aims to contribute to the topic by testing the capabilities and limits of the coupled DEM-
CFD on various solid/fluid two-phase flow processes. The numerical framework is validated 
through the comparison with analogously carried out experiments. To gather the necessary 
data especially on the particle level, new measurement and analysis techniques are developed 
and introduced in this thesis.  

This thesis begins by introducing the numerical method. The basic equations for the calculation 
of the particle motion and fluid flow are given and different models for the particle/fluid interac-
tion introduced. The drag coefficient model of Hölzer and Sommerfeld [12] utilized in all DEM-
CFD simulations of this study was derived from a large number of experimental data as well 
as a comprehensive numerical study and is applicable to all particle shapes. In contrast to 
commonly used models in previous studies in the literature like the combination of the equa-
tions of Ergun and Wen and Yu [8,9], the models utilized in this study also consider the orien-
tation of the particles. Then, in section 3.2, the theoretical principles of fixed beds, especially 
in regards to the modeling of the pressure drop which is then further analyzed in publication I 
are given. As no particle motion occurs in a fixed bed, this is a good system to start with. If the 
particle motion does not need to be considered in the DEM, calculation times are sped up 
considerably. Through the DEM a detailed porosity profile of the bed is available, which can 
be used in the calculation of the pressure drop. While spherical particles mostly initiate a uni-
form porosity throughout the bed, the porosity of non-spherical particles can differ locally due 
to different particle orientations. Besides experimental and numerical analysis, a wide array of 
correlations is considered and tested. In the next step, fluidized beds are looked at closer which 
links to publication II and III. To help understand the underlying forces acting between fluid and 
solid phase, the case of a single particle in a fluid flow is explained in section 3.3.1. This also 
aids in understanding the calculation of the particle/fluid force in the numerical method. An 
important characteristic of fluidized beds is the formation of different flow regimes, which is 
mostly depending on the overall fluid velocity and the particle characteristics. Therefore, the 
basics of flow regimes are explained in section 3.3.2, while in publication II flow regime transi-
tions and the prediction of them for complex-shaped particles are analyzed experimentally. 
Also, correlations for the prediction of characteristic regime changing velocities are tested 
against experimental results and based on the results new correlations are derived. Closely 
linked is the pressure drop, as the pressure drop is a clear indicator when the bed leaves the 
fixed bed and enters the fluidized bed regime. In publication III the pressure drop and onset of 
fluidization are therefore analyzed both experimentally and numerically for a variety of differ-
ently shaped particles. Similarly, pressure fluctuations can give information about the fluidized 
bed and are thus examined closer in publication II. Results of both publications show, that the 
particle shape has a strong influence on the fluidized bed. The basics that complement both 
publications in regards to the pressure drop and pressure fluctuations inside fluidized beds are 
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given in section 3.3.3. Besides integral measures like the pressure drop, particle orientations 
are examined in publication III. To further test the numerical method, mixing processes are 
analyzed closer in publication IV. Mixing is of high importance in a lot of fluidized bed pro-
cesses, however, due to the complex nature of the particle/fluid interaction, it is hard to predict 
analytically. Solids mixing in fluidized beds happens on a much faster scale vertically than 
horizontally and is, therefore, a good measure of the accuracy of the numerical method in 
terms of the vertical particle motion. Besides monodisperse mixtures also bidisperse mixtures 
are examined. Generally, mixing can be a useful indicator of the quality of a simulation and is 
highly important in a variety of industrial processes. The prediction of a mixing process could 
be one of many applications for coupled DEM-CFD simulations. The underlying mechanisms 
and a short introduction into the assessment of the mixing quality are given in section 3.3.4. 
Following is a short introduction to the applications and challenges of multi-chamber fluidized 
beds. In multi-chamber fluidized beds, two or more fluidized beds are connected to each other 
so that solids can pass between them. When additionally, a particle inlet and outlet are added, 
high throughput or multistage processes in one system become possible. In publication V a 
dual-chamber fluidized bed is analyzed numerically and experimentally. Hereby particle resi-
dence times are measured with a newly developed radio-frequency identification (RFID) sys-
tem, that allows measuring particle residence times without interference of the fluid flow. The 
particle passage through the dual-chamber fluidized bed is mostly dominated by the horizontal 
motion and is, therefore, a good test for the capabilities of the prediction of mostly horizontally 
dominated movement.  

Finally, the research done in this thesis is summarized and the conclusions are given. Further 
development need is identified and possible new research directions pointed out.  
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3. Theoretical foundations and state of research 
To lay the foundation and supplement the research in the publications of this cumulative thesis, 
in the following section the fundamentals of the methods and processes that are utilized and 
analyzed in the publications are given.  

3.1 Numerical modeling of fluidization processes 
Due to the common occurrence of granular systems in both nature and industry, a fundamental 
understanding of the underlying physics is necessary. Experimental tests and measurements 
can be helpful to gain more knowledge but are limited due to the nature of granular systems. 
Granular materials are often opaque, limiting optical analysis to outside layers and measuring 
forces on a single particle level is in the best case impractical and in the worst case impossible 
with currently available measurement techniques [11]. For systems consisting out of multiple 
phases like fluidized beds (solid/fluid), experimental analysis gets even more complicated as 
additional properties like local gas velocities or porosities are off high interest but almost im-
possible to access without altering the flow through measurement equipment. Therefore, in the 
past 40 years’ numerical methods such as the discrete element method (DEM) have been 
developed and applied to study the behavior of particulate systems. Especially in the past 20 
years, increasing computational power has helped to approach more realistic scenarios, as 
the step from small two dimensional systems, involving only a few particles to complex fully 
three dimensional systems with millions of particles could be made. For the simulation of two-
phase flows (solid/fluid) like fluidized beds, numerical methods allow direct access to a whole 
variety of parameters and can help study the processes inside the bed in detail. Based on this 
premise, a variety of modeling schemes has been proposed and developed in the past. In Fig. 
2 an overview is given. 

 
Fig. 2 Possible levels of detail for the simulation of particle/fluid systems: (a) Continuum/ Continuum, (b) Dis-
crete element method coupled with a cell averaged fluid simulation where the fluid cells are larger than a sin-

gle particle and (c) Discrete element method coupled with a resolved flow simulation. 

Widely used [13–17] are approaches that consider both the gas and the fluid phase as a con-
tinuum (Eulerian-Eulerian model), compare Fig. 2a, as they are computationally less demand-
ing than simulations with more detail. In the two-fluid model, a set of generalized Navier-Stokes 
equations is solved in a Eulerian grid for both the solid and the fluid phase [18]. The solid phase 
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pressure and solid phase viscosity are thereby derived from the kinetic theory of granular flow. 
The kinetic theory of granular flow is based on the kinetic theory of dense gases [19], but it 
replaces the usual thermal temperature by a granular flow temperature, which can be ex-
pressed through a differential equation derived by the means of the kinetic theory [15]. There-
fore, both the solid phase pressure and solid phase viscosity are functions of the granular 
temperature which varies over time and with the position in the vessel. The solid/fluid interac-
tions are incorporated by drag force correlations, which consider the local relative velocity of 
the phases and the local porosity. This way even small industrial apparatuses can be 
simulated, and fundamental flow features such as bubbling and slugging can be reproduced 
accurately. As a lot of model assumptions and averaging are necessary to turn the granular 
system into a continuum, certain physical effects are not included in current simulations, es-
pecially on the particle side such as different friction or shape of the particles in the solid phase 
[20]. By averaging, a number of indeterminate terms are left behind, which are associated with 
the motion of the solids at the microscale, so that the method generally lacks the precision to 
represent individual flow features [21,22] or mixing and segregation effects [23,24]. A higher 
level of detail is achieved when the particles are tracked individually and only fluid flow is cal-
culated cell averaged, on a grid where a single cell is larger than an individual particle, compare 
Fig. 2b. Coupled DEM- computational fluid dynamics (CFD) fall into this category. This is a 
good compromise of precision and speed, and potentially suitable for both laboratory or small 
industrial processes. As the flow around particles is not fully resolved, the particle/fluid inter-
actions are described by correlations for the drag force with consideration of the surrounding 
particles. The model assumptions are based on a cell averaging of certain particle, fluid, and 
thermodynamic properties. The cell size in coupled DEM-CFD simulations should be kept 
above the size of a single particle. If the DEM cells are smaller than a particle, cells with a 
porosity of ε=0 (fully filled with solid) could occur, which would lead to numeric errors when 
certain calculations require a division through the porosity and therefore 0. An even higher 
level of detail can be achieved if the flow around individual particles is fully resolved, compare 
Fig. 2c. Here a couple of methods are available for the solution of the fluid side. In the resolved 
finite volume method, the Eulerian-grid is an order of magnitude smaller than the size of the 
particles. The gas-particle interaction is then determined by boundary conditions on the particle 
surface and therefore can be used to calculate precise drag forces. However, as a detailed 
mesh of the entire packing needs to be generated and altered after particle motion, this method 
is often considered not suitable for moving system. Instead, the immersed boundary method 
(IBM) is often used when flexible, elastic boundaries need to be addressed. Here, the fluid flow 
is tracked on an Eulerian grid and the solid phase is expressed through immersed boundaries, 
which are tracked by a series of Lagrangian points. The IBM can be applied to different meth-
ods such as the Lattice Boltzmann method. The Lattice Boltzmann method relies on a Carte-
sian lattice and instead of the Navier-Stokes equations, the discrete Boltzmann equation is 
solved. Limitations of this method occur at low Mach numbers and instabilities at elevated 
Reynolds numbers. However, the computational costs of any resolved flow method are far too 
great to be suitable for industrial or even laboratory scales. Therefore, the Lattice Boltzmann 
method utilizing the IBM has been often used to obtain correlations for the particle/fluid inter-
action forces which were then utilized in larger scale simulations [25]. Problematic is the large 
span of scales: the largest flow structures in industrial fluidized beds can be in the order of 
meters, but are directly influenced by the behavior of particle/particle and particle/fluid interac-
tions, which are in the millimeter or even micrometer scale [26]. Simulations on a smaller scale 
that consider particle/particle or particle/fluid interactions can thereby be useful tools to develop 
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closure laws which can help to improve the accuracy of larger scale simulations. In the fore-
seeable future, all three levels of detail will play an important role in the modeling of fluidized 
beds. 

3.1.1 Simulation of the solid phase 

In this study the coupled DEM-CFD was used to examine various two-phase systems, so the 
method will be explained in more detail, beginning with the DEM. Generally, two types of DEM 
approaches exist: hard-sphere (event-driven) and soft-sphere (time-driven). Hard-sphere mod-
els are based on the assumption that particles are perfectly rigid, which leads to instantaneous 
binary collisions. The pair-wise collisions are processed in the simulation in the order in which 
the events occurred. The first hard-sphere simulation to study granular systems was presented 
by Campbell and Brennen in 1985 [27]. In dilute granular systems, the hard-sphere method is 
considerably faster than soft-sphere models. However, in dense flow where multi-particle con-
tacts dominate over binary collisions, the approach is not valid as only binary collisions are 
accounted for. 

In the soft-sphere method multi-particle collisions are possible and so it is suitable for dense 
granular systems. In contrast to the hard-sphere method collisions in the soft-sphere method 
take a finite time and are resolved in temporal detail [28]. The time-step is fixed, particles are 
allowed to slightly overlap to simulate a possible deformation. Through the deformation history 
of the contact then the contact force can be calculated. In the case of multiple contacts, the 
net contact force is calculated as the addition of all pair-wise interactions. As the time-step is 
fixed, it needs to be chosen carefully due to its interrelation with the contact force. The soft-
sphere model was used for the first time on granular materials by Cundall and Strack in 1979 
[29]. It is based on the molecular dynamics, introduced 1957 by Alder and Wainwright [30], in 
a way that it calculates the trajectories of individual particles by evaluating the particle/particle 
contacts. Under the assumption that long-range forces like electrostatics or forces due to liquid 
bridges do not occur, the motion of a particle can be estimated by calculating all the forces 
acting on a particle through collisions or environmental influences like gravity or a fluid flow 
and then integrating Newton’s and Euler’s equations of translational and rotational motion, 
given by: 

𝑚𝑚𝑖𝑖
𝑑𝑑2�⃗�𝑥𝑖𝑖
𝑑𝑑𝑡𝑡2

= �⃗�𝐹𝑖𝑖𝑐𝑐 + �⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 + 𝑚𝑚𝑖𝑖�⃗�𝑔, (1) 

𝐼𝐼𝑖𝑖
𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖
𝑑𝑑𝑑𝑑

+ 𝑊𝑊���⃗ 𝑖𝑖 × �𝐼𝐼𝑖𝑖𝑊𝑊���⃗ 𝑖𝑖� = 𝛬𝛬𝑖𝑖−1𝑀𝑀��⃗ 𝑖𝑖, 
(2) 

with the particle mass 𝑚𝑚𝑖𝑖, particle acceleration 𝑑𝑑2�⃗�𝑥𝑖𝑖 𝑑𝑑𝑡𝑡2⁄ , contact force �⃗�𝐹𝑖𝑖𝑐𝑐, particle/fluid 
force �⃗�𝐹𝑖𝑖

𝑝𝑝𝑝𝑝, gravitational force 𝑚𝑚𝑖𝑖�⃗�𝑔, angular acceleration 𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖 𝑑𝑑𝑡𝑡⁄ , angular velocity 𝑊𝑊���⃗ 𝑖𝑖, external 
moment resulting out of contact or particle/fluid forces 𝑀𝑀��⃗ 𝑖𝑖, the inertia tensor along the principal 
axis 𝐼𝐼𝑖𝑖 and the rotation matrix converting a vector from the inertial into the body fixed frame 𝛬𝛬𝑖𝑖−1. 
The contact force 𝐹𝐹𝑐𝑐 is calculated whenever a particle is in contact with one or more parti-
cles/walls as a result of the overlap between them. It is calculated component wise in normal 
�⃗�𝐹𝑛𝑛and tangential �⃗�𝐹𝑑𝑑 direction, with the help of contact models: 

�⃗�𝐹 = �⃗�𝐹𝑛𝑛 + �⃗�𝐹𝑑𝑑 . (3) 

A simple but reliable model is the linear spring damper model. In this model the force consists 
of two parts, one for modeling the elastic repulsion and the other for viscous dissipation:  
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�⃗�𝐹𝑛𝑛 = �⃗�𝐹𝑒𝑒𝑒𝑒𝑛𝑛 + �⃗�𝐹𝑑𝑑𝑖𝑖𝑑𝑑𝑑𝑑𝑛𝑛 . (4) 

This model can be visualized as the combination of an elastic spring for the repulsive part and 
a damper for the dissipative part, displayed in Fig. 3a. Similarly, the tangential force is calcu-
lated according to a linear elastic spring, however, the maximum deflection is limited when the 
Coulomb force is exceeded. The tangential component results from the friction between two 
particles during a collision and prevents particles from simply sliding off without resistance. 

  
Fig. 3 Linear-spring damper model (a) normal force due to an overlap δ, (b) tangential force between two rotat-

ing particles. 

To analyze particles of non-spherical shape a variety of approximation methods can be utilized 
in the DEM. The different methods vary also in the contact detection algorithms, as in contrast 
to spherical particles the contact point is not necessarily on the connection vector between 
both centers. Therefore, for all methods, the orientation of every particle is tracked and saved 
in a rotation matrix. In the superquadrics method, particles are three dimensional and bilaterally 
symmetric. They are defined by a mathematical equation, where the input variables define the 
particle shape, compare Fig. 4a.  

   
Fig. 4 Different methods for the approximation of complexly shaped particles (a) superquadric, (b) cluster-parti-

cle and (c) polyhedron. 

Clustered-particles, consist of multiple spherical particles that have been arranged in such a 
way, that another shape is produced. The size and overlap of individual spheres can be ad-
justed freely. This method has the advantage that the contact detection can be calculated in 
the same way as for the spherical case, repeated multiple times for every sphere of the cluster-
particle. The last method is the polyhedron approximation, where particles are represented by 
a triangular surface mesh. This approach is highly flexible in regards to the possible shape and 
was used for the approximation of all non-spherical shapes in this study. Contact detection is 
more complex for polyhedrons when compared to spherical particles. Here a common plane 
algorithm has been used, more details can be found in [31]. Based on the detected contacts 
the contact force laws are applied similarly as used for spherical particles.  
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3.1.2 Simulation of the particle/fluid interaction 
To describe a fluidized bed, the discrete element method needs to be coupled with a suitable 
flow simulation. Pioneering was the work done by Tsuji et al. [7] in 1993, who for the first time 
coupled the DEM with a CFD to calculate a two dimensional fluidized bed involving 2400 spher-
ical particles. This was extended to three dimensions in terms of the particle motion by Kawa-
guchi et al. in 1998 [32]. In this study the fluid is addressed as a continuum; the respective 
geometries are divided into small hexagonal cells, which are larger than one particle, in which 
the fluid velocity is addressed spatially averaged. To calculate the fluid phase, the Navier-
Stokes equations of continuity and momentum are solved: 

𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓�
𝜕𝜕𝑑𝑑

+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢𝑝𝑝����⃗ � = 0, (5) 
𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓𝑢𝑢𝑓𝑓�����⃗ �

𝜕𝜕𝑑𝑑
+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢𝑝𝑝����⃗ 𝑢𝑢𝑝𝑝����⃗ � = −𝜀𝜀𝑝𝑝∇p + ∇�𝜀𝜀𝑝𝑝𝜏𝜏����� + 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝�⃗�𝑔 + 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑, (6) 

where 𝑢𝑢�⃗ 𝑝𝑝, 𝜌𝜌𝑝𝑝 and p are the physical fluid velocity, density and, pressure. 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 is the volumetric 
particle/fluid interaction momentum source applied in each CFD cell, which introduces the ef-
fect of the combined particle/fluid interaction force into the Navier-Stokes equation. 𝜀𝜀𝑝𝑝 is the 
local fluid porosity and �̿�𝜏 is the fluid viscous stress tensor. Naturally the solid and fluid phase 
are in constant interaction with each other in fluidized beds, so for a realistic simulation, a 
communication between DEM and CFD needs to take place. To achieve this, the DEM will 
hand over the volumetric particle/fluid interaction momentum source and porosity for each cell 
which are used to solve the equations of continuity and momentum in the CFD. The CFD will 
provide process data (e.g. fluid velocity, viscosity, density) to the DEM, which are used in the 
calculation of the particle/fluid forces. The particle/fluid forces, consisting out of the drag force 
and the pressure gradient force are essential for the particle motion in fluidized beds and can 
be calculated through the particle/fluid friction coefficient 𝛽𝛽 component wise (i=x,y,z) as: 

  𝐹𝐹𝑖𝑖𝑖𝑖
𝑝𝑝𝑝𝑝 = 𝐹𝐹𝑖𝑖𝑖𝑖𝑑𝑑 + 𝐹𝐹𝑖𝑖𝑖𝑖

∇𝑝𝑝 = 𝛽𝛽𝑖𝑖𝑖𝑖𝑉𝑉𝑖𝑖 �𝑢𝑢𝑝𝑝𝑖𝑖𝑖𝑖 − 𝑣𝑣𝑖𝑖� / �𝜀𝜀𝑝𝑝�1 − 𝜀𝜀𝑝𝑝��, (7) 

where 𝑉𝑉𝑖𝑖 is the particle volume, 𝑣𝑣 the particle velocity and j the particle index. Other parti-
cle/fluid forces, described in detail in section 3.3.1, like the Saffmann or Magnus force are not 
included in the calculation. To directly consider the Saffmann force in the calculation of the 
particle motion when numerically modelling a fluidized bed, the flow field around the particles 
needs to be known exactly, as the force is caused by a flow gradient on a particle. In the 
coupled DEM-CFD, the flow field is cell averaged so that there is no information about the 
velocity gradient on a single particle level. Similarly, the Magnus force, caused by the rotation 
of a given particle, needs information about the flow field around the particle, as the ratio be-
tween the angular velocity of the particle and the rotational velocity of the fluid around it deter-
mines the magnitude of the force. When the angular velocity of the particle and the rotational 
velocity of the fluid around it are equal, the Magnus force becomes zero [33,34]. At the moment 
no model is available that incorporates the effect of these additional forces for dense flows of 
non-spherical particles. First attempts for spherical particles have been made by Zhong et al. 
[35] and Alobaid et al. [36] to take additional lift forces into account based on correlations for 
dilute flow. However, as fluidized beds are usually dense systems and therefore the models 
are well outside their designated range the accuracy is questionable [37]. Recently, a new 
model, that is applicable for dense systems of spherical particles (ε>0.363) was proposed by 
Zhou and Fan [38], where the Magnus force is calculated in regards of the particle angular 
velocity vector 𝑊𝑊���⃗ 𝑖𝑖 as: 
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�⃗�𝐹𝑀𝑀𝑀𝑀𝑀𝑀 = 1
2
𝜋𝜋𝑑𝑑𝑝𝑝

2

4 �𝑢𝑢��⃗ 𝐹𝐹 − 𝑣𝑣��⃗ 𝑖𝑖�𝜌𝜌𝐹𝐹𝑐𝑐𝐿𝐿𝑀𝑀 ��𝑢𝑢
��⃗ 𝐹𝐹−𝑣𝑣��⃗ 𝑖𝑖�×�𝑊𝑊���⃗ 𝑖𝑖−0.5∇×𝑢𝑢��⃗ 𝐹𝐹�

�𝑊𝑊���⃗ 𝑖𝑖−0.5∇×𝑢𝑢��⃗ 𝐹𝐹�
�, (8) 

with the newly proposed correlation for 𝑐𝑐𝐿𝐿𝑀𝑀: 

𝑐𝑐𝐿𝐿𝑀𝑀 =
24𝑅𝑅𝑅𝑅𝑟𝑟
𝑅𝑅𝑅𝑅

[−0.0398(1− 𝜀𝜀𝐹𝐹) + 0.0317]
𝜀𝜀𝐹𝐹2

. (9) 

The rotational Reynolds number, for characterizing the rotational movement of spheres can be 
calculated as: 

𝑅𝑅𝑅𝑅𝑟𝑟 = 𝜌𝜌𝑓𝑓𝑑𝑑𝑝𝑝�𝑊𝑊���⃗ 𝑖𝑖�
𝜂𝜂f

. (10) 

However, as this correlation was gained from direct numerical simulations (DNS) simulations 
of low Reynolds number flow through random packings of rotating spheres, the accuracy and 
applicability for the case of fluidized beds are questionable. The Saffman force can be defined 
according to Crowe et al. [39] as: 

�⃗�𝐹𝑆𝑆𝑀𝑀𝑝𝑝𝑝𝑝 = 1.615𝑑𝑑𝑝𝑝
2
�

𝜌𝜌𝐹𝐹𝜂𝜂f
�∇×𝑢𝑢��⃗ 𝐹𝐹�

𝑐𝑐𝐿𝐿𝐿𝐿 ��𝑢𝑢��⃗ 𝐹𝐹 − 𝑣𝑣��⃗ 𝑖𝑖�× �∇× 𝑢𝑢��⃗ 𝐹𝐹��, (11) 

For the calculation of cLS based on local variables, a correlation by Mei [40] can be utilized 
under the assumption of Re < 120: 

𝑐𝑐𝐿𝐿𝑆𝑆 = �1− 0.03314�
𝑅𝑅𝑅𝑅𝑑𝑑
2𝑅𝑅𝑅𝑅

�𝑅𝑅�−
𝑅𝑅𝑒𝑒
10� + 0.3314�

𝑅𝑅𝑅𝑅𝑑𝑑
2𝑅𝑅𝑅𝑅

, (12) 

with Res described by: 

𝑅𝑅𝑅𝑅𝑑𝑑 =
𝜌𝜌𝐹𝐹𝑑𝑑𝑝𝑝2|∇× 𝑢𝑢�⃗ 𝐹𝐹|

𝜂𝜂f
. (13) 

Esteghamatian et al. [37] compared DEM-CFD simulations that include both the Zhou and Fan 
and the Crowe et al. models, with coupled DEM-DNS simulations and found that both the 
direction and magnitude of the lift forces were wrongly estimated when the correlations are 
used. Zhou and Fan concluded, that the Magnus lift force is rather small in comparison to the 
drag force when the rotational Reynolds number is low or the bed dense. Therefore, both the 
Magnus and the Saffman forces can be disregarded in the DEM-CFD, especially in the context 
of non-spherical particles. The influence of both forces on fluidized beds is considered small 
enough to not hinder the accuracy of the DEM-CFD when applied to fluidized beds significantly. 
For the calculation of the dominant particle/fluid forces, the drag and pressure gradient force, 
a variety of different approaches have been established in the past. Commonly used is a com-
bination of the Ergun equation (compare section 3.2) for dense regimes with the Wen and Yu 
equation for dilute regimes in the so-called Gidaspow model [41]. Here the particle/fluid friction 
coefficient is calculated in dependence of the porosity as: 

𝛽𝛽𝑖𝑖 = �
150 (1−𝜀𝜀𝐹𝐹)2 

𝜀𝜀𝐹𝐹𝑑𝑑𝑃𝑃2
𝜇𝜇𝐹𝐹 + 1.75 (1−𝜀𝜀𝐹𝐹)𝜌𝜌𝐹𝐹

𝑑𝑑𝑃𝑃
|𝑢𝑢�⃗ 𝑖𝑖 − �⃗�𝑣𝑖𝑖|, 𝑓𝑓𝑓𝑓𝑓𝑓 𝜀𝜀𝐹𝐹  ≤ 0.8

3
4
𝜌𝜌𝐹𝐹𝐶𝐶𝐷𝐷

(1−𝜀𝜀𝐹𝐹)𝜀𝜀𝐹𝐹−1.7

𝑑𝑑𝑃𝑃
|𝑢𝑢�⃗ 𝑖𝑖 − �⃗�𝑣𝑖𝑖| , 𝑓𝑓𝑓𝑓𝑓𝑓 𝜀𝜀𝐹𝐹  > 0.8

. (14) 

The respective drag coefficient is then calculated based on a Reynolds number condition as: 
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𝐶𝐶𝐷𝐷 = �
24
𝑅𝑅𝑒𝑒

[1 + 0.15(𝑅𝑅𝑅𝑅)0.687], 𝑅𝑅𝑅𝑅 < 1000
0.44, 𝑅𝑅𝑅𝑅 ≥ 1000

. (15) 

A more recent model was proposed by Beetstra et al. [42] for systems involving monodisperse 
spheres, based on simulations that fully resolve the flow around a particle: 

𝐹𝐹𝑝𝑝𝑝𝑝�𝜀𝜀𝑝𝑝 ,𝑅𝑅𝑅𝑅� = �10∙�1−𝜀𝜀𝑓𝑓�
𝜀𝜀𝑓𝑓2

+ 𝜀𝜀𝑝𝑝2 �1 + 1.5�1 − 𝜀𝜀𝑝𝑝�
1 2⁄ � + 0.413𝑅𝑅𝑒𝑒

24𝜀𝜀𝑓𝑓2
�𝜀𝜀𝑓𝑓

−1+3𝜀𝜀𝑓𝑓�1−𝜀𝜀𝑓𝑓�+8.4𝑅𝑅𝑒𝑒−0.343

1+103(1−𝜀𝜀𝑓𝑓)𝑅𝑅𝑒𝑒−0.5−2(1−𝜀𝜀𝑓𝑓) �� 3𝜋𝜋𝜇𝜇𝐹𝐹𝑈𝑈, (16) 

with the superficial velocity U. Another model is based on the approach by Di Felice [43]. As 
most fluidized beds are relatively dense systems, the flow field acting on a single particle is 
modified by the presence of other particles. Therefore, the drag force calculation model intro-
duced for single particles, compare section 3.3.1, needs to be enhanced to consider the effect 
of neighboring particles. Based on the observations of a single particle in a fluid flow, Di Felice 
[43] described a correction factor for the particle/fluid force calculation that takes the surround-
ing particles in a fluidized bed into account: 

𝜒𝜒 = 3.7− 0.65 exp (− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ), (17) 

with the Reynolds-number 𝑅𝑅𝑅𝑅 = 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑑𝑑𝑒𝑒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖� 𝜂𝜂f⁄ . With this the particle/fluid force for parti-
cles in a fluidized bed reads as: 

�⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 = 1

2
𝜌𝜌𝑝𝑝 �𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝1−𝜒𝜒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�, (18) 

dependent on the drag coefficient 𝐶𝐶𝐷𝐷. For a wide range of Reynolds numbers the drag coeffi-
cient by DallaValle [44] can be used for spherical particles: 

𝐶𝐶𝐷𝐷 = �0.63 + �
4.8
√𝑅𝑅𝑅𝑅

��
2

 . (19) 

However, if the models are applied as described here, only spherical particles can be consid-
ered in the simulation. To include real, complexly shaped particles appropriate correlations for 
the drag coefficient need to be used. Hölzer and Sommerfeld [12] proposed a new correlation 
which is applicable to any, convex, spherical and non-spherical particle shape and reads as:  

𝐶𝐶𝐷𝐷 =
8
𝑅𝑅𝑅𝑅

1

�𝜙𝜙⊥
+

16
𝑅𝑅𝑅𝑅

1

�𝜙𝜙
+

3
√𝑅𝑅𝑅𝑅

1
𝜙𝜙3/4 + 0.42 × 100.4(−log(𝜙𝜙))0.2 1

𝜙𝜙⊥
, (20) 

where 𝜙𝜙⊥ is the crosswise sphericity which is the ratio between the cross-sectional area of the 
volume equivalent sphere and the projected cross-sectional area of the considered particle 
perpendicular to the flow. The crosswise sphericity 𝜙𝜙⊥ hereby considers the particle orienta-
tion, while the sphericity 𝜙𝜙 takes the particle shape into account. Hölzer and Sommerfeld re-
ported a mean relative deviation between the correlation and 2061 experimental data for a 
wide range of particle shapes of 14.1 %. This new correlations was used for the first time for 
the examination of a fluidized bed with the coupled DEM-CFD by Hilton et al. [10] in 2010. 
More recently in 2015, Rong et al. [45] proposed a new drag force model especially for ellip-
soidal particles, which offers higher accuracy for ellipsoids but has not been tested on other 
particle geometries: 

𝐹𝐹𝑝𝑝𝑝𝑝 = 1
8
𝐶𝐶𝐷𝐷𝜋𝜋𝜌𝜌𝑝𝑝𝑑𝑑𝑉𝑉2  �𝑢𝑢𝑝𝑝 − 𝑣𝑣��𝑢𝑢𝑝𝑝 − 𝑣𝑣�𝜀𝜀𝑝𝑝2−𝜒𝜒−𝜆𝜆, (21) 

where the corrective exponent 𝜆𝜆 can be described by: 
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𝜆𝜆(𝜙𝜙,𝑅𝑅𝑅𝑅) = (1 − 𝜙𝜙){𝐵𝐵 − 𝐴𝐴 ∙ 𝑅𝑅𝑥𝑥𝑝𝑝[−0.5(3.5 − log𝑅𝑅𝑅𝑅)2]}, 
with 𝐴𝐴(𝜙𝜙) = 39𝜙𝜙 − 20.6, 

and 𝐵𝐵(𝜙𝜙) = 101.8(𝜙𝜙 − 0.81)2 + 2.4. 
(22) 

The drag coefficient 𝐶𝐶𝐷𝐷, can thereby be calculated with the correlation of Hölzer and Sommer-
feld with the sphericity and crosswise sphericity for ellipsoidal particles. The correction factor 
𝜒𝜒 for the influence of the surrounding particles was also proposed by Rong et al. [46] in a 
previous study as an updated version of the Di Felice factor and introduces a dependency on 
the porosity: 

𝜒𝜒 = 2.65(𝜀𝜀𝐹𝐹 + 1) − (5.3 − 3.5𝜀𝜀𝐹𝐹)𝜀𝜀𝐹𝐹 2exp (− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ). (23) 

This factor is suitable for all particle shapes but was derived by simulations on spherical parti-
cles. A summary over the drag force models introduced previously is given in Table 1, where 
some advantages and disadvantages of the respective model are stated. 

Table 1 Overview and summary of selected drag force models. 

Drag force 
Model 

Equa-
tions 

Derived 
through 

Applicable 
shapes 

Considers 
orientation 

Advantages Disadvantages 

Gidaspow 
[41] 

14, 15 Experiments All convex 
shapes 
through de 

No Widely tested  Low accuracy 
for non-spheri-
cal particles 

Beetstra 
[42] 

16 DNS Only 
spheres 

No High accu-
racy for 
spherical 
particles 

Only for mono-
disperse 
spheres 

Di Felice 
[43], Dalla-
Valle [44] 

17, 18, 
19 

Experiments Only 
spheres 

No Includes in-
fluence of 
surrounding 
particles 

Only for spher-
ical particles 

Di Felice 
[43], Hölzer 
and Som-
merfeld [12] 

17, 18, 
20 

Experiments All convex 
shapes 

Yes Applicable to 
all particle 
shapes 

Not thoroughly 
tested 

Rong [45] 21, 22, 
23 

DNS Ellipsoidal 
particles 

Yes High accu-
racy for des-
ignated parti-
cles shapes 

Not thoroughly 
tested, limited 
to ellipsoidal 
particles 
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3.2 Flow through porous media and fixed-beds 

Fluid flow through the interstices of an accumulation of discrete particles is taking place in 
many natural processes such as flows of groundwater. It is also commonly encountered in the 
movement of petroleum/natural gas through sand/rock in oil and gas extraction. Furthermore, 
it is widely used in industrial processes such as catalytic reaction, filtration or adsorption [47]. 
Fixed-beds have been used for commercial applications as early as 1831 when Peregine Phil-
lips patented a process to create sulfur trioxide by passing reactants over a catalyst bed. As 
the catalyst is not consumed in most processes and remains stationary inside the reactor, the 
system can be operated continuously without the need to separate the products and catalyst 
afterward. Therefore, fixed-bed reactors are usually the first choice for economical production 
of large amounts of products in the process industry [48]. One of the key parameters of any 
fixed-bed regardless of the application is the pressure drop. Pressure drop in packings of par-
ticles occurs due to a number of reasons, the main influences being particle/fluid friction and 
momentum loss through flow direction changes, acceleration or turbulence. The main influenc-
ing factors are thereby on the fluid side the flow rate, viscosity and density and on the particle 
side the closeness and orientation of the packing, as well as the size, shape, and surface of 
the particles [8].  

The flow through a porous medium is very complicated from a fluid mechanics viewpoint as 
the packing density is usually high and its structure sophisticated, compare Fig. 5a. Conse-
quently, simplifications have to be made to model the flow resistance of a packing of granular 
material. Two basic approaches have been developed in the past. In “channel” theories it is 
assumed that the resistance of the packing is equal to that of a multitude of parallel, straight 
tubes of constant diameter, compare Fig. 5b. “Drag” theories calculate the resistance as the 
sum of the fluid drag acting on uniformly spaced spherical particles, see Fig. 5c. The former 
model is more suitable for dense packings, while latter is usually applied for packings with 
lower packing densities.  

 
Fig. 5 Porous medium modeling (a) real packing, (b) “channel” theory, (c) “drag” theory. 

The “channel” flow models are based on the Hagen-Poiseuille equation for laminar flow 
through a tube:  

Δ𝑝𝑝
𝐿𝐿

=
32 ∙ 𝜂𝜂f ∙ 𝑤𝑤f

𝐷𝐷2 , (24) 

where D is the tube diameter, L the tube length, 𝜂𝜂f the dynamic viscosity of the fluid and 𝑤𝑤f the 
superficial velocity. By assuming that the packed bed is equivalent to many tubes of equal 
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diameter De that follow tortuous path of length Le through the bed the following equation can 
be derived:  

Δ𝑝𝑝
𝐿𝐿𝑒𝑒

= 𝐾𝐾 ∙
𝜂𝜂f ∙ 𝑤𝑤i
𝐷𝐷𝑒𝑒2

, (25) 

where 𝑤𝑤i is the velocity inside the channels and K a constant. As the surface area of the parti-
cles is linked to the volume of the bed the equivalent diameter 𝐷𝐷𝑒𝑒 can be written for a randomly 
packed bed of monosized spheres of diameter 𝑑𝑑P as: 

𝐷𝐷𝑒𝑒 =
4𝜀𝜀 ∙ 𝑑𝑑P

6(1 − 𝜀𝜀). (26) 

By substituting the actual velocity in the interstices with the superficial velocity divided by the 
porosity, the length of the tortuous paths with by the proportional relationship to the bed depth 
and the equivalent diameter by the surface area of the particles and porosity the Carman-
Kozeny equation can be derived as [4]:  

Δ𝑝𝑝
𝐿𝐿

= 180 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

. (27) 

The factor of 180 is thereby empirically determined for a random packing of monosized 
spheres. This model is applicable to the laminar flow regime.  

“Drag models” assume that the pressure drop of a porous medium equals the fluid drag that 
the particles inside the medium experience. By correcting the drag of a single spherical particle 
in a fluid field with a porosity function to take the packing into effect for turbulent flow the equa-
tion of Burke and Plummer can be derived [4]: 

Δ𝑝𝑝
𝐿𝐿

= 1.75 ∙ 1−𝜀𝜀
𝜀𝜀3

∙ 𝜌𝜌f∙𝑤𝑤f
2

𝑑𝑑P
. (28) 

By combining the equation of Carman-Kozeny for the viscous energy losses and the Burke 
Plummer equation for the kinetic energy losses Ergun developed a general equation for both 
laminar and turbulent flow: 

Δ𝑝𝑝
𝐿𝐿

= 150 ∙ (1−𝜀𝜀)2

𝜀𝜀3
∙ 𝜂𝜂f∙𝑤𝑤f
𝑑𝑑P
2 + 1.75 ∙ 1−𝜀𝜀

𝜀𝜀3
∙ 𝜌𝜌f∙𝑤𝑤f

2

𝑑𝑑P
. (29) 

Based on extensive experimental data of spheres, cylinders, tablets, nodule, round sand and 
crushed materials such as sand or coke the factor of 180 was reduced to 150. A comparison 
between the Ergun equation and the Carman-Kozeny and Burke Plummer equations is dis-
played in Fig. 6. Good agreement in both the laminar and the turbulent flow region can be 
seen. However, the Ergun equation has its limits when systems with vessel diameter to particle 
diameter ratio (D/d < 40) are examined. Close to walls, zones of high porosity with increased 
fluid flow exist, which can alter the pressure drop of the system. For low Reynolds numbers, 
additional wall friction may increase the pressure drop, while for higher Reynolds numbers the 
pressure drop might reduce due to higher porosities in the near-wall zones [49]. The biggest 
issue with the flow resistance correlations is the fact that they are only suitable for a small 
range of particle shapes. By introducing an equivalent diameter (e.g. diameter equivalent to 
sphere of equal volume) the particle shape can be considered in Ergun-type correlations, how-
ever for particle shapes that strongly vary from a spherical shape this method leads to strong 
deviations (compare publication I).  
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Fig. 6 Comparison of Ergun equation with the Carman-Kozeny and Burker Plummer equations for different 

Reynolds numbers. 

The influence of the particle shape on a packing becomes clear when the porosity of a bed is 
analyzed. In Fig. 7 packing fraction for four distinct shapes varying in edginess (compare Fig. 
7a-d), over different aspect ratios are displayed. In comparison with spherical particles, which 
assume a packing fraction of 0.6 in a random packing, much higher packing fractions can be 
achieved with non-spherical particles. Higher packing fractions, however, mean that the flow 
resistance of the packing is higher and therefore the pressure drop.  

 

 

 

    

Fig. 7 Packing fraction function of 1125 particles of varying shape for different shape factors m, where an in-
creasing m value determines the angularity of a particle ranging from m=2 for ellipsoids, to m=5 for cubical par-

ticles. Examples of four different aspect ratios are given in (a-d) [50]. 

Efforts have been made to modify the correlations for the prediction of the pressure drop of 
particle packings so that non-spherical particle shapes can be considered too. This is mostly 
based on adapting the constant factors to fit with experimental data of non-spherical particles, 
however, this method is very time-consuming and the applicability is limited. Other approaches 
that allow for a broader range of particle shapes by introducing shape factors such as the 
sphericity mostly result in low accuracy. Furthermore, most correlations rely on the porosity as 
an input parameter, which is easily determined in packings of monosized spheres but can be 
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problematic in real applications, as the total particle volume of a packing is not easily deter-
mined, especially when the particles become polysized and/or polyshaped. To date in terms 
of particle shapes, no universally applicable equation with high accuracy is available. Based 
on this, in this thesis, an examination of fixed-beds both numerically and experimentally was 
carried out and results compared to analytical solutions (compare publication I). In this study, 
an overview of available correlations is given and the pressure drop for 15 different shaped 
particle classes is calculated. Particles include differently sizes spheres, cylinders, and cu-
boids, with experiments carried out for all of them to serve as references values. Then coupled 
DEM-CFD simulations with two different particle/fluid force models were performed. In the 
Gidaspow model, the Ergun equation is solved if the porosity is smaller than 0.8, which is the 
case in the fixed beds examined in this study. By calculating the pressure drop with the coupled 
DEM-CFD, in contrast to the analytical solution, the orientation and packing geometry is con-
sidered, so that this method is applicable to every particle shape, orientation or packing con-
figuration. The porosity of a given material does not need to be known but instead can simply 
be calculated. The study aims to directly apply the DEM-CFD on a real problem and therefore 
establish the coupled DEM-CFD as a tool for the calculation and prediction of the pressure 
drop for any kind of packing, which will be of high use for industrial applications. Additionally, 
with the help of simulations new, more accurate analytical solutions for the prediction of the 
pressure drop in packings of arbitrarily shaped particles can be derived.  
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3.3 Fluidization  

When a fluid is passed upwards through a bed of particles, the particles will remain motionless 
at low velocities, but with increasing velocity, the upward drag force acting on the particles 
exceeds the apparent weight of the particles and the particles will be lifted by the fluid, separate 
from each other and enter a fluidized state. In this fluidized state, the bed will adopt a fluid like 
behavior (compare Fig. 8) and the pressure drop will equal the apparent weight of the particles 
per unit area of the bed [4].  

 
Fig. 8 Fluidlike behavior of fluidized beds. 

Depending on the particle properties inside the system, bubbles will start to form. The bubbles 
are a driving factor for the intense solid mixing inside the system, which is one of many ad-
vantages the fluidized bed process offers. Other advantages include high heat and mass trans-
fer rates between solid and gas, even temperature distribution throughout the bed, high heat 
transfer with immersed objects like heat exchangers, easy handling and a suitability for large-
scale operations [51,52]. The first large-scale industrial application of a fluidized bed was in-
troduced by Fritz Winkler in 1926 for a coal gasification process. The system was used to 
produce carbon monoxide and hydrogen from coal and steam. Nowadays fluidized beds are 
widely used in physical processes like mixing, heat exchange, granulation, coating and drying, 
adsorption and synthesis reactions like catalytic reactions, polymerization of olefins or fluid 
catalytic cracking. Other uses include coal and solid waste incineration and gasification or even 
the cultivation of microorganisms in the so-called biofluidization [6]. With this vast amount of 
possible applications, comes a great variety of requirements and limitations of the fluidization 
process. While bubbles may be good in processes where intense solid mixing is desirable, 
they could lead to problems in catalytic reactions when large amounts of gas could bypass the 
catalysts. The usually favorable mixing characteristics could lead to problems when the system 
is operated continuously and broad particle residence time distributions occur. Therefore, each 
process needs to be examined closely and customized accordingly to increase the perfor-
mance and product quality. A useful tool for this, can be simulations as they are flexible and 
allow access to data otherwise hard to acquire, like particle or flow related properties. To un-
derstand the modeling a very complicated, highly entropic process like a fluidized bed initially 
the basic particle/fluid interaction for a single particle is examined.  
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3.3.1 Single particle suspension 

When a single particle is exposed to an upwards fluid flow, buoyancy, drag and gravity forces 
will act on the particle, an overview over this is given in Fig. 9.  

 
Fig. 9 Forces on a single particle in an upwards fluid flow. 

The downward acting gravitational force is dependent on the particle mass and can be ex-
pressed through:  

𝐹𝐹𝑀𝑀 = 𝑚𝑚𝑝𝑝 ∙ 𝑔𝑔 = 𝑉𝑉𝑝𝑝 ∙ 𝜌𝜌𝑝𝑝 ∙ 𝑔𝑔, (30) 

with mP as the particle mass, g the gravitational constant, Vp the particle volume and ρg the 
particle density. The upwards acting buoyancy force is dependent on the fluid density ρf and 
can be written as: 

𝐹𝐹𝑏𝑏 = 𝑚𝑚𝑝𝑝 ∙ 𝑔𝑔 = 𝑉𝑉𝑝𝑝 ∙ 𝜌𝜌𝑝𝑝 ∙ 𝑔𝑔. (31) 

When the solid density is vastly higher than the fluid density, which in the case of air is highly 
likely, the influence of the buoyancy is small. Both the gravitational and buoyancy forces are 
constant, while the last major force, the drag force is dependent on the fluid velocity. The drag 
force is the result of energy dissipation at the particle surface by the fluid and consequently in 
case of an upwards fluid flow acting in an upwards direction [53]. For this reason, it becomes 
clear, that the drag force plays a key role in the description and modeling of fluidized beds. 
However, the drag force is not as easily described as the gravitational or buoyancy forces, as 
it is a non-linear function of the relative fluid-particle velocity at higher Reynolds numbers, 
which needs to be described by empirical correlations, compare section 3.2. For easier 
handling, the dimensionless drag force, commonly known as the drag coefficient is used to 
express the empirical relation. The drag coefficient is defined as the drag force divided by the 
kinetic energy possessed by a unit of volume of the fluid and the projection area [53]: 

𝑐𝑐𝐷𝐷 =
𝐹𝐹𝑑𝑑

�𝜌𝜌𝑝𝑝 ∙ 𝑤𝑤𝑝𝑝2 2⁄ � ∙ (𝐴𝐴⊥)
, (32) 

where 𝐴𝐴⊥ = �𝜋𝜋𝑑𝑑𝑝𝑝2 4⁄ � is the projection area, which in case of a spherical particle is a circle. 
Then to calculate the drag force, the equation can be rearranged as:  

𝐹𝐹𝑑𝑑 = 𝐴𝐴⊥ ∙ 𝑐𝑐𝐷𝐷 ∙
𝜌𝜌𝑝𝑝
2
∙ 𝑤𝑤𝑝𝑝2, (33) 
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and the drag coefficient expressed through correlations. In Fig. 10 the drag coefficient of a 
spherical particle in relationship to Reynolds number is displayed. Three regions can be iden-
tified, at low Reynolds numbers in the so-called Stokes region the drag coefficient follows a 
mostly linear curve, while at higher Reynolds numbers in the Newton region after remaining 
initially constant, the curve shows a stark decline. The three distinct regions can be explained, 
when the fluid flow around a sphere is closely analyzed. At low Reynolds numbers (Re<1) in 
the Stokes region, the fluid will flow on parallel streamlines around the sphere and the front 
and backside of the flow profile are equal, compare Fig. 11a. 

 
Fig. 10 Drag coefficient of a spherical particle in relation to the Reynolds number. 

The boundary layer is laminar and the flow is completely attached. The flow resistance for this 
case is completely based on the friction between particle and fluid. With increasing Reynolds 
numbers, vortices will form out behind the particle, starting at the point with the highest surface 
curvature, see Fig. 11b. Negative pressure will occur in the vortices, which draws the particles 
inwards. Initially, the separation will be stable, but with rising Reynolds number (Re>130) the 
vortices will become unstable and occur in an alternating pattern [54]. The size of the wake 
grows with increasing Reynolds numbers, as the separation point moves from the point of the 
highest surface curvature to the sphere equator, which results in higher pressure drag. At the 
same time, the drag caused by the friction decreases as the pressure drag increases. Once 
the wake size stays relatively constant, the drag coefficient can be described with cD=0.44 in 
the Newton regime, Fig. 11c. With an increased beyond of Re >105, comes a sharp decline of 
the drag coefficient, as the boundary layer becomes completely turbulent and therefore the 
separation point moves backward again, resulting in a smaller wake Fig. 11d. However, this 
effect is not relevant in the case of fluidized beds as Reynolds number are well below 105. In 
fluidization, the particle motion is governed by the ratio between the gravitational reduced by 
the buoyancy force and the drag force. At the point where both forces are equal, the particle 
will float in place, while a higher drag force will result in a rising particle and a higher gravita-
tional force in a sinking particle. If the simplification of a single particle is left behind and instead 
a whole bed of particles is observed, a similar effect occurs and at the equilibrium of drag to 
gravitational force, the whole bed will remain stationary, suspended in the fluid. However, with 
increasing fluid velocities the particles will not lift up together unless they are glued together, 
as the surrounding particles influence each other. Instead with increasing velocity, the bed will 
expand further and the distance between the particles grows. As the fluid flow is restricted by 
the particles, depending on the local porosity and tortuosity a velocity profile will form out. 
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Particles will be accelerated into different directions and collide with each other. Similarly, walls 
have an effect on the resistance force acting on particles who are in proximity to them [47].  

 
Fig. 11 Flow around a spherical particle at increasing Reynolds numbers (a-d). 

The determination of the drag force gets much more complicated when instead of spherical 
particles, non-spherical particles are of interest. Depending on the shape, the drag force of 
non-spherical particles could be vastly different from that of a sphere. Moreover, through ori-
entation changes, a single particle could experience abrupt changes of the drag force. If for 
example a disk-like particle is examined at low Reynolds numbers, when being aligned with 
the flow with the flat side, mostly friction stress will occur as the swept area is high. When the 
orientation is changed and the disc is orientated with the face side towards the flow, the swept 
area will be quite small and therefore the friction stress decreases. At the same time will the 
wake size behind the particle increase and therefore more pressure stress occurs. An overview 
over the wide range of potential average drag coefficients for different particle geometries is 
given in Fig. 12. Here experimentally determined drag coefficient for spherical and non-spher-
ical particles of 914 data points have been plotted for free-falling single particles, which as-
sumed preferred orientation during the fall [55]. Note that if the orientation changes, so will also 
the drag coefficient. Consequently, for an accurate simulation of non-spherical particles, both 
the particle shape and its orientation should be considered in the calculation of the particle/fluid 
forces. 

 
Fig. 12 Average drag coefficient for spherical and non-spherical particles (based on [55]). 

a. b. 

c. d. 
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Additionally, when a particle is subject to an uneven flow or is rotating, further forces act on 
the particle. Based on the rotation of a particle, an uneven pressure distribution will occur on 
the particle surface, which influences the fluid flow and leads to a force acting in a 
perpendicular direction towards the flow. This force is called the Magnus lift force and it is 
commonly encountered in the curved trajectories of spinning balls in various sports [56,57]. 
When a particle is subject to an uneven flow e.g. a shear flow, the flow will induce a rotational 
motion on the particle, which will result in an uneven pressure profile on the particle surface. 
Similar to the Magnus force, this will result in a perpendicular force, called the Saffman force, 
towards the direction of the flow [58,59]. In Fig. 13 an overview of the forces acting on a rotating 
spherical particle in a shear flow is given. Note that all forces act on the center of the particle. 

 
Fig. 13 Forces acting on a rotating particle in an uneven fluid flow. 

Both the Saffman and the Magnus force, occur on both spherical and non-spherical particles. 
In the simulations carried out in the course of this study, both forces were, neglected more 
information is given in section 3.3.2. Furthermore, additional forces act on a particle that is 
accelerating or decelerating in a fluid, called the Basset force and virtual mass force. The virtual 
mass describes the effect that an accelerating particle is accompanied by an acceleration of 
the surrounding fluid. This accounts for the form drag due to acceleration, while the Basset 
force accounts for viscous effects. The Basset force describes a temporal delay in the bound-
ary layer development as a particle accelerates over time. The virtual mass and Basset force 
can be substantial if a particle is accelerated at a high rate, however, they can be disregarded 
when the fluid/particle density ratio is small. Therefore in the case of a gas/solid fluidized bed, 
they can be safely neglected [37]. A more detailed description of all these additional forces can 
be found in [34,39]. 

3.3.2 Flow regimes 
In a fluidized bed, a bed of particles is lifted by an upwards passing fluid in such a state that 
all particles are able to move relatively freely with respect to one another. Initially, the particles 
are positioned on a perforated plate, which keeps the particles in place and allows the fluid to 
pass through. As liquid fluidized beds were not the subjects of this thesis, the following de-
scription of the flow regimes is only given for gas fluidization. At low fluid velocities, the fluid 
will pass through the voids of the packing in the so-called fixed bed regime (compare Fig. 14a). 
A more detailed description is given in section 3.2. 
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Fig. 14 Flow regimes of fluidized beds. 

When the fluid velocity is raised and therefore the forces acting on the particles increase, a 
few individual particles will start to move on a limited scale, while the majority of the bed re-
mains stationary. Following a further increase of the fluid velocity eventually, a point is reached, 
where the upwards acting drag force balances the apparent weight of the particles. The bed 
will expand; all particles are suspended in the fluid without permanent contact with each other 
[4]. This point is called minimum fluidization (compare Fig. 14b) and occurs at the minimum 
fluidization velocity Umf. As the prediction of the minimum fluidization velocity is of high inter-
est, a variety of different correlations has been developed. A multitude of available correlations 
is given in Certain particle properties impede a normal fluidization at the minimum fluidization 
velocity and instead, channels will form out, compare Fig. 14c. The majority of the fluid will 
pass through the channels and the particles are not lifted by the fluid. This behavior occurs for 
small cohesive particles as well as for certain non-spherical particles [52]. 

Table 2The Archimedes number Ar in Table 2 gives the ratio between buoyancy and viscous 
forces and is defined as:  

𝐴𝐴𝑓𝑓 = 𝜌𝜌𝑀𝑀�𝜌𝜌𝑝𝑝 − 𝜌𝜌𝑀𝑀�
𝑑𝑑𝑝𝑝3𝑀𝑀
𝜇𝜇𝑔𝑔2

. (34) 
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Certain particle properties impede a normal fluidization at the minimum fluidization velocity and 
instead, channels will form out, compare Fig. 14c. The majority of the fluid will pass through 
the channels and the particles are not lifted by the fluid. This behavior occurs for small cohesive 
particles as well as for certain non-spherical particles [52]. 

Table 2 Equations for the calculation of the minimum fluidization velocity Umf, where µg is the dynamic viscosity of 
the fluid, ρg is the density of the fluid, dp the particle diameter and Remf=ρg·dp·Umf/µg the particle Reynolds number 

at the minimum fluidization velocity. 

Author Equation  
Werther [60] 

𝑈𝑈𝑚𝑚𝑝𝑝 = (1 − ɛmf)
42.9𝜇𝜇𝑀𝑀
𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝

��1 +
3.11 ∙ 10−4𝜌𝜌𝑀𝑀ɛmf3𝐴𝐴𝑓𝑓

(1 − ɛmf)2
− 1� 

(35) 

Wen and Yu [9] 𝑈𝑈𝑚𝑚𝑝𝑝 = �√1135.7 + 0.048 ∙ 𝐴𝐴𝑓𝑓 − 33.7�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (36) 

Grace [61] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��27.2² + 0.0408 ∙ 𝐴𝐴𝑓𝑓 − 27.2�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (37) 

Chitester et al. [62] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��28.7² + 0.0494 ∙ 𝐴𝐴𝑓𝑓 − 28.7�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (38) 

Nakamura et al. [63] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��33.95² + 0.0465 ∙ 𝐴𝐴𝑓𝑓 − 33.95�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (39) 

Wu and Baeyens [64] 𝑈𝑈𝑚𝑚𝑝𝑝 = �7.33 ∙ 10−5 ∙ 10�[8.24𝑒𝑒𝑙𝑙𝑀𝑀10𝐴𝐴𝑟𝑟−8.81]�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (40) 

Goroshko et al. (as cited 
in Wu and Baeyens [64]) 

𝑈𝑈𝑚𝑚𝑝𝑝 = �
𝐴𝐴𝑓𝑓

1400 + 5.2√𝐴𝐴𝑓𝑓
�

𝜇𝜇𝑀𝑀
𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝

 (41) 

Saxena and Vogel [65] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��25.28² + 0.0571 ∙ 𝐴𝐴𝑓𝑓 − 25.28�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (42) 

Richardson and Da St. 
Jeromino [66] 

𝑈𝑈𝑚𝑚𝑝𝑝 = ��25.7² + 0.0365 ∙ 𝐴𝐴𝑓𝑓 − 25.7�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (43) 

Bourgeois and Grenier 
[67] 

𝑈𝑈𝑚𝑚𝑝𝑝 = ��25.46² + 0.03824 ∙ 𝐴𝐴𝑓𝑓 − 25.46�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (44) 

Baeyens and Geldart (as 
cited in Wu and Baeyens 
[64]) 

𝐴𝐴𝑓𝑓 = 1823 ∙ 𝑅𝑅𝑅𝑅𝑚𝑚𝑝𝑝1.07 + 21.27 ∙ 𝑅𝑅𝑅𝑅𝑚𝑚𝑝𝑝2  (45) 

Zhong et al. [68] 
𝑈𝑈𝑚𝑚𝑝𝑝 = 1.2 ∙ 10−4 �𝑑𝑑𝑝𝑝

2�𝜌𝜌𝑝𝑝−𝜌𝜌𝑔𝑔�
𝜇𝜇𝑔𝑔

�𝜌𝜌𝑝𝑝
𝜌𝜌𝑔𝑔
�
1.23

�
0.633

for 0<𝜌𝜌𝑝𝑝<103 kg/m3 

𝑈𝑈𝑚𝑚𝑝𝑝 = 1.45 ∙ 10−3 �𝑑𝑑𝑝𝑝
2�𝜌𝜌𝑝𝑝−𝜌𝜌𝑔𝑔�
𝜇𝜇𝑔𝑔

�𝜌𝜌𝑝𝑝
𝜌𝜌𝑔𝑔
�
1.23

�
0.363

for 𝜌𝜌𝑝𝑝>103kg/m3 

(46) 

Paudel and Feng [69] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��30.28² + 0.108 ∙ 𝐴𝐴𝑓𝑓 − 30.28�
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (47) 

Liu et al. [70] 𝑈𝑈𝑚𝑚𝑝𝑝 = 𝑈𝑈𝑚𝑚𝑝𝑝,𝑑𝑑𝑝𝑝ℎ ∙ 1.0138𝐹𝐹0.1298 with F (Zingg factor [71] ex-
plained in publication II) 

(48) 

Kozanoglu et al. [72] 𝑈𝑈𝑚𝑚𝑝𝑝 = ��30.3² + 0.0546 ∙ 𝐴𝐴𝑓𝑓 − 30.3� 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  for 𝜙𝜙>0.8 

𝑈𝑈𝑚𝑚𝑝𝑝 = ��36.8² + 0.0650 ∙ 𝐴𝐴𝑓𝑓 − 36.8� 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  for 0.5<𝜙𝜙<0.8 

(49) 

Kozanoglu et al. [72] 
𝑈𝑈𝑚𝑚𝑝𝑝 = ��( 0.982

𝐾𝐾𝑛𝑛+0.0155
)² + 0.0546 ∙ 𝐴𝐴𝑓𝑓 − ( 0.982

𝐾𝐾𝑛𝑛+0.0155
)� 𝜇𝜇𝑔𝑔

𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝
  for 

𝜙𝜙>0.8 

𝑈𝑈𝑚𝑚𝑝𝑝 = ��( 0.982
𝐾𝐾𝑛𝑛+0.0155

)² + 0.0650 ∙ 𝐴𝐴𝑓𝑓 − ( 0.982
𝐾𝐾𝑛𝑛+0.0155

)� 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  for 

0.5<𝜙𝜙<0.8 

(50) 
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with 𝐾𝐾𝐾𝐾 = λ/D, λ=8·10-8 m at ambient conditions of T=25°C, 
p=105Pa 

The influence of the particle shape on the formation of channel flow is currently not well exam-
ined and it is mostly unknown which particle shape will lead to channel flow behavior. A further 
increase of the fluid velocity will result in a change of the overall appearance of the fluidized 
bed. The gas proportion that exceeds the minimum fluidization condition permeates the bed in 
gas bubbles that are largely free from solid matter [54]. Therefore this state is called bubbling 
fluidization, displayed in Fig. 14d. The bubbles will coalesce and grow as they rise within the 
vessel. In a geometry with a small diameter is it possible that the bubbles grow large enough 
to take up the entire vessel width. If the bed consists of fine particles they will fall down on the 
side of the vessel, while coarse particles will be pushed upwards in a piston-like motion (com-
pare Fig. 14e). As slugging is not always favorable, a variety of equations has been developed 
to predict the minimum velocity at which slugging fluidization occurs, compare Table 3. 

Table 3 Equations for the calculation of the minimum slugging velocity Ums, with hmf as the bed height at the mini-
mum fluidization velocity, hs as the static bed height, D the column diameter and the particle sphericity φ. 

Author Equation  
Singh and Roy [73] 𝑈𝑈𝑚𝑚𝑑𝑑 = 0.863�𝑑𝑑𝑝𝑝/𝐷𝐷�1.25(𝐷𝐷/ℎ𝑑𝑑)0.057�𝜌𝜌𝑝𝑝/𝜌𝜌𝑀𝑀�

0.78 (51) 

Stewart and Davidson [74] 𝑈𝑈𝑚𝑚𝑑𝑑 = 𝑈𝑈𝑚𝑚𝑝𝑝 + 0.07�𝑔𝑔𝐷𝐷 (52) 

Baeyens and Geldart [75] 𝑈𝑈𝑚𝑚𝑑𝑑 = 𝑈𝑈𝑚𝑚𝑝𝑝 + 0.07�𝑔𝑔𝐷𝐷 for ℎ𝑚𝑚𝑝𝑝 > 1.3𝐷𝐷0.175 
𝑈𝑈𝑚𝑚𝑑𝑑 = 𝑈𝑈𝑚𝑚𝑝𝑝 + 0.07�𝑔𝑔𝐷𝐷 + 0.16(1.3𝐷𝐷0.175 − ℎ𝑚𝑚𝑝𝑝)² for ℎ𝑚𝑚𝑝𝑝 ≤
1.3𝐷𝐷0.175 

(53) 

DiMattia et al. [76] 𝑈𝑈𝑚𝑚𝑑𝑑 = 𝑈𝑈𝑚𝑚𝑝𝑝�1.0551 − 2.283 log (𝜙𝜙)� (54) 

Ho et al. [77] 
150�𝑈𝑈𝑚𝑚𝑑𝑑 − 2𝑈𝑈𝑚𝑚𝑝𝑝� �

�1 − 𝜀𝜀𝑚𝑚𝑝𝑝�
2𝜇𝜇𝑀𝑀

𝜀𝜀𝑚𝑚𝑝𝑝3(𝜙𝜙 ∙ 𝑑𝑑𝑝𝑝)2
�

+ 1.75�𝑈𝑈𝑚𝑚𝑑𝑑2 − 2𝑈𝑈𝑚𝑚𝑝𝑝2� �
�1 − 𝜀𝜀𝑚𝑚𝑝𝑝�𝜌𝜌𝑀𝑀
𝜙𝜙 ∙ 𝑑𝑑𝑝𝑝 ∙ 𝜀𝜀𝑚𝑚𝑝𝑝

� = 0 

(55) 

Fatah and Flamant (as 
cited in DiMattia et al. [76]) 

𝑈𝑈𝑚𝑚𝑑𝑑 = (−0.01241 + 1.53)Ar0.52965 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 (56) 

Following is a transitional state that is characterized by high expansion of the bed with fast-
moving particles; denser particle clusters form at the bottom half of the bed and more dilute 
particle clusters are found in the top half of the bed motion (compare Fig. 14f). In this state 
periodic slugging occurs, if the vessel is narrow [78]. This regime is called intermediate turbu-
lent fluidization and is characterized by the velocity Uc. Some correlations for the prediction of 
Uc are given in Table 4.  

With a further increase of the fluid velocity, the gas bubbles are replaced by voids of gas of 
various sizes and the particle motion becomes increasingly turbulent. Therefore this flow re-
gime is called turbulent fluidization, displayed in Fig. 14g. In this flow regime, the upper surface 
of the bed will disappear and the overall porosity will increase up to 0.9 [79]. Correlations for 
the predictions of the velocity Uk at which turbulent fluidization occurs are given in Table 5. 
Eventually, with a further increase in the gas velocity solids are carried out of the vessel. This 
state is called lean-phase fluidized bed or pneumatic transport. To avoid particle loss, particles 
can be separated from the gas stream with a cyclone separator and reintroduced into the bed, 
in so-called circulating fluidized beds. Based on this short introduction to the different flow 
regimes, one can imagine that the behavior of the fluidized bed is very diverse at different fluid 
velocities. 
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Table 4 Equations for the calculation of the transition velocity into the intermediate turbulent regime Uc with H the 
expanded bed height and D the column diameter. 

Author Equation  
Jin et al. [80] 

𝑈𝑈𝑐𝑐 = �0.00367 ∙
1
𝑑𝑑𝑝𝑝
𝜌𝜌𝑝𝑝 − 𝜌𝜌𝑀𝑀
𝜌𝜌𝑀𝑀

�
0.27

∙ �𝑔𝑔𝑑𝑑𝑝𝑝 
(57) 

Chehbouni et al. [81] 𝑈𝑈𝑐𝑐 = 0.7 ∙ 𝐴𝐴𝑓𝑓0.455 ∙
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (58) 

Nakajima et al. [82] 𝑈𝑈𝑐𝑐 = 0.633 ∙ 𝐴𝐴𝑓𝑓0.467 ∙
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (59) 

Chalermsinsuwan et al. [83] 𝑈𝑈𝑐𝑐 = 0.565 ∙ 𝐴𝐴𝑓𝑓0.461 ∙
𝜇𝜇𝑀𝑀

𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝
 (60) 

Bi and Grace [84] 𝑈𝑈𝑐𝑐 = 1.24 ∙ 𝐴𝐴𝑓𝑓0.45 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 (2<Ar<1·108) (61) 

Horio and Morishita [85] 𝑈𝑈𝑐𝑐 = 0.936 ∙ 𝐴𝐴𝑓𝑓0.472 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  (62) 

Lee and Kim [86] 𝑈𝑈𝑐𝑐 = 0.7 ∙ 𝐴𝐴𝑓𝑓0.485 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  (63) 

Ellis et al. [87] 𝑈𝑈𝑐𝑐 = 0.371 ∙ 𝐴𝐴𝑓𝑓0.742 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for H/D > 3 (64) 

Yang and Leu [88] 𝑈𝑈𝑐𝑐 = 0.837 ∙ 𝐴𝐴𝑓𝑓0.487 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  (65) 

Leu and Lan [89] 𝑈𝑈𝑐𝑐 = 0.568 ∙ 𝐴𝐴𝑓𝑓0.578 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

  (66) 

 

Table 5 Equations for the calculation of the transition velocity into the turbulent regime Uk with UT the terminal par-
ticle velocity calculated according to [90].  

Author Equation  
Tsukada [91] 𝑈𝑈𝑘𝑘 = 1.31 ∙ 𝐴𝐴𝑓𝑓0.45 ∙

𝜇𝜇𝑀𝑀
𝜌𝜌𝑀𝑀 ∙ 𝑑𝑑𝑝𝑝

 (67) 

Bi and Fan 1 [92] 𝑈𝑈𝑘𝑘 = 0.601 ∙ 𝐴𝐴𝑓𝑓0.695 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Ar<125 

𝑈𝑈𝑘𝑘 = 2.28 ∙ 𝐴𝐴𝑓𝑓0.419 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Ar>125 

(68) 

Horio and Morishita [85] 𝑈𝑈𝑘𝑘 = 1.46 ∙ 𝐴𝐴𝑓𝑓0.472 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Ar<104 

𝑈𝑈𝑘𝑘 = 1.41 ∙ 𝐴𝐴𝑓𝑓0.56 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Ar>104 

(69) 
 

Yang and Leu [88] 𝑈𝑈𝑘𝑘 = 1.41 ∙ 𝐴𝐴𝑓𝑓0.562 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Geldart A particles 

𝑈𝑈𝑘𝑘 = 1.95 ∙ 𝐴𝐴𝑓𝑓0.453 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Geldart B particles 

(70) 

Bi and Fan 2 [92] 𝑈𝑈𝑘𝑘 = 16.31 ∙ 𝐴𝐴𝑓𝑓0.136 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

(𝑈𝑈𝑇𝑇/�𝑔𝑔𝑑𝑑𝑝𝑝)0.941 for Ar<125 

𝑈𝑈𝑘𝑘 = 2.274 ∙ 𝐴𝐴𝑓𝑓0.419 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 (𝑈𝑈𝑇𝑇/�𝑔𝑔𝑑𝑑𝑝𝑝)0.0015for Ar>125 

with 𝑈𝑈𝑇𝑇,𝑑𝑑𝑝𝑝ℎ = 𝐴𝐴𝑓𝑓/18 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Re<0.4,  

𝑈𝑈𝑇𝑇,𝑑𝑑𝑝𝑝ℎ = (𝐴𝐴𝑓𝑓/7.5)0.666 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for 0.4<Re<500 and  

𝑈𝑈𝑇𝑇,𝑑𝑑𝑝𝑝ℎ = (𝐴𝐴𝑓𝑓/0.33)0.5 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑝𝑝

 for Re>500 where  

𝑈𝑈𝑇𝑇 = 𝐾𝐾𝑇𝑇𝑈𝑈𝑇𝑇,𝑑𝑑𝑝𝑝ℎ with  
𝐾𝐾𝑇𝑇,𝑅𝑅𝑒𝑒=0.2 = 0.843𝑙𝑙𝑓𝑓𝑔𝑔10[𝜙𝜙/0.065] for Re<0.2,  

𝐾𝐾𝑇𝑇,𝑅𝑅𝑒𝑒=1000 = � 4�𝜌𝜌𝑝𝑝−𝜌𝜌𝑔𝑔�𝑀𝑀𝑑𝑑𝑉𝑉
3𝜌𝜌𝑔𝑔(5.31−4.88𝜙𝜙)

�
0.5

 for Re>1000 and  

𝐾𝐾𝑇𝑇,0.2<𝑅𝑅𝑒𝑒<1000: linear interpolation for 0.2<Re<1000 [90] with 

𝐹𝐹(𝑥𝑥) = 𝑓𝑓0 + (𝑓𝑓1 − 𝑓𝑓0)/(𝑥𝑥1 − 𝑥𝑥0) ∙ (𝑥𝑥 − 𝑥𝑥0) 

(71) 
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Not every regime is suitable for all applications, as mass and heat transfer, as well as the 
forces and therefore the wear on the particles, are different. To design and plan a fluidized bed 
reactor accordingly, a variety of correlations has been developed to determine the starting 
point of each respective flow regime. The behavior of particles with different sizes and densities 
has been widely studied and a classification into four different categories was carried out by 
Geldart [93]. However, the flow regimes as introduced before occur mostly for spherical or 
almost spherical particles. The exact order of flow regimes and transition velocities are mostly 
unknown for non-spherical particles. For example, rod-like particles show strong entangle-
ment, which leads to channel flow at low superficial gas velocities. Only with very high veloci-
ties is a turbulent fluidization possible. To gain a deeper understanding of the influence the 
particle shape has on the bed behavior, in publication II fluidization regimes of 15 distinctly 
shaped particle classes have been analyzed experimentally. Equations for regime-changing 
velocities have been tested and modified based on the data. The study aims to deepen the 
understanding of the particle shape influence on fluidized beds and provides reference values 
for further numerical analysis.  

3.3.3 Pressure drop and pressure fluctuations 
The pressure drop is a good indicator to determine the current state of a fluidized bed. If a bed 
of monodisperse, non-adhesive particles, resting on a porous plate is exposed to an upwards 
flow that is slowly increased, a pressure drop progression similar to that in Fig. 15 can be 
observed. During the fixed bed regime, the pressure drop will increase until the minimum flu-
idization velocity is reached. A small decline in the pressure drop at the end of the fixed bed 
regime is the result of the fluidization of the bed as the porosity increases and the flow re-
sistance decreases. From there on the average pressure drop will remain almost constant. 
Once the solid phase is fluidized, it can deform easily and therefore offers little resistance to 
the passing gas. With increasing gas velocity, the bed will expand further (see Fig. 15), allowing 
for an easier gas passage balancing the higher friction and pressure stress on the particles. 

 
Fig. 15 Average pressure drop and corresponding bed height of monodisperse bed of 7 mm spheres. 

If the fluid velocity is slowly reduced below the minimum fluidization velocity again, the resulting 
fixed bed shows a lesser pressure drop than the original packing, as the porosity is higher in 
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comparison to the original packing. This effect is called hysteresis and occurs in monodisperse 
systems only, as the size differences in polysized system lead to different minimum fluidization 
velocities for the different particle size fractions [94]. Based on the force balance of the parti-
cles, it is known that average pressure drop across the bed is equal to the apparent weight of 
the particles. This can be expressed as: 

∆𝑝𝑝 = 𝑉𝑉𝑏𝑏𝑒𝑒𝑑𝑑�𝜌𝜌𝑝𝑝 − 𝜌𝜌𝑝𝑝� ∙ 𝑔𝑔 = 𝑐𝑐𝑓𝑓𝐾𝐾𝑐𝑐𝑡𝑡𝑐𝑐𝐾𝐾𝑡𝑡, (72) 

with the volume of the particles in the bed Vbed [53]. With increasing gas velocity, the friction on 
the walls and particles will increase and therefore the pressure drop will slightly rise too. To 
calculate the minimum fluidization velocity, a variety of correlations are available, compare 
section 3.3.2. However, as shown in publication II, calculating the minimum fluidization velocity 
is problematic, as the accuracy is poor especially if non-spherical particles are involved. For 
this reason, in publication III, 13 differently shaped particle classes have been analyzed exper-
imentally and numerically. 

The coupled DEM-CFD was validated against experiments and used to determine the mini-
mum fluidization velocity and the overall fluidization behavior. While the average pressure drop 
of a fluidized bed remains mostly constant independent of the gas velocity, the temporally 
resolved pressure drop shows strong fluctuations. A random time-series of the pressure drop 
in a laboratory fluidized bed containing monosized 7 mm spheres is displayed in Fig. 16.  

 
Fig. 16 Random time series of the pressure drop in a fluidized bed. 

Generally, the pressure drop can be divided into two parts. The coherent part consisting out of 
high-amplitude compression waves e.g. bubble eruption that can be measured anywhere in 
the bed and the incoherent part caused by low-amplitude compression waves and local phe-
nomena like bubble passage which can only be measured up to 0.5 m away. For geometries 
< 0.5 m these cannot be differentiated so that a single pressure probe is sufficient for the whole 
vessel [95]. Due to the mostly non-local nature of the pressure fluctuations, pressure sources 
are hard to pinpoint and as a whole not fully understood yet [96]. The pressure fluctuations can 
be influenced among other things by the particle properties and morphology, gas velocity, bed 
geometry, static bed height, position of the pressure probe and flow regime. Possible sources 
of pressure fluctuations are widespread, an overview over possible pressure fluctuations 
sources is given in Table 6. A time-series of the pressure drop of a fluidized bed can be trans-
formed into the frequency spectrum with the Fast Fourier Transformation [97]: 

𝑌𝑌𝑘𝑘 = �𝑋𝑋𝑖𝑖𝑅𝑅−2𝜋𝜋𝑖𝑖𝑘𝑘√−1/𝑛𝑛
𝑛𝑛−1

𝑖𝑖=0

, (73) 

where the array X of size n in the time zone is transformed into the Y in the frequency zone. 
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Table 6 Summary of possible pressure fluctuations sources in gas-fluidized beds [98]. 

Pressure source Remarks 
Self-excited oscillation of fluidized particles 

Self-excited oscillation of gas in plenum cham-
ber 

Oscillation due to bubble/jet formation 

Oscillation due to bubble eruption at the bed sur-
face and generation of surface waves 

Oscillation due to bubble/slug passage 

Oscillation due to bubble coalescence and split-
ting 

Prediction can be based on force balance on particles 

Gas in chamber is compressed and expanded periodically by the piston-
like motion of the bed 

Pressure fluctuations due to periodic bubble formation and detachment 

Bed surface fluctuates due to bubble bursting, causing variation in hydro-
static pressure and generating surface waves 

Change in hydrostatic pressure head with passage of bubbles/slugs 

Local pressure changes due to bubble coalescence and splitting 

In Fig. 17 the results of a power spectral density analysis are displayed for increasing fluidiza-
tion velocity from fixed bed to turbulent fluidization for ideal cylinders of h=d=6 mm. It can be 
seen that for bubbling beds the piston-like up and down motion of the bed gives a distinct range 
of peaks corresponding to the frequency of the motion, while in turbulent fluidization no appar-
ent peaks are visible. This shows, that with the cease of the bubbles at higher velocities, the 
pressure fluctuations tone down, too. 

 
Fig. 17 Power spectral density analysis flow regimes of (a) fixed bed (FB), (b) bubbling fluidization (BF), (c) 

slugging fluidization (SF), (d) exploding bubble regime (EB), (e) intermediate turbulent fluidization (ITF), (f) tran-
sition into turbulent fluidization (TF) and (g) well into turbulent fluidization (TF). 

Most of the research carried out to date, focuses mostly on the origins and processing of pres-
sure fluctuations or analyses smaller mostly spherical particles. While the average pressure 
drop is not influenced by the particle shape as it is only dependent on the apparent weight of 

a. 

 
b. 

 
c. 
 

d. 

e. 

f. 

 
g. 
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the bed, the pressure fluctuations are influenced by the particle shape, as the particle motion 
and bubbling behavior vary. To gain a deeper understanding of the influence of the particle 
shape on the pressure fluctuations, in publication II, the pressure drop of non-spherical com-
plex shaped particles was analyzed closer. Based on the standard deviation the pressure fluc-
tuations and connections to the corresponding flow regimes of 15 differently shaped particle 
classes have been examined.  

3.3.4 Solids mixing in fluidized beds 
Due to the favorable mixing characteristics, fluidized beds are widely used in processes where 
the mixing is of key importance. Usually, solids in industrial fluidized beds are considered to 
be fully mixed if the particle size or density is not too unequally distributed and the fluid velocity 
not too low and the mixing time is long enough [79]. Nonetheless, knowledge about mixing 
processes is of the highest importance, e.g. when an additionally added substance will reach 
full mixture or that solids passing through a heat transfer system experience no temperature 
gradient. Furthermore, a variety of processes involve particles of different shape, size, and 
density, where incomplete mixing or even segregation could occur. An example of this is the 
thermo-chemical decomposition of biomass, where longish, lightweight biomass particles are 
mixed with small, heavier catalysts and sand particles. Segregation could lead to incomplete 
conversion of the biomass [99]. The effect the particle characteristic have on the mixing can 
be seen in Fig. 18, where the behavior of large cylinders of increasing density in a bed of fine 
particles which is fluidized with a gas velocity of 2.8 umf is displayed. It can be seen that a 
lightweight cylinder will mostly float on the surface, while with increasing density of the cylinder, 
it will sink deeper into the bed and have a higher chance to stay down. If the density differences 
between the two mixing components are considerable, the gap in the minimum fluidization 
velocity of the two components can lead to segregation effects, which will hinder the mixing 
process. 

 
Fig. 18 Movement of large cylinders (11 mm OD, 45 mm long) of various densities in fine particle beds oper-

ated at 2.8 umf. P= probability of having the cylinder present at level z in bed (based on [6]). 

Mixing processes are time-dependent stochastic processes and if no segregation occurs the 
quality of a mixture will increase over time. The range of states that a mixture can assume, 
spans from the fully unmixed state, that is when all components are fully separated, compare 
Fig. 19a, to the ideal mixture (Fig. 19b) where all components are equally distributed through-
out the system. In real mixing processes like fluidized beds, that are defined by random particle 
movement, ideal mixtures do not occur. Instead, the maximum obtainable mixing quality is the 
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completely random mixture (Fig. 19c). To rate a mixing process, a variety of mixing indices 
has been developed in the past. The commonly used Lacey index is obtained by drawing sam-
ples and calculating the variance of them.  

 
 

  

Fig. 19 States of mixing: (a) fully unmixed state, (b) ideal mixture, (c) completely random mixture. 

The Lacey mixing index is defined as [100]: 

𝑀𝑀 = 1 − 𝑑𝑑2−𝑑𝑑𝑟𝑟2

𝑑𝑑02−𝑑𝑑𝑟𝑟2
, (74) 

with the variance 𝑐𝑐2. 𝑐𝑐02 defines the completely unmixed state expressed through: 

𝑐𝑐02 = 𝑃𝑃(1 − 𝑃𝑃), (75) 
and 𝑐𝑐𝑟𝑟2 a complete random mixture defined as: 

𝑐𝑐𝑟𝑟2 = 𝑃𝑃(1 − 𝑃𝑃)/𝐾𝐾, (76) 

where P is the overall proportion of the analyzed component and n the number of particles in 
each sample. Based on this a mixture could theoretically assume M values from 0 for the 
unmixed state to 1 for the ideal mixture. In reality, the mixing degree will only approach 1. For 
the last 50 years mixing processes in fluidized beds have been studied intensively and there-
fore the underlying mechanisms of mixing are well understood. The main driving factor behind 
the particle mixing is the bubble motion. Rowe and Patridge [101,102] showed that rising bub-
bles bring a wake of materials with them and as they are passing upwards pull along a trail of 
particles called the drift. By arranging two layers of solids on top of each other, where the top 
one is colorless and the bottom one colored, they were able to observe the influence of the 
bubbles on the mixing. The mechanism of a rising gas bubble is displayed in Fig. 20. 

 
Fig. 20 Schematic representation of a rising bubble and the entrainment of solids (based on [101]). 

As a bubble passes upwards through the bed it carries a section of the lower bed with it in the 
wake. Particles on top of the bubble are pushed aside, which then move down the sides of the 
bubble and leave a trail of lower layer material. The space that opens up as the bubble is rising 
through the vessel and displaces the particles is filled by particles from below. When the bubble 
reaches the surface, particles are pushed away and even solids from the wake eject into the 
freeboard above the fluidized bed, compare Fig. 21. Based on this mechanism a very high 

c. a. b. 
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level of vertical mixing occurs in fluidized beds. Other mechanisms, like particle/particle 
collisions, only have a relatively small influence on the mixing process. This was proven by 
Litka et al., who examined the influence of particle properties like the friction and coefficient of 
restitution on mixing in fluidized beds. The results show that no major variation of the mixing 
degree could be identified, indicating that the particle/particle forces due to particle collisions 
are not as important as the bubble motion [103]. 

 
Fig. 21 Mechanism of particle ejection into the freeboard region: (a) from the roof of a bursting bubble, (b) from 

the bubble wake, (c) from the wake of a trailing bubble as it merges with its leading bubble (based on [6]). 

Most investigations were carried out in small laboratory size vessels, while the scale-up to 
industrial size is not trivial [104]. In industrial applications, it is very hard to examine the mixing 
inside of a fluidized bed with reasonable effort, which however is of high importance in a lot of 
processes. With the growing computational resources available in recent years, it has become 
feasible to use numerical analysis for this kind of cases. Therefore, in publication IV, mixing in 
a fluidized was analyzed, with a special focus on validating the numerical method. By examin-
ing the influence of differently shaped particles on the mixing speed and comparing results 
with experiments the coupled DEM-CFD was validated. With this numerical framework mixing 
processes could potentially be analyzed in great detail in industrial processes, allowing access 
to information that cannot be determined by experiments alone.  

3.3.5 Dual- and multi-chamber fluidized beds 
Generally, fluidized beds can be divided into batch and continuously operated systems. If a 
bed is operated continuously, a high product yield becomes possible. This is widely used for 
drying or heat-exchange processes. In comparison to batch fluidized beds, where every parti-
cle has the same residence time in the system, in continuously operated bed particles will 
experience different residence times. To influence and control the residence time, weirs or 
partitioning plates can be installed into a bed, dividing the vessel into two or more chambers. 
This also allows for more than one operation to be performed in a single apparatus, e.g. coating 
followed by drying and cooling. A variety of different multi-stage fluidized bed designs are dis-
played in Fig. 22. It can be seen that the multiple chambers can be created in one vessel by 
introducing partitioning plates or by connecting a number of vessels together. These designs 
can be utilized to dry the particles by introducing hot air into the system, generating steam of 
hot ash through a heat exchanger or simply transport particles. While the basics of multi-cham-
ber fluidized beds are identical with single-chamber beds, the system becomes much more 
complicated to operate efficiently. Overly long or short residence times inside the system can 
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lead to non-uniform product properties, which may lead to unusable products, e.g. when the 
coating of a particle is too thin, as the residence time is too short or the particle is over-dried 
when the residence time is too long.  

 
Fig. 22 Various designs of multi-stage fluidized beds (based on [6]). 

Therefore, narrow particle residence time distribution functions are usually desired in continu-
ously operated fluidized beds. Hence, a multitude of studies focused on measuring the particle 
residence time in the past, however, measuring systems are often limited to outer surface or 
single particle observation. Modelling the residence time has proven quite difficult, as there is 
a variety of influencing parameters. The list of influencing parameters is long and includes 
among others particle parameters like size, shape and density, fluid parameters like velocity, 
density and viscosity, geometrical parameters like vessel size, weir size, weir configuration 
and operational parameters like the mass inflow. The particle parameters may even change 
inside the vessel, as particles become lighter in drying processes, grow due to spray-coating 
or even change into a different material, e.g in a reaction of ZnS to ZnO. Any change in these 
parameters can influence the residence time considerably, ideally, the resulting residence time 
distribution should be narrow. Controlling and adjusting all these parameters experimentally 
may provide complicated or even impossible. With simulations, the wide range of parameters 
can be addressed easily. Therefore, in publication V a dual-chamber fluidized bed was tested 
in a variety of different scenarios. A radio frequency identification (RFID) system was devel-
oped to measure particle residence times in experiments without the need of a line-of-sight 
and used to verify the numerical results. RFID uses electromagnetic fields to detect RFID-tags 
in the proximity of antennas. The RFID system used in this study has a frequency range from 
860 MHz to 960 Mhz which allows for faster data transfer and higher recognition range of tags 
when compared to lower frequency RFID systems. As every RFID-tag has a unique id, it is 
possible to track the location inside a vessel if multiple antennae’s are passed over time. In 
comparison to optical measurement systems like PTV, no line-of-sight needs to exist between 
the tracked particle and the measurement device. This allows for the examination of particles 
inside the vessel, while optical approaches are limited to the outer pane. This study aims to 
deepen the understanding of the coupled DEM-CFD so that eventually it can be used for the 
simulation of complex processes like multi-chamber fluidized beds on an industrial scale.  
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4. Results and publications 

I. Pressure drop investigations in packings of arbitrary shaped 
particles 

K. Vollmari, T. Oschmann, S. Wirtz, H. Kruggel-Emden 
 

Abstract 

Unstructured packings consisting of arbitrary shaped particles are widely used in chemical, 
biochemical and petrochemical industries as well as in energy technology. In packings passed 
through by a fluid, pressure drops are of key concern and can be derived experimentally, cal-
culated by empirical correlations or by numerical approaches. Among numerical approaches 
either resolved flow simulations or porous approaches are feasible. In the latter approach, 
large systems can be addressed at reasonable computational expense. The fluid velocity is 
addressed as a spatially averaged quantity per fluid cell which is larger than a single particle. 
Information on the porosity must be provided by either experimental techniques or particle-
based methods such as the discrete element method (DEM). The DEM can be coupled with 
computational fluid dynamics (CFD) to a combined DEM-CFD approach and is then applicable 
to systems involving arbitrary shaped particles. As flow is not resolved in porous approaches 
information on the pressure drop must be provided by suitable submodels e.g. the combination 
of the drag force model by Di Felice [105] and the drag coefficient model by Hölzer and Som-
merfeld [12]. As there is an ongoing discussion regarding the validity of these submodels, 
pressure drops in packings of spherical and non-spherical particles are derived by carefully 
performed experimental investigations as a verification. Numerically obtained results from the 
DEM-CFD are benchmarked against the experiments and available empirical correlations for 
the pressure drop. Results are in very good agreement for spheres. For complexly shaped 
particles DEM-CFD simulations can be very flexibly applied. Simulations are generally in good 
agreement with experiments depending on the particle shape and size and are often better 
than empirical correlations which are usually tailored towards certain shapes and therefore 
limited in their usability.  
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1. Introduction 
Unstructured packings consisting of arbitrarily shaped particles are widely used in processes 
such as absorption, stripping and catalysis [106] as well as for heat storage/cooling or pro-
cesses such as gasification, pyrolysis, and carbonization [107]. Particles in packings can be of 
random shape and size such as rock, coal or wood chips or of uniform well-defined geometry 
as in pebble bed reactors or in packed columns. When a fluid passes through a packing it flows 
through a network of voids and channels formed by the particles resulting in an overall fluid 
pressure drop. Usually, a packing can be characterized by few parameters such as the particle 
size and shape, the packing depth and width and the porosity. In case that a packing is con-
fined by vessel walls interactions with the walls can become relevant especially for small bed 
width to particle size ratios resulting in non-uniform flow profiles. Two phenomena are observ-
able: permeability close to the walls is enhanced and viscous friction with the walls can become 
relevant. Both phenomena in combination have a strong non-linear effect on the overall pres-
sure drop in the packing [108]. For width to particle diameter ratios larger 10 (wide packings) 
usually low, for ratios smaller than 10 (narrow packings) significant influence is reported [109]. 
Understanding the resulting flow as well as pressure drop in wide and narrow packings is es-
sential with regard to the scale-up and for the optimization of operation parameters of pro-
cesses related to chemical, biochemical and petrochemical industries as well as energy tech-
nology. When only the pressure drop is of interest a large number of empirical correlations is 
available which predict the overall pressure drop in the bed mostly based on parameters in-
volving porosity, particle characteristics (shape, size, surface), fluid velocity, fluid density, fluid 
viscosity, bed depth and width [8,49,53,110–117]. Most correlations are suited for spherical 
particles only [8,49,53,110,111,113–117] - few correlations are applicable to complexly shaped 
particles, where either geometrically equivalent spherical particles are considered [8,117] or 
particles have to be of a well-defined uniform shape and size [107,109,113,114]. Furthermore, 
experimental investigations can be performed especially if existing correlations are doubted to 
be sufficiently accurate [118], more detailed information needs to be gained on the fluid flow 
than just the pressure drop [119] or heat and mass transfer, as well as reactions, need to be 
addressed simultaneously [120,121].  

In contrast to correlations and experimental investigations, several numerical approaches are 
available to investigate the flow within particle packings mostly based on computational fluid 
dynamics (CFD). Mainly two different approaches are available: the resolved flow approach 
and the porous approach [122]. In the resolved flow approach fluid flow around individual par-
ticles is represented in detail. Thereby, no closures for the pressure drop in the form of empir-
ical correlations are required. The pressure drop results from the detailed representation of 
viscous friction within the network of channels and voids inside the packing. Obtained results 
are of high accuracy but computationally very demanding and therefore restricted to model-
type systems. Methods applicable involve the Lattice Boltzmann method (LBM) which instead 
of discretizing the Navier-Stokes equations relies on the Boltzmann equation and kinetic theory 
[123–125]. In contrast to the LBM, finite-volume-methods (FVM) can be used for the approxi-
mation of the Navier-Stokes equations which usually rely on surface adapted meshes. Topics 
addressed by resolved flow investigations in recent years comprise of detailed flow analysis 
[126–128], multiphase flow problems [129], wall effects [130,131], heat transfer [132–134], as 
well as mass transfer and reactions [135,136]. In the porous approach, the fluid velocity is 
addressed as a spatially averaged quantity per fluid cell which is larger than a single particle. 
The pressure drop is calculated based on the global averaged or local porosity which has to 
be obtained by e.g experimental techniques such as e.g. 3D MRI [137] or numerical methods 
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such as the discrete element method (DEM) [138–140] which is addressed later in more detail. 
In the latter method, the individual particle orientation can be considered in case of complexly 
shaped particles [10]. DEM approaches can be transiently coupled to the CFD and as a com-
bined DEM-CFD be applied to moving particle systems [10,141] or systems involving heat and 
mass transfer [142,143]. Pressure drop calculations involving complexly shaped particles 
based on the DEM-CFD method are yet not widely established. So far DEM-CFD approaches 
involving non-spherical particles have been mainly applied to the dynamic simulation of moving 
or fluidized systems [10,144]. Regarding the validity of the approach, there is an ongoing dis-
cussion about its applicability and limitations [10,145] as it combines single particle force mod-
els applicable for complex shapes [12] with voidage corrections established in the context of 
systems of spherical particles [105]. A refined voidage function including flow velocity and local 
porosity was proposed recently for systems of spheres [46]. Note that the voidage function [46] 
results in similar values as [105] for densely packed beds. To apply the DEM-CFD reliably to 
systems of complexly shaped particles detailed investigations are necessary regarding the 
applicability of the combination of the submodels [12,105]. In contrast to the resolved flow 
approach, the porous approach based on the DEM-CFD offers the opportunity to address in-
dustrial scale packings of arbitrary shaped particles and additionally allows to model heat and 
mass transfer and reactions in one framework which by far exceeds capabilities of simple em-
pirical pressure drop correlations today available in large numbers. 

One step towards a verification of the porous approach based on the DEM-CFD is intended 
through this investigation. The DEM-CFD is applied for the calculation of pressure drops in 
packings of spherical and non-spherical particles of varying sizes in the present investigation. 
To prove the validity of the DEM-CFD involving submodels [12,105] a comparison against 
carefully performed experimental investigations is performed for a model scale fixed bed. Ad-
ditionally, available correlations are reviewed and benchmarked against numerical and exper-
imental results. 

2. Methodology 
The investigations of this study focus on the verification of the porous approach involving the 
DEM-CFD method in which flow around individual particles is not resolved for packed beds of 
arbitrary shaped particles based on pressure drop predictions. As a reference, multiple empir-
ical correlations for the determination of the pressure drop of packed beds for spherical and 
non-spherical are considered as well as carefully performed experiments. In the following two 
subsections existing pressure drop correlations are reviewed and the applied porous approach 
using the DEM-CFD is outlined. 

2.1 Correlations for the pressure drop calculation in fixed beds 
The following subsection gives a summary of correlations available for different particle shapes 
involving spheres and some non-spherical shapes.  

2.1.1 Correlations for spherical particles 

The most frequently used pressure drop correlation for packed beds has been devised by 
Ergun [8] as it is applicable over a wide range of flow regimes. As many factors determine the 
pressure drop which are not always easy to obtain through experimental measures, Ergun 
identified the four most influential as (1) the fluid velocity, (2) fluid density and viscosity, (3) 
porosity and (4) the particle diameter, shape, and surface. To simplify the calculation of the 
pressure drop, a capillary bed model has been devised under the assumption that the fluid 
flow through a packed bed is comparable to that of flow through a capillary. Results from the 
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capillary model are improved by accounting for correction factors gained from a multitude of 
experiments. The Ergun-equation is expressed through two terms, one for the viscous energy 
losses with the constant 150 and one for the kinetic energy losses with the constant 1.75. It 
can be written as follows: 

Δ𝑝𝑝
𝐿𝐿

= 150 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

+ 1.75 ∙
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
 (77) 

with the bed height L, the porosity ε, the dynamic viscosity of the fluid 𝜂𝜂f, the superficial velocity 
𝑤𝑤f and the particle diameter 𝑑𝑑𝑝𝑝. The Ergun-equation was chosen as the reference equation of 
this study for both the DEM-CFD simulations and correlations and is compared to newer meth-
ods for predicting the pressure drop. The Ergun-equation neglects wall effects and is therefore 
applicable for column diameter D to particle diameters dp of >> 10 [49]. 

As especially in small reactors the wall friction plays an important role in the total pressure drop 
of a system, some efforts have been made to incorporate these effects into the Ergun-equa-
tion. One of the first extension considering wall effects dates back to Metha and Hawley [110]. 
They suggested the application of a correction factor to both linear terms of the Ergun-equation 
so that it appears as: 

Δ𝑝𝑝
𝐿𝐿

= 150 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

∙ 𝑀𝑀2 + 1.75 ∙
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
∙ 𝑀𝑀 (78) 

The correction factor M depends on the ratio of the particle diameter dp to column diameter D 
as: 

M = 1 +
4𝑑𝑑𝑝𝑝

6𝐷𝐷(1 − 𝜀𝜀)
. (79) 

In case of a rectangular geometry, the column diameter D is given by the hydraulic diameter. 
M has been determined through experiments under such conditions that the wall effect is of 
importance 7<D/dp<91. Metha and Hawley suggest using their correlation for column diameter 
D to particle diameter dp ratios of > 7 instead of equation (77). Foumeny et al. [111] expanded 
the correlation to be applicable for a wider D/dp ratio as they found great deviations between 
experimental and calculated data at small D/dp ratios of 3.5. They replaced the coefficients 
defined by Ergun leading to the following equation which is reliable for 3.23<D/dp<23.8: 

Δ𝑝𝑝
𝐿𝐿

= 130 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

+
𝐷𝐷 𝑑𝑑P⁄

2.28 + 0.335 ∙ (𝐷𝐷 𝑑𝑑P⁄ ) ∙
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
. (80) 

Another Ergun-type correlation that accounts for wall effects is given by Reichelt [112]: 

Δ𝑝𝑝
𝐿𝐿

= 𝐾𝐾1 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

∙ 𝑀𝑀2 +
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
∙
𝑀𝑀
𝐵𝐵𝑊𝑊

, (81) 

where the wall correction term BW is given along with M by: 

𝐵𝐵W = [𝑘𝑘1(𝑑𝑑P 𝐷𝐷⁄ )2 + 𝑘𝑘2]2. (82) 

BW in addition to M has been empirically derived and describes the porosity effect of the walls 
at high Reynolds numbers. The coefficients were determined through experiments to be 
K1=150, k1=1.5 and k2=0.88 for 1.73<D/dp<91. Eisfeld and Schnitzlein [113] refined the 
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Reichelt-equation by fitting the coefficients to a broader variety of data points from other ex-
perimental investigations in literature. The parameters K1, k1 and k2 were derived for column 
diameter D to particle diameter dp ratios of 1.624<D/dp<250 as K1=154, k1=1.15 and k2=0.87 
for spheres. 

Dolejš and Machač [114] proposed a modification of the capillary bed model (equation (77)) 
which takes drag from friction and form as well as wall effects into consideration. For spherical 
particles, the pressure drop is obtained as: 

Δ𝑝𝑝
𝐿𝐿

= �
72 ∙ [(1 +𝜓𝜓) ∙ 𝑀𝑀𝐷𝐷𝑙𝑙𝑒𝑒]2

Rep
� ∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
∙ �

1 − 𝜀𝜀
𝜀𝜀3

�, (83) 

with the resistance number 𝜓𝜓 given by the ratio of form and frictional drags. The particle Reyn-
olds number can be expressed through: 

𝑅𝑅𝑅𝑅𝑃𝑃 =
𝜌𝜌f ∙ 𝑤𝑤f ∙ 𝑑𝑑P
𝜂𝜂f ∙ (1 − 𝜀𝜀)

, (84) 

and is related to the modified Reynolds number 𝑅𝑅𝑅𝑅𝑚𝑚 by 𝑅𝑅𝑅𝑅𝑚𝑚 = 𝑅𝑅𝑅𝑅𝑝𝑝/𝑀𝑀𝐷𝐷𝑙𝑙𝑒𝑒. The correction coef-
ficient 𝑀𝑀𝐷𝐷𝑙𝑙𝑒𝑒 for the wall effects is given by: 

𝑀𝑀𝐷𝐷𝑙𝑙𝑒𝑒 = 1 +
2 ∙ 𝑑𝑑P

3 ∙ (1 − 𝜀𝜀) ∙ (1 + 𝜓𝜓) ∙ 𝐷𝐷
. (85) 

For a compressible fluid, the resistance number 𝜓𝜓 can be expressed for spheres with column 
diameter D to particle diameter dp ratios of 7.7<D/dp<21.9 depending on the modified Reynolds 
number as: 

𝜓𝜓 = �0.54 − �
𝑅𝑅𝑅𝑅𝑚𝑚
150

 �
3

+ (0.113 ∙ (𝑅𝑅𝑅𝑅𝑚𝑚 )0.507)3�
1/3

, 𝑅𝑅𝑅𝑅𝑚𝑚 < 75 (86) 

𝜓𝜓 = 0.113 ∙ (𝑅𝑅𝑅𝑅𝑚𝑚)0.507, 𝑅𝑅𝑅𝑅𝑚𝑚 ≥ 75 (87) 

Liu and Masliyah [117] suggested the incorporation of the correction factors CW and CWi into 
the Ergun-equation to account for wall effects which is a similar approach as in the correlation 
of Reichelt [112]: 

Δ𝑝𝑝
𝐿𝐿

= 150 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

∙ 𝐶𝐶W2 + 1.75 ∙
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
∙ 𝐶𝐶Wi. (88) 

The correction factor Cw is described through: 

𝐶𝐶W = 1 +
π ∙ 𝑑𝑑P

6𝐷𝐷(1 − 𝜀𝜀). (89) 

The second correction factor CWi is given by: 

𝐶𝐶Wi = 1 −
π2 ∙ 𝑑𝑑P
24 ∙ 𝐷𝐷

∙ �1 −
𝑑𝑑P

2 ∙ 𝐷𝐷
�. (90) 

An analog approach to that of Liu and Masliyah [117] was realized by Raichura et al. [115]. 
They found that the wall effects are correlated to the diameter ratio of column and particles 
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and thus incorporated this into two correction factors K1,Rai and K2,Rai which replace the con-
stants in the Ergun-equation: 

Δ𝑝𝑝
𝐿𝐿

= 𝐾𝐾1,𝑅𝑅𝑀𝑀𝑖𝑖 ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

+ 𝐾𝐾2,𝑅𝑅𝑀𝑀𝑖𝑖 ∙
1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
. (91) 

This equation covers a range of diameter ratios D/dp of 5-50 and the following equation can be 
used to express K1,Rai to calculate the viscous energy loss:  

𝐾𝐾1,𝑅𝑅𝑀𝑀𝑖𝑖 = 103 ∙ �
𝜀𝜀

1 − 𝜀𝜀
�
2
∙ �6(1 − 𝜀𝜀) +

80 ∙ 𝑑𝑑𝑝𝑝
𝐷𝐷 �. (92) 

The constant with the value 103 in equation (92) was derived for a porosity of ɛ=0.386 and a 
K1,Rai value of 150, which Ergun originally proposed for large wall to particle diameter ratios. 
The second constant of 80 was derived by least-square analysis based on obtained experi-
mental data. Similarly, the constants in the second equation for K2,Rai were derived: 

𝐾𝐾2,𝑅𝑅𝑀𝑀𝑖𝑖 = 2.8 ∙
𝜀𝜀

1 − 𝜀𝜀
∙ �1 −

1.82 ∙ 𝑑𝑑𝑝𝑝
𝐷𝐷 �

2

, (93) 

where the first constant was chosen to be 2.8 so that K2,Rai would be 1.75 for large wall to 
particle diameter ratios and the second constant was obtained by a least-squares analysis to 
be 1.82.  

Gibilaro [53] argued that the Ergun-equation is a good fit for porosity values of ε≈0.4 such as 
in packed beds, but for larger void fractions approaching 0.9 and larger (as e.g. in fluidized 
beds) modifications are needed. As tortuosity and the inertial regime friction factor decrease 
with increasing ɛ he proposed the following equation to account for these effects: 

Δ𝑝𝑝
𝐿𝐿

= �18 ∙
𝜂𝜂f

𝜌𝜌f ∙ 𝑤𝑤f ∙ 𝑑𝑑𝑝𝑝
+ 0.33� ∙

𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑𝑝𝑝
∙ (1 − 𝜀𝜀)𝜀𝜀−4.8. (94) 

Montillet et al. [116] found that Ergun-type equations cannot represent the pressure drop cor-
rectly for large Reynolds numbers. Instead, they proposed to use an equation of a form sug-
gested earlier by Rose and Rizk [146], which they then modified by adding factors for bed 
porosity and diameter ratio. This way Montillet et al. gained the following equation which is 
applicable for diameter ratios D/dp of 3.8 to 14.5: 

Δ𝑝𝑝
𝐿𝐿

= 0.061 �
1 − 𝜀𝜀
𝜀𝜀3

� �
𝐷𝐷
𝑑𝑑𝑝𝑝
�
0.2

�1000 ∙
𝜌𝜌f ∙ 𝑤𝑤f ∙ 𝑑𝑑𝑝𝑝

𝜂𝜂f

−1

+ 60 ∙
𝜌𝜌f ∙ 𝑤𝑤f ∙ 𝑑𝑑𝑝𝑝

𝜂𝜂f

−0.5

+ 12�
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑𝑝𝑝
. (95) 

The prefactor 0.061 is valid for dense packings and can be replaced by a value of 0.05 for 
loose packings. 

Singh et al. [147] proposed the following correlation for spheres in the range of 1000<𝑅𝑅𝑅𝑅 =
𝜌𝜌f𝑤𝑤f𝑑𝑑p/𝜂𝜂f<2700:  

Δ𝑝𝑝
𝐿𝐿

= 4.466 ∙ �
𝜌𝜌f ∙ 𝑤𝑤f ∙ 𝑑𝑑p

𝜂𝜂f
�
−0.2

∙ 𝜀𝜀−2.945 ∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑𝑝𝑝
. (96) 

A more recent study was conducted by Cheng [49]. He found that a number of correlations 
were unable to predict the pressure drop for beds with very low particle to bed diameter ratios. 
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He presented a capillary tube model fitted with porosity and diameter ratios in the range of 
1.1<D/dp<50.5: 

Δ𝑝𝑝
𝐿𝐿

= �185 + 17 ∙
𝜀𝜀

1 − 𝜀𝜀 �
𝐷𝐷

𝐷𝐷 − 𝑑𝑑𝑝𝑝
�
2

� ∙
(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑P2

+ �1.3 �
1 − 𝜀𝜀
𝜀𝜀

�
1
3

+ 0.03�
𝐷𝐷

𝐷𝐷 − 𝑑𝑑𝑝𝑝
�
2

� ∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑P
∙ �

1 − 𝜀𝜀
𝜀𝜀3

�. 
(97) 

Allen et al. [107] presented a correlation fitted for smooth and rough spheres as well as wooden 
complex shaped particles which is also suitable for larger Reynolds numbers Re>700. Instead 
of a diameter equivalent sphere the total particle volume ∑𝑉𝑉p to surface ∑𝐴𝐴p ratio is used. The 
correlation is given by  

Δ𝑝𝑝
𝐿𝐿

= �
𝑐𝑐

Re𝐷𝐷𝑢𝑢𝑐𝑐𝑑𝑑
+

𝑏𝑏
Re𝐷𝐷𝑢𝑢𝑐𝑐𝑑𝑑𝑐𝑐

� ∙ 𝜌𝜌f ∙
𝑤𝑤f2

2
∙
∑𝐴𝐴p

4 ∙ ∑𝑉𝑉p
∙ �

1 − 𝜀𝜀
𝜀𝜀3

�, (98) 

where a= 172, b= 4.36 and c= 0.12 for smooth spheres and a= 185, b= 6.35 and c= 0.12 for 
rough spheres. The duct Reynolds number Re𝐷𝐷𝑢𝑢𝑐𝑐𝑑𝑑 is given by: 

Re𝐷𝐷𝑢𝑢𝑐𝑐𝑑𝑑 =
4 ∙ 𝜌𝜌f ∙ 𝑤𝑤f ∙
𝜂𝜂f ∙ (1 − 𝜀𝜀)

∙
∑𝑉𝑉p
∑𝐴𝐴p

. (99) 

2.1.2 Correlations for non-spherical particles 

For surface reactions in chemical engineering or packed columns, particle shapes with a high 
surface to volume ratio are of interest. Furthermore, heat storage/cooling applications or pro-
cesses such as gasification, pyrolysis, and carbonization involve particles that differ from 
spheres. To predict the pressure drop in these systems correlations applicable to spheres can 
be modified by using the equivalent surface volume diameter 𝑑𝑑SV = 6 ∙ 𝑉𝑉p/𝐴𝐴p such as in the 
equations by Ergun [7] or Liu and Masliyah [117]. Otherwise tailored correlations proposed for 
a particular particle shape can be used which usually also involve the equivalent surface vol-
ume diameter 𝑑𝑑SV. Among the latter, no correlations are available that are capable to repro-
duce the pressure drop for a wider range of particle shapes. In opposite to spheres, complex 
shaped particles orientate themselves at various characteristic angles throughout the bed, 
which leads to a varying pressure drop for a constant porosity depending on the particle shape 
compared to spheres. Therefore, simply inferring the bed structure from the porosity is impos-
sible. Additional parameters are needed to describe the bed structure and based on them the 
pressure drop of the bed. However, it is very hard firstly to derive and secondly to measure 
such parameters experimentally, so often the coefficients of a correlation are adjusted to over-
all experimental data on the pressure drop in a meaningful way while relying on the equivalent 
surface volume diameter 𝑑𝑑SV.  

One of the first approaches in the latter direction was proposed by Eisfeld and Schnitzlein [113] 
by using the combination of equations (81) and (82) with coefficients gained from a multitude 
of experiments from literature. The proposed coefficients can be found in Table 1 and involve 
cylinders and “all particles“, where “all particles” refers to coefficients derived irrespective of 
the special particle shape. Note that 𝑑𝑑SV has to be used instead of 𝑑𝑑p in equations (81) and 
(82). Nemec and Levec [109] provided an enhanced version of the Ergun-equation for three 
different non-spherical particle shapes such as cylinders, rings and oblates. 
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Table 7 Coefficients for cylinders and “all particles” for the Reichelt correlation according to Eisfeld and Schnitz-
lein [113]. 

Particle shape K1 k1 k2 

Cylinders 190 2.00 0.77 

All particles 155 1.42 0.83 

They proposed the following empirical correction for cylinders:  

Δ𝑝𝑝
𝐿𝐿

=
150

𝜙𝜙3
2�
∙

(1 − 𝜀𝜀)2

𝜀𝜀3
∙
𝜂𝜂f ∙ 𝑤𝑤f
𝑑𝑑SV2

+
1.75

𝜙𝜙4
3�
∙

1 − 𝜀𝜀
𝜀𝜀3

∙
𝜌𝜌f ∙ 𝑤𝑤f2

𝑑𝑑SV
, (100) 

with the sphericity 𝜙𝜙 as the ratio between the surface area of the volume equivalent sphere 
and the surface area of the considered particle: 

𝜙𝜙 = �36π ∙ Vp2/𝐴𝐴p3�
1
3. (101) 

The correlation by Singh et al. [147] is also applicable to non-spherical particles   

Δ𝑝𝑝
𝐿𝐿

= 4.4666 ∙ �𝜌𝜌f∙𝑤𝑤f∙𝑑𝑑e
𝜂𝜂f

�
−0.2

∙ 𝜀𝜀−2.945 ∙ 𝜙𝜙0.696 ∙ 𝑅𝑅11.85(𝑒𝑒𝑙𝑙𝑀𝑀𝜙𝜙)2 ∙ 𝜌𝜌f∙𝑤𝑤f
2

𝑑𝑑𝑒𝑒
, (102) 

where 𝑑𝑑e is the diameter of a sphere that has the same particle volume as 𝑉𝑉p 

𝑑𝑑e = �
6
𝜋𝜋
𝑉𝑉p�

1/3
. (103) 

For the usage of the correlation by Allen et al. [107] (equations (98) and (99)), the total particle 
volume to surface ratio of the particles of the packing has to be determined. To estimate the 
pressure drop of a bed of non-spherical particles comprising of cubes or cylinders the coeffi-
cients a, b and c are chosen according to Table 7 for a Reynolds number range of Re≈50-
5000.  

Table 8 Coefficients for the prediction of the pressure drop for the correlation according to Allen et al. [107]. 

Particle shape a b c 

Cubes 240 10.8 0.1 

Cylinders  216 8.8 0.12 

Note that the correlation by Dolejš and Machač [114] is also applicable to a variety of non-
spherical shapes – however, the correction factor for wetted surface 𝜔𝜔 and/or shape factor 𝛼𝛼 
need to be derived for each particle shape from experimental investigations of the pressure 
drop individually. 

2.2 DEM-CFD approach for the pressure drop calculation in fixed beds 

In the coupled DEM-CFD method which is the porous approach considered here, the particle 
motion during the settling of the bed is modeled within a DEM-framework, while the fluid phase 
is represented by solving the volume averaged Navier-Stokes equations [148]. In the DEM the 
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translational and rotational motion is obtained by integrating Newton’s and Euler’s equations 
of each particle given by 

𝑚𝑚𝑖𝑖
𝑑𝑑2�⃗�𝑥𝑖𝑖
𝑑𝑑𝑡𝑡2

= �⃗�𝐹𝑖𝑖𝑐𝑐 + �⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 + 𝑚𝑚𝑖𝑖�⃗�𝑔, (104) 

𝐼𝐼𝑖𝑖
𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖
𝑑𝑑𝑑𝑑

+ 𝑊𝑊���⃗ 𝑖𝑖 × �𝐼𝐼𝑖𝑖𝑊𝑊���⃗ 𝑖𝑖� = 𝛬𝛬𝑖𝑖−1𝑀𝑀��⃗ 𝑖𝑖, 
(105) 

With the particle mass 𝑚𝑚𝑖𝑖, particle acceleration 22 dtxd i


, contact force c
iF


, particle/fluid force 
pf

iF


, gravitational force gmi
 , angular acceleration dtWd i


, angular velocity iW


, external mo-

ment resulting out of contact or particle/fluid forces iM


, the inertia tensor along the principal 

axis iÎ  and the rotation matrix converting a vector from the inertial into the body fixed frame 
1-

iΛ  with i the particle index. 

A flexible approach to model complex shaped particles in the discrete element method is the 
representation by polyhedrons. In this method, a triangular surface mesh is applied to repre-
sent the desired particle shape and a common plane algorithm is used for contact detection 
[31]. Contact force laws are applied similarly as used for spherical particles [149,150]. The 
normal component of the contact forces is obtained from a linear spring damper model  

n
rel

nnn vnkF 
γδ += , (106) 

where nk  is the spring stiffness, δ  the virtual overlap, n  a normal vector, nγ  a damping coef-

ficient and n
relv  the normal velocity in the contact point. Both nk  and nγ  determine the coefficient 

of normal restitution between particles n
PPe  as well as particles and walls n

PWe . For the calcula-
tion of the tangential forces, a linear spring limited by the Coulomb condition is used  

tFμξkF n
C

ttt 
|)||,|min(= , (107) 

where tk  is the stiffness of a linear spring, Cμ  is the friction coefficient, tξ


 is the relative tan-
gential displacement and t  is the tangential unit vector. No rolling friction is considered. 

The fluid phase is described with Computational Fluid Dynamics (CFD) in an Eulerian frame-
work, in which the interior of the packed bed is meshed by hexagonal cells. The fluid velocity 
is addressed as a spatially averaged quantity per cell. The CFD-framework passes the fluid 
properties and the velocity vector of the fluid to the DEM. The equation of continuity (108) and 
the equation of momentum (109) are solved 

𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓�
𝜕𝜕𝑑𝑑

+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢𝑝𝑝����⃗ � = 0, (108) 
𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓𝑢𝑢𝑓𝑓�����⃗ �

𝜕𝜕𝑑𝑑
+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢𝑝𝑝����⃗ 𝑢𝑢𝑝𝑝����⃗ � = −𝜀𝜀𝑝𝑝∇p + ∇�𝜀𝜀𝑝𝑝𝜏𝜏����� + 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝�⃗�𝑔 + 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑, (109) 

where 𝑢𝑢�⃗ 𝑝𝑝, 𝜌𝜌𝑝𝑝 and p are the physical fluid velocity, density and pressure. 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 is the volumetric 
particle/fluid interaction momentum source applied in each CFD cell, 𝜀𝜀𝑝𝑝 is the local fluid poros-

ity and �̿�𝜏 is the fluid viscous stress tensor �̿�𝜏 = 𝜂𝜂e ��∇𝑢𝑢�⃗ 𝑝𝑝�+ �∇𝑢𝑢�⃗ 𝑝𝑝�
−1� with 𝜂𝜂e the effective viscos-

ity determined from the standard k-ε turbulent model. The particle/fluid interaction 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 is given 



Publication I   43 
 

 

component wise as 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑𝑖𝑖 = �̅�𝛽𝑖𝑖�𝑢𝑢𝑝𝑝,𝑖𝑖 − �̅�𝑣𝑖𝑖�, where �̅�𝑣𝑖𝑖 is the fluid cell averaged particle velocity, 
which is zero in the case of a static packing, and �̅�𝛽𝑖𝑖 is the fluid cell averaged particle/fluid 
friction coefficient with j=x, y, z.  

The particle/fluid force pf
iF


 consists of all individual particle/fluid forces such as drag force d
iF


 

and pressure gradient force p
iF ∇


 acting on a particle i written as p
i

d
i

pf
i FFF ∇+=


. Both can be 

combined to �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖
∇𝑝𝑝 = 𝛽𝛽𝑖𝑖𝑉𝑉𝑖𝑖�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�/ �𝜀𝜀𝑝𝑝�1 − 𝜀𝜀𝑝𝑝��, where Vi is the particle volume of particle 

i and j=x, y, z. Note that �⃗�𝑣𝑖𝑖, which is also used in the following equations, becomes zero in a 
static packing. For the calculation of the drag force d

iF


 and the combined drag and pressure 

gradient force p
i

d
i FF ∇+


various models are available. Very popular and widely used for spher-

ical particles and also applicable for non-spherical particles is the approach by Di Felice [105], 
where the force for an isolated spherical particle is calculated and altered by the influence of 
surrounding particles. The respective force reads 

�⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 = �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖

∇𝑝𝑝 =
1
2
𝜌𝜌𝑝𝑝 �𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝1−𝜒𝜒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�, (110) 

where 𝐶𝐶𝐷𝐷 is the drag coefficient, 𝐴𝐴⊥ is the cross-sectional area perpendicular to the flow and 𝜒𝜒 
a correction factor. Equation (110) can be rewritten in terms of the particle/fluid friction coeffi-
cient as 

𝛽𝛽𝑖𝑖 = 1
2
𝜌𝜌𝑝𝑝𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖��1 − 𝜀𝜀𝑝𝑝�

1
𝑉𝑉𝑖𝑖 
𝜀𝜀𝑝𝑝(1−𝜒𝜒). (111) 

𝜒𝜒 is calculated as a function of the Reynolds-number 𝑅𝑅𝑅𝑅 = 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑑𝑑𝑒𝑒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖� 𝜂𝜂f⁄  as 

𝜒𝜒 = 3.7 − 0.65 exp(− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ), (112) 

with 𝑑𝑑𝑒𝑒 the diameter of a volume equivalent spherical particle and 𝜂𝜂f the fluid viscosity. The 
drag coefficient 𝐶𝐶𝐷𝐷 of a single particle (spherical or non-spherical) can be derived from corre-
lations such as Hölzer und Sommerfeld [12] which can be written as  

𝐶𝐶𝐷𝐷 =
8
𝑅𝑅𝑅𝑅

1

�𝜙𝜙⊥
+

16
𝑅𝑅𝑅𝑅

1

�𝜙𝜙
+

3
√𝑅𝑅𝑅𝑅

1
𝜙𝜙3/4 + 0.42 × 100.4(−log(𝜙𝜙))0.2 1

𝜙𝜙⊥
, (113) 

where 𝜙𝜙⊥ is the crosswise sphericity which is the ratio between the cross-sectional area of the 
volume equivalent sphere and the projected cross-sectional area of the considered particle 
perpendicular to the flow.  

For spherical particles the cross-sectional area 𝐴𝐴⊥ perpendicular to the flow required for equa-
tions (110) and (111) and the crosswise sphericity 𝜙𝜙⊥ needed for equation (113) can be readily 
calculated. For polyhedra which are used to represent the complex shaped particles in the 
investigation here iterative procedures are applied. Due to computational reasons the cross-
sectional area 𝐴𝐴⊥ of each particle is calculated in advance and is tabulated in dependence on 
three symmetric Euler parameters and the sign of the fourth parameter [144]. 

Instead of applying the equation (110) and (111) in combination with (112) or (113) for the 

calculation of the combined drag and pressure gradient force p
i

d
i FF ∇+


or the particle/fluid drag 
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coefficient 𝛽𝛽𝑖𝑖 the combination of Ergun and Wen and Yu can be used which neglects particle 
orientation and can be written as 

𝛽𝛽𝑖𝑖 = �
150 �1−𝜀𝜀𝑓𝑓�

2 
𝜀𝜀𝑓𝑓𝑑𝑑𝑒𝑒2

𝜂𝜂f + 1.75 �1−𝜀𝜀𝑓𝑓�𝜌𝜌𝑓𝑓
𝑑𝑑𝑒𝑒

�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�, 𝑓𝑓𝑓𝑓𝑓𝑓 𝜀𝜀𝑝𝑝  ≤ 0.8

3
4
𝜌𝜌𝑝𝑝𝐶𝐶𝐷𝐷

(1−𝜀𝜀𝐹𝐹)𝜀𝜀𝑓𝑓−1.7

𝑑𝑑𝑒𝑒
�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖� , 𝑓𝑓𝑓𝑓𝑓𝑓 𝜀𝜀𝑝𝑝  > 0.8

. (114) 

The complex shape of particles is considered by the diameter of a volume-equivalent 
sphere 𝑑𝑑𝑒𝑒. The drag coefficient 𝐶𝐶𝐷𝐷 required for equation (38) is dependent on the Reynolds 
number and is calculated as  

𝐶𝐶𝐷𝐷 = �
24
𝑅𝑅𝑒𝑒

[1 + 0.15(𝑅𝑅𝑅𝑅)0.687], 𝑅𝑅𝑅𝑅 < 1000
0.44, 𝑅𝑅𝑅𝑅 ≥ 1000

. (115) 

The porosity is calculated based on a subgrid cell approach. A finer resolved grid is examined 
and it is checked if a particular subgrid cell center lies within a part of a particle. If this is the 
case the respective subcell is considered as fully filled with solid. Based on the obtained ratio 
the local fluid porosity is calculated [144]. 

3. Experimental and numerical setup 
The experimental setup consists of a rectangular polycarbonate vessel with a square base of 
edge length l= 0.11 m and a height of h= 0.41 m. Air is passed from the bottom of the setup 
through a perforated plate with an open area of 37 %. Flow straighteners below the perforated 
plate ensure an even distribution of the air. Two pressure tapping points are installed in the 
setup, one slightly below the perforated plate and one at 0.31 m height. To include the influ-
ence of the perforated plate, experiments have been carried out to determine the pressure 
drop of the plate at varying velocities. The experimentally obtained pressure drops of the pack-
ing are then reduced by the measured pressure drop for each velocity. A sketch of the exper-
imental, as well as of the corresponding numerical setup, is shown in Fig. 23. The particles 
used in this study are grouped into two classes, defined by their particle volume: de= 7 mm 
sphere equivalent particles which have a D/de ratio of 15 and de= 5 mm sphere equivalent 
particles with D/de= 22. All particles are fabricated from beech wood and either have spherical, 
cylindrical or cuboidal shape. As wood is an organic material, the densities vary for each par-
ticle type. The exact dimensions, volumes, densities, and sphericities for the particles are out-
lined in Table 8. Resulting from the differences in density and slight differences in volume the 
number of particles used to create a particle bed of a certain mass varies depending on the 
particle type. All beds involve a particle mass of 535 g. To generate equal conditions for every 
fixed bed, the bed generation was done following the same procedure. First, the particles were 
placed into the bed and the surface was straightened, then the bed was compressed under 
gravity by a square shaped plate with a mass of 1 kg from the top. To prevent the particles 
from moving at higher fluid velocities the bed was held in place with a porous plate in the 
experiments (Fig. 23a). A solid, fluid permeable wall was used analogously in the DEM-CFD 
simulations (Fig. 23b). The bed height was defined as the height of the packing up to the lower 
edge of the porous plate and is identical in experiments and simulations. 
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Fig. 23 Experimental (a) and numerical (b) setup and its division into a schematic number of DEM-CFD cells 
larger than the particle size. 

The experiments were carried out for increasing fluid velocities, starting at 0.4 m/s up to 
3.0 m/s in 0.2 m/s steps. Resulting Reynolds numbers 𝑅𝑅𝑅𝑅 = 𝜌𝜌𝑝𝑝𝑑𝑑𝑝𝑝𝑤𝑤𝑝𝑝 𝜂𝜂𝑝𝑝⁄  vary between 
90<Re<1500 for de=7 mm and between 50<Re<1000 for de=5 mm sphere equivalent particles. 
As the maximum range for the pressure transducer (Halstrup Walcher PU-10.00-10-24-X-X-
02-X-7) was 10 kPa, some experiments had to be aborted before reaching fluid velocities of 
3.0 m/s, as the pressure drop was exceeding the maximum pressure allowed. For each fluid 
velocity, 2,500 data points were obtained at a frequency of 50 Hz and pressure drops were 
averaged over time. Each experiment involving a variation of the velocity from 0.4 m/s up to 
3.0 m/s was repeated at least 3 times. 

The numerical setup has been modeled to correspond to the experimental setup. Therefore, 
the same dimensions, as well as operational conditions, apply to it. Non-spherical particles 
were implemented through a polyhedron approximation [31]. This allows for the exact repre-
sentation of all cuboids and close approximation of cylinders in the DEM-CFD simulations. 
de=7 mm equivalent cylinders were modeled with 16 edges while de=5 mm equivalent cylinders 
had 8 edges. The radius was adjusted so that an equal volume was maintained between the 
particles in the experiments and in the simulations. Bed heights in the experiments and the 
simulations were well aligned as a consequence of the same generation procedure. The fric-
tion and restitution coefficients were determined according to procedures described by Höhner 
et al. [151] and Hold [33] on the single particle level, respectively. Spring stiffness and damping 
coefficient determine the maximum overlap for the particle collision. Kruggel-Emden et al. [152] 
suggested a maximum overlap of 1 % of the particle diameter to avoid alteration of the simu-
lations. The coefficients of normal restitution between particles ePP

n and particles and walls 
ePW

n and the Coulomb friction coefficient μC between particles and particles as well as between 
particles and walls are adjusted to: ePP

n= 0.5, ePW
n= 0.5, μC_PP= 0.4, μC_PW= 0.3. The CFD time 

step is 1·10-4 s; the DEM time step is 1·10-6 s. 

a. b. 

solid, fluid  
permeable 
wall 

inflow 

DEM–CFD 
cell 
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Table 9 Particle properties including the volume equivalent diameter de, the particle dimensions, the sphericity 𝜙𝜙, 
the particle volume Vp and particle density ρp, the bed height L and the averaged porosity 𝜀𝜀.̅ 

Shape 

de-
class 
[mm] 

Dimensions 
 [mm] 

𝜙𝜙  
[-] 

Vp 

[m³] 
ρp  

[kg/m³] 
L 

 [mm] 
𝜀𝜀 ̅
[-] 

    d                
Sphere 7 7.2   1.00 1.93E-07 772.5 95 0.40 

 5 5.0   1.00 6.45E-08 823.0 88 0.40 
    d  h              

Cylin-
der 7 6.1 6.2  0.87 1.78E-07 708.5 98 0.36 

 7 3.9 14.0  0.75 1.71E-07 764.4 103 0.44 
 5 4.0 5.0  0.87 6.26E-08 719.3 98 0.37 
 5 3.0 9.0  0.78 6.14E-08 760.4 95 0.39 
    h  w  l            

Cuboid 7 5.2 6.3 6.3 0.80 2.08E-07 746.9 88 0.36 
 7 4.2 4.2 11.4 0.73 2.00E-07 639.7 121 0.40 
 7 2.2 9.0 9.8 0.63 1.93E-07 672.8 121 0.46 
 7 2.0 6.0 14.9 0.58 1.78E-07 721.7 124 0.51 
 5 4.2 4.3 4.5 0.81 8.12E-08 716.8 98 0.37 
 5 3.0 3.0 7.1 0.75 6.43E-08 745.6 103 0.42 
 5 2.0 3.0 11.0 0.64 6.51E-08 728.1 117 0.48 
 5 2.0 4.9 6.0 0.71 5.98E-08 754.1 102 0.43 
  5 2.0 4.0 8.0 0.69 6.33E-08 756.6 108 0.46 

The stiffness kn and kt are calculated so that the maximum overlap condition is fulfilled. A 
velocity inlet was used as inflow condition; the outflow was a pressure outlet in the simulations. 
The walls were realized with a no-slip boundary condition. To adjust for density changes in the 
fluid at higher pressures, it was assumed to be compressible. The ideal gas law has been used 
in case of the correlations to account for increasing densities at higher superficial gas velocities 
based on the mean pressure in the packing. The density in the simulations was also deter-
mined cell averaged based on the ideal gas law. Cell sizes in the DEM-CFD simulations (com-
pare Fig. 23b) are 1.833 x 1.833 x 1.833 cm³ in case of D/de=15 and 1.375 x 1.375 x 1.375 
cm³ for D/de=22.The ambient conditions required for the correlations as well as the DEM-CFD 
were chosen to be in good agreement with the experimental conditions and are listed in Table 
10. 

Table 10 Parameters required for the correlations and the simulations. 

Property Abbreviation Value 
Ambient pressure pA 101,325 Pa 
Specific gas constant air Rs 287.058 J/(kg·K) 
Ambient temperature TA 291.15 K 
Gas viscosity 𝜂𝜂𝑝𝑝 1.8302E-05 kg/(m·s) 
Total particle mass mt 0.535 kg 
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4. Results and discussion 
In the following section, the orientation of a number of representative particles is compared in 
the simulations and the experiments based on visual observations to ensure that the bed struc-
ture agrees beyond the bed height which matched in both simulations and experiments. Fur-
thermore, results for the pressure drop of the two classes of particles, with diameter ratios of 
D/de=15 and D/de=22 are presented. The averaged results of multiple experiments are com-
pared to simulations and correlations. To explain differences in more detail a frequency anal-
ysis of the projection area of selected particles as well as porosities are derived. Finally, overall 
errors are given which allow a benchmarking of obtained results. 

4.1 Assessment of particle orientation in experiment and simulation 
Results for the orientation of 4 mm x 14 mm cylinders and 4 mm x 4 mm x 11 mm cuboids are 
shown in Fig. 24. The orientation is calculated based on an orientation vector which moves/ro-
tates with the particles and is aligned perpendicular to the circular area of the cylinder and 
aligned with the largest dimension for the cuboid. As a parameter, the projection of the orien-
tation vector on the x-z-plane is calculated. The orientation is then evaluated based on the 
minimum of the clockwise or anticlockwise angle α between the x-vector and the projection of 
the orientation vector on the x-z-plane. The orientation vectors have been identified manually 
from photos taken of the packings for the experiments. In the simulations, orientation vectors 
are available for all particles in the packing. However, only particles were considered in the 
simulations which are in close proximity to the walls. At least three different packings have 
been considered per particle type. Obtained results indicate that a large majority of the parti-
cles take up horizontally aligned positions which agree well in the simulations and the experi-
ments. 

  
Fig. 24 (a) Particle orientation distribution of 4 mm x 14 mm cylinders and (b) 4 mm x 4 mm x 11 mm cuboids in 

experiments and simulations. 

4.2 Assessment of pressure drops for diameter ratios D/de = 15  
Results for the mean pressure drop in experiments, simulations, and correlations for de= 7 mm 
sphere equivalent particles are shown in Fig. 25 and Fig. 26 with the error bars showing the 
variation in pressure drop between repetitions of the same experiment as minimal and maximal 
values. Particle shapes considered in Fig. 25 include spheres, differently elongated cylinders, 
and cubes. Results for spheres (Fig. 25a) show good agreement indicating small mean devia-
tions of ∆𝑝𝑝����= 60 Pa between experiments and the DEM-CFD simulations for larger superficial 
velocities (𝑤𝑤f > 2.4 m/s) when the Ergun-equation (equation (38)) is used for the calculation of 
particle/fluid forces and fluid momentum sources. For smaller velocities (𝑤𝑤f < 2 m/s) the DEM-
CFD based on the combination of the drag force model by Hölzer and Sommerfeld [12] in 
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combination with the voidage function by Di Felice [105] is closer to the experimental pressure 
drop data (∆𝑝𝑝����= 20 Pa) than the DEM-CFD involving the Ergun-equation (∆𝑝𝑝����= 55 Pa). The var-
iation between the multiple experimental pressure drop measurements is small, as differences 
in the bed structure and porosity are small for spherical particles in general and due to the 
consistent method used for generating the packing. Same applies for the numerical results, 
resulting in a very small pressure drop variation and therefore small error bars. 

The approximation of the pressure drop through numerous correlations shown in Fig. 25b re-
veals a large spread with a tendency to underestimate the experimentally obtained data. The 
Ergun correlation [8] tends to be a good match with the experimental data (∆𝑝𝑝����= 15 Pa) for 𝑤𝑤f 
< 2.4 m/s, opposing the tendencies of the DEM-CFD simulations relying on the Ergun-equation 
(equation (38)). For larger velocities (𝑤𝑤f > 2.4 m/s) the Ergun correlation differs from the ex-
perimental data (∆𝑝𝑝����= 250 Pa). The deviations between the DEM-CFD simulations relying on 
the Ergun-equation and the Ergun-correlation can be explained through the way the porosity 
is accounted for as integral (correlation) or local averaged property (DEM-CFD) and the di-
mensionality of the description in 1D (correlation) and 3D (DEM-CFD). The best overall ap-
proximation of the experimental data is given by the correlation by Metha and Hawley [107] 
(∆𝑝𝑝����= 55 Pa). A good agreement is also obtained by the correlations of Ergun (∆𝑝𝑝����= 65 Pa) and 
Liu and Masliyah [111] (∆𝑝𝑝����= 80 Pa). The largest deviations for the pressure drop of spheres in 
case of D/de = 15 are obtained by the correlation of Reichelt [112] (∆𝑝𝑝����= 300 Pa). The correla-
tion of Allen et al. [4] used with coefficients for smooth spheres can obtain a better match with 
the experimental data for velocities of 𝑤𝑤f < 1.8 m/s (∆𝑝𝑝����= 60 Pa compared to ∆𝑝𝑝����= 120 Pa) while 
the coefficients for rough spheres are able to get better results in the range of 2.0 m/s < 𝑤𝑤f < 
3.0 m/s (∆𝑝𝑝����= 140 Pa compared to ∆𝑝𝑝����= 540 Pa). This can be explained through the differences 
in the coefficients added to the viscous and kinetic energy loss terms, as the viscous term has 
a bigger influence at lower Reynolds numbers and the kinetic term at higher Reynolds num-
bers. 

In Fig. 25c pressure drop results for experiments and simulations are presented for ideal cyl-
inders of d= 6 mm, h= 6 mm which still resemble the shape of spheres well, because of their 
curved edges and a sphericity of 0.87 which is close to 1. As the particle shape now has a 
stronger influence on the bed structure and the local porosity the experimental data for the 
pressure drop shows a higher variation. The DEM-CFD based on the combination of the force 
models of Hölzer and Sommerfeld and Di Felice [12,105] is able to reproduce experimental 
data more precisely (∆𝑝𝑝����= 600 Pa) than the DEM-CFD based on the Ergun-equation (∆𝑝𝑝����= 770 
Pa) with a slight overestimation compared to the experimental data (comp. Fig. 25c). Note that 
the DEM-CFD based on the combined models by Hölzer and Sommerfeld and Di Felice 
[12,105] is accounting for the orientation of all particles in the packing. The scatter of the sim-
ulation results for multiple repetitions is indicated by the error bar. As the overall variation of 
the results is low and thus the error bar is barely visible it has been abstained from drawing 
error bars for the other particle shapes. 

Among the correlations tailored for cylinders [107,109,113] the correlation by Allen et al. [107] 
shown in Fig. 25d leads to a similar relative deviation from experimental data while the absolute 
mean deviation is slightly lower (∆𝑝𝑝����= 470 Pa) as the DEM-CFD relying on the force models by 
Hölzer and Sommerfeld and Di Felice [12,105]. Note that the correlation by Allen et al. was 
tailored for ideal cylinders (𝜙𝜙 = 0.87) as used in the experimental investigation here which 
explains the good match. The Ergun-correlation [8] which is not tailored to the packing struc-
ture associated to cylindrical particles leads to errors of ∆𝑝𝑝����= 610 Pa. The differences between 
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the Ergun and the Eisfeld and Schnitzlein correlation are small although the correlation of 
Eisfeld and Schnitzlein [113] is fitted to data gained from experiments including cylindrical par-
ticle shapes; deviations from the experimental data are given with ∆𝑝𝑝����= 550 Pa. These small 
differences can be explained by a closer look at the correction factors of the viscous and kinetic 
energy losses.  

 
Fig. 25 Pressure drop in experiments and simulations (left) as well as experiments and correlations (right) for: 
(a, b) 7 mm spheres, (c, d) 6 mm x 6 mm cylinders, (e, f) 4 mm x 14 mm cylinders and (g, h) 5 mm x 6 mm x 6 

mm cubes. 

The Ergun-equation consist of a constant factor of 150, while the factor for the Eisfeld and 
Schnitzlein correlation is calculated individually, depending on the particle shape and vessel 
size. In the case of a d= 6 mm and h= 6 mm cylinder, it can be calculated as 210. For the 
kinetic energy losses, Ergun proposed a factor of 1.75, while the correction factor by Eisfeld 
and Schnitzlein is calculated with 𝑀𝑀/𝐵𝐵𝑤𝑤= 1.75126. The seemingly big difference of the viscous 
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term is mitigated by the relatively small influence the viscous losses have on the total pressure 
drop with increasing superficial gas velocities.  

Pressure drop results for elongated cylinders of d= 4 mm, h= 14 mm are shown in Fig 25e for 
experiments and DEM-CFD simulations. The large scatter of the experimental data can be 
explained through the differences in the bed structure resulting from the longish particle shape. 
The DEM-CFD simulations based on the combination of the models of Hölzer and Sommerfeld 
and Di Felice [12,105] lead to better results (∆𝑝𝑝����= 195 Pa) than the DEM-CFD relying on the 
Ergun equation (∆𝑝𝑝����= 1280 Pa) as particle shape differs strongly from that of a sphere and thus 
is affected hugely by particle orientation. The considered correlations in comparison displayed 
in Fig. 25f show bigger differences with respect to the experimental data. The correlation by 
Allen et al. [107] leads to ∆𝑝𝑝����= 380 Pa and by Nemec and Levec [109] to ∆𝑝𝑝����= 590 Pa. Again 
the correlation by Eisfeld and Schnitzlein [113] although fitted to cylinders leads to comparable 
deviations as the Ergun-correlation [8] (∆𝑝𝑝����= 990 Pa). Note that deviations in case of elongated 
cylinders with 𝜙𝜙= 0.75 are more pronounced than deviations for ideal cylinders of 𝜙𝜙= 0.87. 

The results of the pressure drop of cubical particles are displayed in Fig. 25g for DEM-CFD 
simulations and experiments. Experimental data shows a good repeatability due to the cubical 
shape and the standardized filling method applied. Both DEM-CFD simulations involving the 
force models of Hölzer and Sommerfeld and Di Felice [12,105] as well as Ergun [8] show a 
limited capability to approximate the experimental data; large deviations are obtained at veloc-
ities higher than 𝑤𝑤f > 1.4 m/s with force models by Hölzer and Sommerfeld and Di Felice 
[12,105] resulting in ∆𝑝𝑝����= 2230 Pa and Ergun [8] leading to ∆𝑝𝑝����= 2140 Pa. The correlation by 
Allen et al. [107] (Fig. 3h) is resulting in the best representation of the experimental data, while 
the deviation error is still high (∆𝑝𝑝����= 1025 Pa). The correlation by Eisfeld and Schnitzlein [113] 
with coefficients fitted over all available particle shapes is resulting in larger average deviations 
(∆𝑝𝑝����= 1450 Pa) than the Ergun equation (∆𝑝𝑝����= 1250 Pa). This can be explained through the 
coefficient for viscous losses which is calculated to 𝑀𝑀/𝐵𝐵𝑤𝑤= 1.51138 and therefore is lower than 
that of the Ergun equation with a coefficient of 1.75. This results in an overall lower total pres-
sure drop compared to the Ergun correlation and becomes more distinct with increasing su-
perficial velocities as the influence of the viscous over the kinetic energy losses rises. Experi-
mentally obtained pressure drops for varying de= 7 mm sphere equivalent cuboids are pre-
sented in Fig. 26. Experimental results obtained for rod-like 4 mm x 4 mm x 11 mm cuboids 
are outlined in Fig. 26a. The experimental results which show nearly no scatter can be better 
reproduced by the DEM-CFD based on the combination of Hölzer and Sommerfeld and Di 
Felice [12,105] than by the DEM-CFD relying on the Ergun-equation. Pressure deviations are 
large for both approaches: ∆𝑝𝑝����= 1165 Pa for the simulations based on the force models of 
Hölzer and Sommerfeld and Di Felice [12,105] and ∆𝑝𝑝����= 1220 Pa for the Ergun based simula-
tions [8]. The pressure drop of rod like particles is best reproduced by correlations like the 
Ergun-correlation which results in the best overall match ∆𝑝𝑝����= 750 Pa. For rod shaped particles 
the Ergun correlation [8] as well as the correlation by Eisfeld and Schnitzlein [113] perform 
better than any of the two DEM-CFD simulations (∆𝑝𝑝����= 945 Pa). A reason for this is that rod 
shaped particles assume a very regular structure with a very distinct orientation distribution. 
The Ergun as well as Eisfeld and Schnitzlein [113] correlation seems to match the resulting 
pressure drop of this distinct distribution most accurately. The correlation by Allen et al. [107] 
overestimates the pressure drop over the whole velocity range (∆𝑝𝑝����= 1480 Pa). In Fig. 26c and 
Fig. 26d the results for 2 mm x 9 mm x 10 mm cuboids are presented. The plate-like shape of 
these particles differs strongly from that of spheres resulting in the second lowest sphericity of 
all investigated particles (𝜙𝜙= 0.63). 
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Fig. 26  Pressure drop in experiments and simulations (left) as well as experiments and correlations (right) for: 
(a, b) 4 mm x 4 mm x 11 mm cuboids, (c, d) 2 mm x 9 mm x 10 mm plates and (e, f) 2 mm x 6 mm x 15 mm cu-

boids. 

The DEM-CFD simulations based on the combination of Hölzer and Sommerfeld and Di Felice 
[12,105] lead to better results (∆𝑝𝑝����= 550 Pa) than the DEM-CFD relying on [8] (∆𝑝𝑝����= 2000 Pa). 
Among the correlations, the equation proposed by Allen et al. results in the best accuracy 
(∆𝑝𝑝����= 875 Pa), while correlations by Ergun [8] and Eisfeld and Schnitzlein [113] lead to devia-
tions of ∆𝑝𝑝����= 1650 Pa and ∆𝑝𝑝����= 1750 Pa, respectively. Similar results as for the plates in Fig. 26c 
and Fig. 26d are obtained by the elongated plates of 2 mm x 6 mm x 15 mm shown in Fig. 26e 
and Fig. 26f. The DEM-CFD involving the force models of Hölzer and Sommerfeld and Di 
Felice [12,105] leads to a good agreement with experimental results (∆𝑝𝑝����= 550 Pa); the DEM-
CFD involving [8] leads to large deviations (∆𝑝𝑝����= 2550 Pa). The correlation by Allen et al. gives 
the best results (∆𝑝𝑝����= 875 Pa) among the applicable correlations; nonetheless the DEM-CFD 
based on the combined models by Hölzer and Sommerfeld and Di Felice [12,105] is more 
accurate. The Ergun correlation [7] (∆𝑝𝑝����= 2150 Pa) and the correlation by Eisfeld and Schnitz-
lein [113] (∆𝑝𝑝����= 2230 Pa) result in a very comparable behavior with just minor deviations among 
each other. 
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4.3 Assessment of pressure drops for diameter ratios D/de = 22  
The results of the experiments, DEM-CFD simulations, and correlations for the smaller, de= 
5 mm sphere equivalent particles are given in Fig. 27. The resulting D/de ratio is larger, there-
fore reducing the influence of possible wall effects. 

 
Fig. 27 Pressure drop in experiments and simulations (left) as well as experiments and correlations (right) for: (a, 

b) 5 mm spheres, (c, d) 4 mm x 5 mm cylinders, (e, f) 3 mm x 9 mm cylinders and (g, h) 4 mm x 4 mm x 4 mm 
cubes. 

Simulations and experiments for spheres with a diameter of de= 5 mm are presented in 
Fig. 27a. It can be seen that the simulation with the DEM-CFD relying on the Ergun-equation  
shows an excellent agreement with the experimental data up to a fluid velocity of 𝑤𝑤f= 2.4 m/s. 
Thereafter, for 𝑤𝑤f> 2.4 m/s a minor deviation occurs. Overall deviations are obtained with 
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∆𝑝𝑝����= 65 Pa. The experimentally obtained pressure drops hardly show any scatter which indi-
cates a packing structure which is highly reproducible from one to the next experimental run. 
The DEM-CFD based on the force models of Hölzer and Sommerfeld and Di Felice [12,105] 
leads to larger deviations of ∆𝑝𝑝����= 200 Pa than the DEM-CFD relying on the submodel by Ergun 
[8] resulting in deviations of 70 Pa. The results for the Ergun-correlation shown in Fig. 5b, 
solved with an averaged porosity shows a good approximation of the experimental data up to 
𝑤𝑤f= 1.6 m/s leading to ∆𝑝𝑝����= 25 Pa in this velocity interval. At higher velocities (𝑤𝑤f> 2.2 m/s) the 
experimentally determined pressure drop deviates significantly resulting in ∆𝑝𝑝����= 510 Pa. The 
best overall results are obtained by the correlation by Dolejš and Machač [114] with ∆𝑝𝑝����= 110 
Pa and Metha and Hawley with ∆𝑝𝑝����= 130 Pa. The largest deviations for the pressure drop of 
spheres in case of D/de= 22 are obtained by the correlation of Reichelt [112] with ∆𝑝𝑝����= 490 Pa. 
Results on the pressure drop for d= 4 mm, h= 5 mm nearly ideal cylinders are shown in Fig. 
27c for DEM-CFD simulations as well as experimental investigations. In case of these parti-
cles, the pressure drop can be accurately described by the DEM-CFD relying on the combina-
tion of the models by Hölzer and Sommerfeld and Di Felice [12,105] (∆𝑝𝑝����= 180 Pa), while the 
results from the DEM-CFD based on the Ergun-equation underestimate the pressure drop by 
a great amount (∆𝑝𝑝����= 1320 Pa). Among the correlations both the correlations by Allen et al. 
[107] (∆𝑝𝑝����= 625 Pa) and by Nemec and Levec [109] (∆𝑝𝑝����= 460 Pa) are able to describe the 
experimental pressure drop adequately as shown in Fig. 27d. Pressure drops for a further 
cylinder shape with a higher aspect ratio of d= 3 mm and h= 9 mm are presented in Fig. 27e. 

The DEM-CFD relying on the combination of Hölzer and Sommerfeld and Di Felice [12,105] 
overestimates the experimental data (∆𝑝𝑝����= 1190 Pa), while the DEM-CFD relying on the Ergun-
equation [8] underestimates pressure drops (∆𝑝𝑝����= 1330 Pa). Nonetheless, the DEM CFD based 
on the combined force models of Hölzer and Sommerfeld and Di Felice [12,105] produces 
slightly better results. Variations in pressure drop between the individual experiments are quite 
small, as longer particles tend to orientate themselves parallel to other objects and by that 
create similar packing structures. Among the correlations (comp. Fig. 27f) the correlation by 
Nemec and Levec [109] results in a very good fit (∆𝑝𝑝����= 140 Pa). Note, that in [109] data on 
particles with a sphericity of 𝜙𝜙= 0.782 has been used for adjusting the correlation (equation 
(24)). This sphericity is close to the sphericity of the d= 3 mm and h= 9 mm particles (𝜙𝜙= 0.78) 
investigated here. Deviations between the correlation by Allen et al. [107] (∆𝑝𝑝����= 685 Pa) and 
Ergun [8] (∆𝑝𝑝����= 785 Pa) as well as Eisfeld and Schnitzlein [113] (∆𝑝𝑝����= 730 Pa) and the experi-
mental data are also quite low. As the last shape de= 5 mm sphere equivalent cubes are ad-
dressed in Fig. 27g and Fig. 27h. The pressure drop can be very well described by both the 
DEM-CFD relying on models [12,105] (∆𝑝𝑝����= 645 Pa) or by the correlation of Allen et al. [107] 
with satisfying accuracy (∆𝑝𝑝����= 335 Pa). Both the DEM-CFD relying on the Ergun-equation as 
well as the Ergun- or Eisfeld and Schnitzlein correlation lead to significant deviations from the 
actual experimental data (∆𝑝𝑝���� > 1500 Pa). In Fig. 28 pressure drops for four different types of 
cuboidal particles which are volume equivalent to de= 5 mm spheres are shown. The first cu-
boid considered in Fig. 28a and Fig. 28b is bar-shaped with w= 3 mm, d= 3 mm, l= 7 mm. The 
DEM-CFD based on the combination of the models of Hölzer and Sommerfeld and Di Felice 
[12,105] is in good alignment with the data from the experiments with ∆𝑝𝑝����= 340 Pa. The DEM-
CFD based on the Ergun-equation leads to significant deviations of ∆𝑝𝑝����= 1800 Pa. The corre-
lation by Allen et al. [107] results nearly in the same level of accuracy (∆𝑝𝑝����= 430 Pa), with bigger 
deviations at lower superficial velocities compared to the DEM-CFD simulation based on drag 
force models by Hölzer and Sommerfeld and Di Felice[12,105]. Other correlations by Ergun 
and Eisfeld and Schnitzlein [8,113] lead to strong deviations (∆𝑝𝑝����> 1500 Pa).  
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A similar situation is obtained for the differently elongated plates in Fig. 28c - Fig. 28h. The 
DEM-CFD based on the force models by Hölzer and Sommerfeld and Di Felice [12,105] ob-
tains very well aligned pressure drops for the 2 mm x 5 mm x 6 mm cuboids with respect to 
the experimental data shown in Fig. 28c (∆𝑝𝑝����= 480 Pa). 

 
Fig. 28 Pressure drop in experiments and simulations (left) as well as experiments and correlations (right) for: 

(a, b) 3 mm x 3 mm x 7 mm, (c, d) 2 mm x 5 mm x 6 mm, (e, f) 2 mm x 4 mm x 8 mm and (g, h) 2 mm x 3 mm x 
11 mm cuboids. 

Also very well aligned is the data for the 2 mm x 4 mm x 8 mm cuboids with ∆𝑝𝑝����= 280 Pa shown 
in Fig. 28e. Some deviations (∆𝑝𝑝����= 1120 Pa) are apparent for the elongated 2 mm x 3 mm x 
11 mm plates (Fig. 28g). The DEM-CFD based on the Ergun-equation leads to significant de-
viations of ∆𝑝𝑝����= 2080 Pa for the 2 mm x 5 mm x 6 mm particles, ∆𝑝𝑝����= 1750 Pa for the 2 mm x 4 
mm x 8 mm cuboids and ∆𝑝𝑝����= 2730 Pa for the 2 mm x 3 mm x 11 mm plates. 



Publication I   55 
 

 

In all cases the correlation by Allen et al. [107] is able to reproduce the pressure drops from 
the DEM-CFD based on the models by Hölzer and Sommerfeld and Di Felice [12,105] with 
good accuracy: ∆𝑝𝑝����= 270 Pa for the 2 mm x 5 mm x 6 mm particles, ∆𝑝𝑝����= 185 Pa for the 
2 mm x 4 mm x 8 mm cuboids and ∆𝑝𝑝����= 465 Pa for the 2 mm x 3 mm x 11 mm plates. Larger 
deviations are attributed to the correlations by Ergun [8] and Eisfeld and Schnitzlein [113] in 
the range of 1500 Pa < ∆𝑝𝑝���� < 2600 Pa. 

4.4 Discussion of frequency distributions of face areas and porosities 
As the bed formation and particle orientation play an important role in the magnitude of the 
pressure drop of particles, these are of interest in the analysis. Additionally, it is of interest if 
these parameters have an influence on the pressure drop deviation of DEM-CFD simulations 
and correlations. In experimental investigations information on the orientation of particles can 
only be obtained for the outside layer of the packing with reasonable effort (comp. sec-
tion 4.I.4.1), when not relying on non-invasive techniques such as e.g. 3D MRI [137]. DEM-
CFD simulations allow a detailed view inside the bed and provide information on the local-
averaged porosity and the cross-sectional area 𝐴𝐴⊥ perpendicular to the flow, which is depend-
ent on the orientation of the particles. In Fig. 29 frequency distributions of the projection area 
for four different D/de= 15 particle types are displayed. For each packing three different regions 
were analyzed comprising of the border, the center of the packing as well as the complete 
volume of the bed referred to as total in Fig. 29. 

 
Fig. 29 Frequency distribution of the projection area in three different regions of the bed for different particle 
shapes: (a) 6 mm x 6 mm cylinders, (b) 4 mm x 14 mm cylinders, (c) 2 mm x 9 mm x 10 mm plates and (d) 5 

mm x 6 mm x 6 mm cubes. 

This differentiation was motivated by the fact that the confining walls influence the orientation 
of the particles. The border region included every particle in 1 cell proximity to the walls. The 
center region consisted of all particles in 2x2 cells in the middle of the vessel. In Fig. 29a results 
obtained for 6 mm x 6 mm ideal cylinders are outlined. A clear difference can be seen between 
the center and the border region, as in the border region the peak is at a smaller cross-sectional 
area. This shows the influence of the walls on the orientation of the particles, as they tend to 
arrange themselves vertically with a higher likeliness when they are adjacent to the walls. For 
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the elongated 4 mm x 14 mm cylinders (Fig. 29b) this behavior cannot be seen. Once particles 
reach a critical aspect ratio, the probability of orientating vertically is greatly reduced. The high-
est frequency can be found for the largest projection area, meaning that the particles are ori-
entated slightly angular to the base of the setup. In Fig. 29c the results for 2 mm x 9 mm x 10 
mm plates are presented. A clear difference between walls and border regions can be seen, 
with the particles in proximity to the wall showing a smaller projection area. This smaller area 
is the result of an orientation parallel to the walls so that only 2x9 - 2x10 mm² of the surfaces 
are oriented towards the flow. Results for cubes outlined in Fig. 29d show an even distribution 
of the projection area, as all surface areas are alike. Only small differences are present be-
tween the center and the border of the packing. In the border region, the probability that a cubic 
particle aligns with the side walls results in cross-sectional areas shifted towards smaller val-
ues. 

The frequency distributions of the porosities are outlined in Fig. 30. For 6 mm x 6 mm cylinders 
porosities are characterized by a pronounced peak. Close to the walls slightly larger porosities 
are obtained (Fig. 30a). Elongated cylinders of 4 mm x 14 mm outlined in Fig. 30b are charac-
terized by a broadened distribution. Significant differences exist between the porosity peak 
value close to the walls and in the center of the packing. 2 mm x 9 mm x 10 mm plates are 
characterized by an even broader distribution with constant frequency values (Fig. 30c). This 
situation is further pronounced in Fig. 30d for 5 mm x 5 mm x 6 mm cubes. 

 
Fig. 30 Frequency distribution of the porosities in three different regions of the bed for different particle shapes: 

(a) 6 mm x 6 mm cylinders, (b) 4 mm x 14 mm cylinders, (c) 2 mm x 9 mm x 10 mm plates and (d) 5 mm x 5 
mm x 6 mm cubes. 

Minimal porosities are calculated with 0.3 up to 0.5. The combination of small porosities and 
large cross-sectional areas influences the pressure drops obtained in the packings. The 2 mm 
x 9 mm x 10 mm plates are an example for particles with a large surface area and a moderate 
mean porosity leading to a large pressure drop. On the other hand, the cubes are characterized 
by low porosities and mean surface area resulting also in a large pressure drop. The accuracy 
with which the DEM-CFD is capable of representing the pressure drop appears to depend 
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strongly on the distribution of the surface area and the porosity. Narrow distributions such as 
for the 4 mm x 14 mm cylinders or for the 2 mm x 9 mm x 10 mm plates result in low deviations 
of the pressure drop of the DEM-CFD when the particle orientation is considered [12,105] of 
12-19 %. Broad distributions of the porosity and the surface areas such as in the case of 5 mm 
x 6 mm x 6 mm cubes lead to large deviations of up to 42 %. For correlations, this observation 
is not confirmed. Their accuracy mainly depends on the situation for which the fitting was per-
formed. 

In case of 5 mm x 6 mm x 6 mm cubes, the correlation by Allen et al. [107] is accurate with a 
mean deviation of 23%, although a broad porosity, as well as surface area distribution, exists. 
On the other hand, 2 mm x 9 mm x 10 mm plates which are characterized by a narrow surface 
area, as well as porosity distribution, are characterized by large pressure deviations of 43 %. 

4.5 Error analysis 

The relative errors for correlations and simulations have been calculated with respect to the 
experiments with the equation  𝛿𝛿𝑥𝑥 = 1

𝑛𝑛
∑ |𝑥𝑥0−𝑥𝑥|

𝑥𝑥
, with 𝑥𝑥0 being the experimental result for each 

velocity and 𝑥𝑥 the respective data from the simulations or correlations. Particles have been 
grouped into spheres, cylinders and cuboids for D/de=15 and D/de=22. The results can be seen 
in Table 111. It can be seen that for D/de= 15 the DEM-CFD simulations relying on the combi-
nation of Hölzer and Sommerfeld and Di Felice [12,105] give the best results for cylinders and 
cuboids. The correlation proposed by Nemec and Levec [109] leads to the second best results 
for cylinders. Similar accuracy is provided by the correlation proposed by Allen et al. [107], but 
both are limited to just this shape. The correlation provided by Ergun [8] leads to a very small 
deviation in case of spheres and is even more precise than when being applied as part of the 
DEM-CFD method. An explanation for this is provided in Fig. 31a.  

Table 11 Relative errors in respect to the experimental results. 

 D/de=15 
Spheres 

D/de =15 
Cylin-
ders 

D/de =15 
Cuboids 

D/de =22 
Spheres 

D/de =22 
Cylin-
ders 

D/de =22 
Cuboids 

CFD-DEM (Hölzer, Som-
merfeld, Di Felice 
[12,105]) 7.3 % 18.2 % 31.0 % 13.8 % 21.8 % 18.8 % 
CFD-DEM (Ergun [8]) 6.9 % 50.3 % 61.7 % 3.6 % 46.8 % 68.5 % 
Ergun [8] 4.8 % 38.6 % 48.0 % 8.6 % 28.1 % 52.3 % 
Mehta, Hawley [110] 4.5 % - - 7.0 % - - 
Reichelt [112] 25.8 % - - 29.1 % - - 
Foumeny et al. [111] 14.8 % - - 17.1 % - - 
Dolejš, Machač [114] 17.8 % - - 9.6 % - - 
Liu, Masliyah [117] 5.5 % - - 9.7 % - - 
Raichura [115] 7.5 % - - 7.4 % - - 
Eisfeld, Schnitzlein [113] 20.5 % 35.7 % 53.5 % 25.0 % 25.0 % 57.5 % 
Gibilaro [53] 22.3 % - - 21.6 % - - 
Nemec, Levec [109] - 19.7 % - - 10.6 % - 
Montillet et al. [16] 25.2 % - - 22.7 % - - 
Cheng [49] 12.4 % - - 15.8 % - - 
Singh et al. [147] 6.9 % 51.9 % 60.2 % 6.9 % 44.3 % 62.2 % 
Allen et al. [107] 19.7 % 21.6 % 41.6 % 18.2 % 30.3 % 12.4 % 
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The bed height is always discretized in terms of the DEM-CFD cells; therefore, a variation in 
the bed height which can be precisely represented in the correlations results in a variation of 
the porosity in the respective DEM-CFD cell. This could lead to large errors in case that the 
filling height varies from the discretization intervals (compare Fig. 31a). In case of D/de= 22 the 
DEM-CFD based on the Ergun-equation leads to the lowest deviation between simulation and 
experiments. The Ergun correlation results in larger deviations which could be explained by 
possible inhomogeneity’s that exist within the packing (e.g. compare Fig. 31b). Pressure drops 
for cylinders are well represented by the DEM-CFD based on [12,105]; additionally, the corre-
lation by Nemec and Levec [109] obtains good results. The same is true for cuboids which are 
also well represented by the DEM-CFD based on the submodels [12,105]; Here the correlation 
by Allen et al. [107] also provides good results. 

 
Fig. 31 (a) Dimensionless pressure drop over a representative cell in the DEM-CFD and as calculated from a 

correlation, (b) average porosity for horizontal cell layers in a DEM-CFD simulation. 

5. Conclusions 
Pressure drops in dense packings involving a number of volume equivalent spherical, cylindri-
cal and cuboidal particles were investigated. Two setups related to the column to particle di-
ameters of D/de= 15 and D/de= 22 were considered. Pressure drops were derived experimen-
tally, from correlations and from DEM-CFD simulations based on a porous approach where 
flow around individual particles is not resolved. The following conclusions can be drawn from 
this study:  

• The analysis of different methods to determine the pressure drop of a fixed bed with differ-
ent particle shapes showed that DEM-CFD simulations are a useful tool to estimate the 
resulting pressure drop. Faster obtainable results than with resolved flow simulations and 
a wider spectrum of describable particle shapes than for traditional correlations are the 
main advantages of DEM-CFD simulations.  

• Complex particle shapes can only be addressed with the DEM-CFD accurately when par-
ticle/fluid interaction force consider the particle orientation such as the combination of 
Hölzer and Sommerfeld [12] and Di Felice [105] or Rong et al. [46] are used. Average 
deviations are calculated with 18.2 % for cylinders and 31.0 % for cuboids in case of 
D/de= 15. In case of D/de=22 which reduces the influence of the walls on the simulation 
outcome average deviations are obtained with 21.8 % for cylinders and 18.8 % for cuboids.  

• DEM-CFD simulations not relying on drag force models that include the particle orienta-
tions result in poor results for the pressure drop with average deviations often exceeding 
50 %. These results confirm numerical results from investigations such as [10].   
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• Some correlations such as the approaches by Allen et al. [107] or Nemec and Levec [109] 
provide some very good predictions for the pressure drop of packing of complexly shaped 
particles sometimes exceeding the accuracy of the DEM-CFD involving models such as 
[12,105]. Accuracy is good if the packing considered for adjusting the constants of the 
specific correlation are close to the conditions where the correlation is applied to. Correla-
tions do not necessarily require a homogenous packing structure such as a narrow distri-
bution of the porosities or the particle surface areas. 

• The accuracy of the DEM-CFD although being overall good, varies strongly from particle 
shape to shape. Investigations indicate that especially inhomogeneous packing structures 
lead to reduced accuracy of the DEM-CFD based on [12,105]. Also of interest is the 
question how DEM-CFD approaches perform in the context of polydisperse packings of 
complexly shaped particles. The influence of variations in the packing structure close to 
walls which are not represented in the DEM-CFD could be much more pronounced in pack-
ings of complexly shaped particles. These issues cannot be addressed through unresolved 
flow simulations. For the future, it is therefore planned to perform resolved flow simulations 
of the packings considered in the investigation here to resolve these issues. 
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II. Flow regime transitions in fluidized beds of non-spherical 
shaped particles 

H. Kruggel-Emden, K. Vollmari 

 
Abstract 

Fluidized beds are regularly involving non-spherical shaped particles especially if biomass is 
involved. For spherical particles, numerous experimental investigations are reported in the 
literature. In contrast, complexly shaped particles are much less investigated. There is a lack 
of understanding of how particle shape influences flow regime transitions. In this study, differ-
ently shaped Geldart group D particles are experimentally examined. Bed height, pressure 
drop, and respective fluctuations are analyzed. With increasing deviations of the particle shape 
from an ideal sphere, differences in the flow regime transition occur with a tendency of the bed 
material to form channels instead of undergoing smooth fluidization. It is shown, that available 
correlations for spherical particles are limited in their applicability when being used to predict 
regime changes in case of complexly shaped particles, so based on existing correlations im-
provements are derived. 
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1. Introduction 
Fluidized beds are widely used in drying, combustion and gasification processes as they pos-
sess favorable characteristics such as fast mixing, uniform temperature distribution and good 
gas-solid contact [90,153]. With recent political developments towards CO2 emission targets 
in the EU and similar initiatives aimed at worldwide, the importance of biomass in energy tech-
nology is growing steadily [154–156]. As especially biomass particles are often not spherical, 
but instead of longish or flat shape [157], the particle shape becomes an important parameter.  

Regarding the comprehension of the fluidization of complexly shaped particles, there is a lack 
of understanding of several aspects [158,159]. Currently, there is only little knowledge on the 
influence of particle properties like size as well as shape on the fluidization behavior. Desired 
would not only be an understanding of the onset of fluidization [68], but also insight into flow 
regime changes in dependence on the fluid velocity as it is well investigated for the fluidization 
of spherical particles [153]. So far different flow regimes have been studied in fluidized beds 
[78,160–162] and circulating fluidized beds exhaustively [78,83,161,163,164], focusing on 
spherical or nearly spherical particles like glass beads or sand. Besides absolute values and 
amplitude analysis of pressure and bed height, spectral analysis, as well as visual 
observations/image analysis and solids distribution, were considered [78].  

Spherical particles passed through by a fluid transition from the fixed to the fluidized bed at the 
minimum fluidization velocity Umf. Above Umf in case of Geldart A particles [93], the bed ex-
pands uniformly with little pressure fluctuations being present [153]. An extensive list of corre-
lations providing information on Umf is provided e.g. by Wu and Baeyens [64] and Suksankrai-
sorn et al. [165]. At Umb bubbling fluidization starts with voids forming near the distributor plate 
leading to bubbles which are growing by coalescence and rising to the surface. Significant 
irregular pressure fluctuations are present with the bubble size increasing with gas velocity. 
For Geldart B and D particles Umb is equivalent to Umf. In the power spectral function obtained 
from fast Fourier transformation, three distinguished peaks can be identified for Geldart group 
A and B particles [161]. Sedighikamal used a recurrence rate analysis of pressure fluctuations 
to characterize bubbling fluidization [166]. When the bubbles reach sizes similar to the column 
diameter slugging is initiated at Ums. The formation of slugging is dependent on the vessel size 
and the fill level [84]. The slugs rise and collapse regularly leading to large and also regular 
pressure fluctuations [153]. Power spectral density functions reveal just one peak whose fre-
quency matches bubble generation and eruption [161]. Satija and Fan identified differences in 
the slugging behavior of finer and coarse particles regarding the onset of slugging [167]. 
McKain et al. derived a correlation for the slug velocity [168]. Singh and Roy [73] and Padhi et 
al. [169] addressed the influence of the vessel geometry on slugging. 

For low bed heights instead of slugging a single bubble bed regime or an exploding bubble 
regime can form out [78]. The first is characterized by the presence of large bubbles whose 
sizes are comparable to the diameter of the vessel; slugging does not occur due to the limited 
bed height [78]. The latter is attributed to bubbles larger than encountered during bubbling 
fluidization. Bubbles are exploding vigorously throwing particles into the freeboard [78]. For the 
definition of the onset of turbulent fluidization two definitions characterized by Uc and Uk are 
common [170]. Either the turbulent fluidization is characterized by the gas velocity where the 
standard deviation of the pressure fluctuations reaches a maximum at Uc or where the stand-
ard deviation levels off at Uk. At Uc bubble coalescence and break-up reach a dynamic balance 
with bubble break up becoming predominant with further increasing gas velocity; at Uk bubble 
break-up and coalescence have stabilized. Often the regime in between Uc and Uk is referred 
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to as intermediate turbulent [78]. Ping et al. [171] showed that the transition velocity to turbulent 
fluidization correlated well with the Geldart particle classification; additionally, a suitable corre-
lation was proposed. Dang et al. investigated the onset of turbulent fluidization in 
microstructured fluidized beds, recently [172]. For Geldart Group B and D particles the leveling 
off of the standard deviation of the pressure fluctuations is often accompanied by the blow-out 
of bed particles [78]. Therefore, the transition of the flow regime into fast fluidization at Use is 
often not observed for batch operated gas-solid fluidized beds [84]. In circulating fluidized beds 
Use can be reached and even exceeded which leads to the transition into dilute-phase transport 
at UCA [90,153]. 

The fluidization of non-spherical particles is much less investigated in the scientific literature. 
Key aspects studied in this context are mainly the onset of minimal fluidization and the behavior 
of binary mixtures of biomass and sand. Flow regime transitions are very sparsely considered. 
An exception forms the investigation by DiMattia et al. [76] who analyzed the slugging fluidiza-
tion of a variety of bed materials including coarse sand, long grain rice, red spring wheat, glass 
beads, pearl barley, and peas. All materials belonged to Geldart group D. DiMattia and cowork-
ers derived a correlation for the onset of slugging and the slugging frequency. Rao et al. firstly 
addressed mixtures of biomass and sand [173] and derived an equation for the onset of mini-
mum fluidization based on an effective particle diameter deff and an effective particle density 
ρeff. Dependent on the sphericity of particles φ Kozanoglu et al. [72] investigated the hydrody-
namics of large fluidized spherical and non-spherical particles under reduced pressure. Based 
on the results they derived a correlation for Umf. A broad variety of aspects of the fluidization 
of biomass was discussed by Cui and Grace [158] in the context of an extensive review. The 
onset of fluidization of complexly shaped particles was studied again by Liu et al. [70]. They 
were the first to propose a correlation for Umf relying on the Zingg factor [71] to account for the 
shape influence. Zhong et al. [68] successfully extended correlations for Umf applicable to bio-
mass particles previously addressed by Rao et al. [173]. Mixing and segregation resulting out 
of the fluidization of such systems were investigated by Zhang et al. [174]; in a follow-up in-
vestigation image processing was applied and pressure fluctuations recorded [175]. Other 
studies focusing on special biomass/inert material mixtures were performed more recently by 
Chok et al. [176], Paudel and Feng [69] and Oliveira et al. [159]. Complex shaped biomass 
particles which have undergone torrefaction were studied by Rousset et al. [177]. Asif [178] 
derived a model for the volume contraction in binary-solid mixtures which was applied to pre-
dictions of Umf.  

As only limited investigations of fluidization with well-defined particle shapes were performed 
and especially flow regime transitions beyond the onset of minimal fluidization are considered 
only sparsely, a contribution is intended through the investigation here. Performed experi-
mental investigations are explicitly also provided as reference investigations for future numer-
ical studies. They allow characterizing the fundamental influence of the particle shape on the 
fluidization behavior. Based on this, the accuracy of existing correlations from the literature for 
the prediction of flow regime transition velocities will be examined for a selection of complexly 
shaped particles.  

2. Theoretical Background 
2.1 Flow Regime Descriptions 

Starting from the packed bed with increasing gas velocity the minimum fluidization velocity Umf 
is agreed upon as the superficial velocity at which the pressure-drop through the bed is equal 
to the bed weight per unit cross-sectional area. This value can be readily determined through 
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experiments. To predict the minimum fluidization velocity a variety of correlations have been 
proposed. One way of identifying the minimum fluidization velocity is the use of pressure drop 
correlations (compare [179]). Correlations like the Ergun equation [8] rely on the porosity ɛmf 
at the minimum fluidization velocity and require insight into the average particle sphericity ϕ or 
the surface volume diameter dSV= 6Vp/Ap, with Ap describing the surface and Vp the volume of 
the particle. The sphericity 𝜙𝜙 = �36π ∙ Vp2/𝐴𝐴p3�

0.5 is a measure for the resemblance of a par-
ticle to a sphere. As an alternative approach to [60], many investigators deviated from the form 
set by equations like the Ergun equation and developed correlations with empirical constants 
based on fixed values for ɛmf [9,64] to obtain the minimum fluidization velocity Umf . Most of 
these correlations for the prediction of the minimum fluidization velocity rely on the Archimedes 
number defined as 𝐴𝐴𝑓𝑓 = 𝜌𝜌𝑀𝑀�𝜌𝜌𝑝𝑝 − 𝜌𝜌𝑀𝑀�𝑑𝑑𝑝𝑝3𝑔𝑔/𝜇𝜇𝑀𝑀2  with the solid density ρp and the gravitational con-
stant g. To consider the particle shape, the surface volume diameter dSV is used as the char-
acteristic particle diameter in the correlations addressed in this study. A recent study by Pjontek 
and Macchi [180] confirmed the usefulness of dSV for accounting for shape effects. Additionally, 
the volume equivalent particle diameter defined as dV= (6/πVp)1/3 can be used to describe non-
spherical particle diameters. As no other shape parameters such as the sphericity ϕ or others 
(comp. e.g. [71]) are accounted for in most of these correlations, the effectiveness to predict 
Umf for different complex shaped particles may vary. Table 2 gives an overview over correla-
tions from literature for the prediction of the minimum fluidization velocity Umf. Details on the 
correlations by Wen and Yu [9], Baeyens and Geldart [64], Bourgeois and Grenier [67], Rich-
ardson and Da St. Jeromino [66], Saxena and Vogel [65] Goroshko et al. [64] as well as Wu 
and Baeyens [64] can be found in the paper by Wu and Baeyens [64]. Further details on the 
correlations by Chitester et al. [62], Nakamura et al. [63] and Werther can be found in Si-
dorenko and Rhodes [181].  

The correlation by Grace [61] is further discussed in [153]. The correlation by Paudel and Feng 
[69] is adapted from biomass/sand mixtures in which the biomass content is up to 100 %; its 
coefficients consider the particle shape to some extent. The correlation by Zhong et al. [68] is 
also derived from biomass/inert material mixtures but can also be applied to biomass fractions 
of 100 %. Liu et al. [70] derived a correlation for complexly shaped particles and correlated Umf 
of complexly shaped particles to that of spheres with the help of the Zingg factor [71] to model 
for the shape influence. Kozanoglu et al. [72] derived correlations for Umf for pressures below 
atmospheric values (47-67 kPa); they incorporated the influence of shape by taking into ac-
count the sphericity ϕ.  

The minimum slugging velocity Ums is another significant transition velocity that becomes rele-
vant at superficial velocities larger than the minimum fluidization velocity. This velocity de-
scribes the onset of slugging fluidization, the state when gas bubbles extend over the entire 
diameter of the column. The occurrence of slugging is dependent on the column to particle 
diameter ratio D/dp and the bed height. For shallow and wide beds no slugging will occur 
[73,168,169]. Therefore, slugging is usually of little relevance in industrial scale fluidized beds. 
Thus far, no conclusive study has been conducted on the influence of particle shapes on the 
slugging behavior. For the case that the minimum fluidization velocity is needed for the further 
calculation of the minimum slugging velocity, the experimentally determined velocity was used 
in the investigation here. It can be All of the correlations analyzed in this study except for the 
ones by Singh and Roy [73] and Fatah and Flamant (as cited in DiMattia et al. [76]) depend on 
the minimum fluidization velocity. Only the equation by DiMattia et al. [76] and Ho et al. [77] 
account for the particle shape by explicitly considering the particle sphericity. 
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The onset of the transitional regime in-between the slugging, single or exploding bubble regime 
(depending on the bed characteristics) and the turbulent regime is characterized by the transi-
tion velocity Uc. This velocity is defined as the velocity at which the standard deviation of the 
pressure drop plotted over the superficial velocity reaches its maximum value. At this velocity 
bubble coalescence and break-up reach a dynamic balance. A further increase in the superfi-
cial velocity will lead to a predomination of bubble break-up over coalescence [182]. Another 
definition by Yerushalmi and Cankurt [170] states Uc as the velocity where the maximum 
slug/bubble size is obtained. The turbulent regime is then characterized as the velocity range 
where bubbles/slugs are broken up. Between the two flow regimes, the intermediate turbulent 
regime can be found, which marks a regime combining characteristics of both states. Results 
from the present study are found in agreement with this theory, so Uc is defined as the minimum 
velocity which initiates the intermediate turbulent regime. The study by Jaiboon et al. [160] 
gives an overview of available correlations and compares them with experimentally gained 
data. Additionally, Dang et al. [172] compare several correlations in their investigation.  

If the superficial velocity is increased further, eventually the turbulent regime starts. At this 
velocity bubbles or slugs disappear completely and instead voids, thus gas structures with 
poorly defined shapes form out [78]. The velocity Uk marks this transition. Yerushalmi and 
Cankurt [170] defined Uk as the velocity where the amplitude of the pressure fluctuations does 
not decrease any further or levels off. Johnsson et al. found that for circulating fluidized beds 
Uc and Uk may vary depending on the measurement method and the applied solid return sys-
tem [164].  

As for Geldart B and D particles, the leveling off of the standard deviation of the pressure 
fluctuations is often accompanied by the blow-out of bed particles [78] at Uk, which is the case 
here, the transition of the flow regime into fast fluidization at Use is not observed. This is well in 
agreement with experience with batch operated gas-solid fluidized beds in the literature [84]. 

2.2 Methods for Pressure Drop and Pressure Fluctuation Analysis 

Pressure is a quantity easily recorded in both industrial and laboratory scale fluidized beds. It 
can give information on both time-averaged and dynamic features of fluidization [183]. An ex-
ample of a time-averaged quantity is e.g. the pressure drop across the bed which can give 
information on the bed height during e.g. bubbling fluidization where the solids concentration 
in the bed is homogenous. In contrary pressure fluctuations (giving information on the dynamic 
behavior of fluidization) have been analyzed both in the time and the frequency domain 
[160,161,164] in the past; only the first is applied in the investigation here. Pressure fluctua-
tions can be evaluated both on absolute and differential pressure in fluidized beds, where the 
first is evaluated in the investigation here [183]. The pressure drop has been recorded as dif-
ferential property. The standard deviation as a measure of the amplitude of the pressure fluc-
tuations is calculated with: 

𝜎𝜎 = � 1
𝑁𝑁−1

∑ (𝑥𝑥(𝐾𝐾) − �̅�𝑥)²𝑁𝑁
𝑛𝑛−1 , (116) 

where N is the total number of samples with x being the measured pressure signal. The aver-
age value �̅�𝑥 is derived as: 

�̅�𝑥 =
1
𝑁𝑁
�𝑥𝑥(𝐾𝐾)
𝑁𝑁

𝑛𝑛−1

. (117) 

 



Publication II   65 
 

 

2.3 Particle Sample Characterization 

As complexly shaped particles can vary greatly in shape, a classification is needed. Shape 
parameters like the sphericity 𝜙𝜙 cannot exhaustively map all information about the particle 
shape. For example, it is possible that an elongated cylinder and a square plate share the 
same sphericity, even though they differ greatly in their respective shape und thus in their 
behavior in a fluidized bed. To factor these differences in, a simple classification model pro-
posed by Zingg [71] is used in this study. He introduced a classification of particles relying on 
the minimum volume bounding box so that three distinct shapes can be differentiated: 

𝑙𝑙 ~ 𝑤𝑤 ~ 𝑡𝑡 → 𝑔𝑔𝑓𝑓𝑐𝑐𝐾𝐾𝑢𝑢𝑙𝑙𝑅𝑅, 
𝑙𝑙 ~ 𝑤𝑤 ≠ 𝑡𝑡 𝑓𝑓𝑓𝑓 𝑙𝑙 ≠  𝑤𝑤 ≠ 𝑡𝑡 → 𝑐𝑐ℎ𝑖𝑖𝑝𝑝, 

𝑙𝑙 ≠  𝑤𝑤 ~ 𝑡𝑡 → 𝑓𝑓𝑖𝑖𝑏𝑏𝑅𝑅𝑓𝑓, 
(118) 

where l is the length, w is the width and t is the thickness of the respective bounding box. For 
a more precise definition the elongation ratio q, defined as the thickness (short length) divided 
by the width (intermediate length), and the flatness ratio p, defined as the width (intermediate 
length) divided by the length (longest length), can be calculated.  

 

Fig. 32 Particle classification according to Zingg [71]. 

Zingg set the limiting value for the particle types to p=q=2/3. With the shape factor F given by: 

𝐹𝐹 =
𝑝𝑝
𝑞𝑞

, (119) 

differences between particles in one class can be further characterized. A value for the shape 
factor F<1 indicates flat particles, values of F≈1 indicate equidimensional particles and F>1 
characterizes elongated particles [184]. Compared with the sphericity, which evaluates the 
roundness of a given particle is, this method [71] is able to describe the particle shape more 
accurately, as two characteristics, elongation and flatness, are considered instead of only one. 
The elongation and flatness of a particle are directly related to the amount of interlocking be-
tween particles in a packing and therefore have a major influence on the onset of fluidization 
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and the developing fluidization regimes. However, limitations exist if curved or porous particles 
are examined. 

The particles used in this study differ in size and shape and were classified according to Zingg 
into the three groups of granules, fibers, and chips, which are shown in Fig. 32, while the size 
can be categorized by the particle volume equivalent to a d= 7 mm and d= 5 mm sphere.  

Table 12 Particle properties including the classification according to Zingg [71], the shape, the volume equivalent 
sphere diameter dV, the surface volume diameter dSV, the particle dimensions, the density ρp and the sphericity φ. 

Classification Granule Granule Granule Granule Granule Granule 
Shape Sphere Sphere Ideal Cylinder Ideal Cylinder Cube Cube 
 

      
dV/ dSV [mm] 7  7.2 5  5.0 7  6.1 5  4.3 7  5.8 5  4.3 
Size [mm]  7.2   5.0  6.1  6.2 4.0  5.0 5.2  6.3  6.3 4.2  4.3  4.5 
ρp [kg/m³] 772.5 823.0 708.5 719.3 746.9 716.8 
p /q /F [-] 1  1  1 1  1  1 1  0.98  1.02 1  0.9  1.27 0.84  0.97  0.87 0.98  0.95  1.03 
𝜙𝜙 [-] 1  1 0.87 0.87 0.80 0.81  
Classification Fiber Fiber Fiber Fiber   
Shape Elongated Cyl-

inder 
Elongated Cyl-
inder 

Elongated Cu-
boid 

Elongated Cu-
boid 

  

 

    

  

dV/ dSV [mm] 7  5.2 5  3.8 7  5.3 5  3.7     
Size [mm] 3.9  14.0 3.0  9.0 4.2  4.2  11.4 3.0  3.0  7.1   
ρp [kg/m³] 764.4 760.4 639.7 745.6     
p /q /F [-] 1  0.28  3.61 1  0.32  3.08 1  0.37  2.74 0.97  0.43  2.25     
𝜙𝜙 [-] 0.75 0.78 0.73 0.75     
Classification Chip Chip Chip Chip Chip    
Shape Plate Plate Elongated 

Plate 
Elongated 
Plate 

Elongated Cu-
boid 

   

 

     

   

dV/ dSV [mm] 7  4.5 5  3.5 7  4.2 5  3.4 5  3.2    
Size [mm] 2.2  9.0  9.8 2.0  4.9  6.0 2.0  6.0  14.9 2.0  4.0  8.0 2.0  3.0  11.0    
ρp [kg/m³] 672.8 754.1 721.7 756.6 728.1    
p /q /F [-] 0.25  0.91  0.27 0.41  0.82  0.5 0.34  0.41  0.82 0.5  0.5  1.02 0.65  0.27  2.4    
𝜙𝜙 [-] 0.63 0.71 0.58 0.69 0.64    

It can be seen that chip shaped particles take up values of both F<1 which indicates a square 
shaped and F>1 which indicates an elongated particle. All examined particles are of Geldart 
group D and either have a column to particle diameter ratio D/dV of 15 or 22 in the experimental 
setup used here (see section 4.II.3). The diameter dV of a respective particle is the volume 
equivalent diameter of a corresponding sphere. All particles are fabricated from beech wood; 
hence they show slight differences in their respective densities. The exact dimensions and 
densities of all particles used in this study can be found in Table 12.   
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3. Experimental Setup 
An antistatic polycarbonate vessel (width = depth = 0.11 m and height = 0.81 m) has been 
used to carry out the experimental investigations shown in Fig. 33.  

 
Fig. 33 Schematic of the experimental setup.  

The antistatic polycarbonate prevents electrostatic effects from influencing the fluidization. As 
the fluid distributor, a porous plate with an open area of 37 % is installed at the bottom of the 
bed. To assure for an even air distribution in the vessel flow straighteners are placed under-
neath the orifice. Multiple pressure tapping points are distributed along the side of the vessel, 
with a total of 3 pressure transducers (Newport Omega PD41X-V-50 mbar) connected to them. 
Two of these pressure transducers measure the absolute pressure in the chamber at 0.05 m 
and 0.1 m height. The other pressure transducer measures the differential pressure between 
h = 0.77 m and h = -0.02 m. The frequency of the pressure data acquisition was chosen as 
f= 250 Hz so that dynamic processes in the bed which typically occur at 3-6 Hz can be ob-
served well resolved. Obtained frequency and placement of the pressure transducers were 
chosen in agreement with [95,185]. Data on pressure fluctuations shown in section 4.II.3 is 
based on absolute pressure measurements for the pressure fluctuations and differential pres-
sure for the absolute pressure drop of the system. A measuring track with an orifice disk was 
used to determine the fluid mass flow and respective velocity. A high-speed digital camera 
(Optronis CL600x2) was used to capture a series of images with a frame rate of f= 250 Hz at 
each fluid velocity considered. The obtained images were analyzed qualitatively to identify flow 
structures and regimes as well as with a Matlab script to determine the average bed height 
and bed height fluctuation. For this, the bed height was defined as the mean value across the 
vessel width of the topmost location at which a particle could be visually encountered. This 
was achieved by pixelwise checking of the color values across the obtained image to deter-
mine if a given pixel differed from the background color. Note, that the bed height fluctuations 
were calculated in alignment to the pressure fluctuations (comp. section 4.II.2.2).  
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3.1 Experimental Procedure 

Particles were filled into the bed following always the same procedure so that constant bed 
heights were maintained for every experimental run. Note that the initial orientation distribution 
of the particles in the bed has a strong influence on the initial fluidization. In this study, the 
particles were dropped from a height equal to the height of the vessel and then the surface 
was straightened. By following the same filling procedure carefully overall equal orientation 
distributions were maintained. 

A constant accumulated particle mass of m= 535 g was maintained throughout all experiments. 
The superficial velocity was increased in steps of 0.1 m/s starting slightly below the minimum 
fluidization velocity of each particle class. The upper limit was marked by the velocity at which 
particles started to get discharged. At every velocity, the pressure data was recorded for one 
minute which corresponds to 15,000 data points. Every experiment was repeated multiple 
times and the results were averaged, hereby the particles were completely taken out of the 
vessel after each run. Note that only these averaged values are shown in the following in order 
not to overload the figures. 

4. Results and Discussion 
In the following subsection a qualitative analysis of the fluidization behavior of the differently 
shaped particles is performed exemplarily for granules (p,q > 2/3), chips (p<2/3) and fibers 
(q<2/3, p>2/3). Thereafter, qualitatively obtained results are discussed based on pressure drop 
and bed height and their fluctuations. Obtained transition velocities are then benchmarked with 
available correlations and improvements are suggested. 

4.1 Flow Regime Characterization 

Multiple time series of pictures have been sighted for each particle type and 8 distinct flow 
regimes were identified (compare Table 13 shown later). The nomenclature was chosen to be 
in agreement with Zijerveld et al. [78]. Note, that in this investigation the exploding bubble 
regime is characterized as in [164]; however, in contrast to [164] it is succeeding the slugging 
fluidization and is characterized by particles being projected into the freeboard region by erupt-
ing bubbles. This definition extends/modifies the explanation given in section 4.II.1. The clas-
sification of particles into the three groups of near spherical granules, elongated fibers, and flat 
chips is a useful classification for the characterization of the fluidization behavior. Particles 
inside each group share the same fluidization behavior, which is exemplarily shown in the 
following figures. Fig. 34a-f outline the fluidization behavior of ideal cylinders (granule particles) 
with the dimensions’ d = 6.1 mm and h = 6.2 mm and Fig. 34g-m summarize observations from 
plates (chip-shaped particles) with the dimensions’ w = 2 mm, t = 4.9 mm and h= 6 mm in 6 or 
7 distinct flow regimes. The latter is attributed to channel formation to some extend in-between 
fixed bed (Fig. 34g) and bubbling fluidization (Fig. 34i). Note, that most other chip type particles 
show active channel flow (compare the fiber-shaped particles shown in Fig. 35c) in subse-
quence to the passive channel flow regime. Slugging fluidization (Fig. 34c, Fig. 34j) and the 
consequent exploding bubble regime (Fig. 34d, Fig. 34k) show similar behavior, but the bed 
surface of the slugging bed remains even, while single particles are conveyed into the free-
board above the bed by bursting bubbles in the exploding bubble regime. Differences between 
the bubbling and the slugging regime lie mostly in the size of the bubbles/slugs, which for the 
bubbling regime do not fill the entire column diameter.  
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Fig. 34 Flow regimes and the computed bed expansion (white line) of granule particles for d = 6.1 mm and h = 
6.2 mm ideal cylinders and chip particles for w =2 mm, t = 4.9 mm, h = 6.0 mm plates at increasing superficial 
velocities for (a,g) fixed bed (FB), (h) passive channel flow (pCF), (b,i) bubbling fluidization (BF), (c,j) slugging 
regime (SF), (d,k) exploding bubble regime (EB), (e,l) intermediate turbulent regime (ITF) and (f,m) turbulent 

regime (TF). 

A constant expansion of particles into the freeboard and therefore an increasing bed height is 
characteristic for the intermediate turbulent regime (Fig. 34e, Fig. 34l) and turbulent regime 
(Fig. 34f, Fig. 34m). In contrast to the turbulent regime (Fig. 34f, Fig. 34m) the intermediate 
turbulent regime shows an accumulation of particles in the bottom part of the bed as well as 
occasional slugs /exploding bubbles. Consequently, due to the amassed particles in the bottom 
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of the bed, the bed height for the turbulent regime increases at a higher rate for most particle 
types, as the formerly amassed particles get distributed evenly. 

In Fig. 35 fluidization of h = 14.3 mm and d= 3.9 mm elongated cylinders (fiber-shaped parti-
cles) is exemplarily displayed. With q<2/3, but p>2/3 they reveal fluidization characteristics in-
between granules and chips. Compared with the fixed bed (Fig. 35a) the bed height rises mar-
ginally as channels form out (Fig. 35b). The more the shape of a particle differs from a sphere 
(p<2/3), the higher the interlocking between particles. This initial interlacing is then, with in-
creasing velocity, broken up locally and the fluid follows the formed channels where flow re-
sistance is low. The location and quantity of the formed channels depend on the initial bed 
structure and differs between multiple repetitions of the same experiment.  

 
Fig. 35 Behavior of fiber shaped particles (d =3.9, h = 14.3 mm) at increasing superficial velocities and the 
computed bed expansion (white line) showing (a) fixed bed (FB), (b) passive channel flow (pCF), (c) active 

channel flow (aCF), (d) slugging fluidization (SF), (e) exploding bubble regime (EB), (f) intermediate turbulent 
regime (ITF) and (g) turbulent fluidization (TF).  

With an increase in the superficial velocity, the formerly motionless particles begin to move. 
For particles with shape factors that differ strongly from F= 1, instead of a direct transition into 
the bubbling or slugging fluidization the channel flow regime persists even at elevated fluid 
velocities. This is especially true for chips but also to a lesser extent for fibers. Here, the ve-
locity in the channels increases with rising superficial velocity and particles get blown-out out 
of the channels into the freeboard region, see (Fig. 35c). This jet formation results in an in-
crease in the bed height, as particles get propelled upwards with high velocities. To distinguish 
both channel flow regimes, they have been dubbed as passive channel flow which takes place 
between the first movement of the bed at Umf and the onset of fluidization at Uf, defined as the 
velocity at which the bed gets into motion [162] and active channel flow which follows after-
wards and is characterized by jet formation and particle movement. Succeeding active channel 
flow, slugging fluidization (Fig. 35d) or for some particle shapes bubbling and slugging fluidi-
zation forms out instead. 
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Table 13 Flow regime classification and description.  

Abb. Regime Name, Velocity Range Appearance 
FB Fixed Bed 

0 < U < Umf 
No particle movement; gas flows through orifices in the 

bed. The minimum fluidization velocity marks the upper 
limit of this state. 

CF Passive Channel Flow 
Umf < U < Uf / Ub 

One or multiple channels form in the bed; after initial 
movement particles reach a steady state and no further 
movement can be observed.  

Active Channel Flow  
Uf < U < Ub / Ums   

Particles get sucked into jets at the bottom of the bed and 
leave them with high velocities forming fountains. Bed 
particles move downwards so that a circulating motion 
occurs, with much lower velocities of the bed particles 
compared to the particles in the jets. Constant move-
ment of particles; no steady state. 

BF Bubbling Fluidization 
Uf / Umf / Ub < U < Ums / Ueb 

The bed is fluidized and slightly expanded; few bubbles 
develop and rise in the bed; general particle movement 
is low. 

SF Slugging Fluidization 
Ums < U < Ueb / Uc 

Voids fill most of the column cross-section; particles are 
lifted periodically by the bubbles. The bed surface re-
mains smooth. 

EB Exploding Bubble Fluidization 
Ueb < U < Uc 

Bubbles erupt at the surface of the bed and particles are 
propelled upwards; the bed surface remains even be-
tween bursting bubbles. Depending on the previous flu-
idization state the bed can occur as bubbling or slug-
ging. 

ITF Intermediate Turbulent 
Fluidization 
Uc < U < Uk 

Transitional state between exploding bubble and turbulent 
regime. High expansion of the bed with fast-moving par-
ticles; denser particle clusters form at the bottom half of 
the bed and more dilute particle clusters are found in 
the top half of the bed. Periodic slugging is possible. 

TF Turbulent Fluidization 
Uk < U < Use 

Strongly extended bed with no distinguishable surface. 
Big chunks of particles moving through the bed; no ac-
cumulation of particles in the bottom part of the vessel. 
The porosity increases as the solids expands in the 
vessel. 

These regimes are then followed by exploding bubble (Fig. 35e), intermediate turbulent (Fig. 
35f) and turbulent regime (Fig. 35g). Note that Uf is equal to Umf if no channel flow forms out 
such as for granules. A detailed description of every flow regime found in this study and the 
limiting velocities are given in Table 13. In addition to the velocities Umf, Ums, Uc, Uk described 
in section 4.II.2.1, the bubbling velocity Ub, defined as the velocity when bubbling fluidization 
begins after the channel flow deceases, as well as the exploding bubble velocity Ueb, defined 
as the velocity where the exploding bubble regime starts to develop can be used to character-
ize the regime transition. Uf divides passive and active channel flow regimes. Furthermore, the 
transport velocity Use describes the velocity when fast fluidization is reached which is however 
not exceeded in the system here as particles are already blown-out at velocities smaller than 
Use for some particle types even before reaching Uk. Results for the transition velocities ob-
tained in this investigation as well as further governing parameters are listed in Table 14. Note 
that channel flow regimes are only attributed to chip and fiber-shaped particles. With strong 
interlocking especially chip shaped particles strongly deviate from the fluidization behavior en-
countered for granules especially at elevated fluid velocities. 
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Table 14 Obtained flow regime transition velocities and governing parameters for granule, fiber, and chip like par-
ticles. Note that Ar is the Archimedes number, hs is the static bed height and ε is the respective porosity. Data 

given in bold is attributed to particles outlined in Figs. 3 and 4. 

  Size  Ar hs ε Umf Uf Ub Ums Ueb Uc Uk 
  [mm] [-] [cm] [-] [m/s] [m/s] [m/s] [m/s] [m/s] [m/s] [m/s] 

 7.2 - - 9.4E+6 9.5 0.40 1.4 - - 1.6 2.5 3.5 - 
 5.0 - - 3.3E+6 8.8 0.39 1.0 - - 1.1 1.9 2.7 3.3 

 6.1 6.2 - 5.3E+6 9.8 0.36 0.8 - - 1.1 2 2.5 3.3 
 4.0 5.0 - 1.8E+6 9.8 0.37 0.7 - - 0.8 1.5 2.0 3.0 

 4.2 4.3 4.5 1.9E+6 9.7 0.36 0.6 - - 0.9 1.6 2.1 2.7 

 5.2 6.3 6.3 4.9E+6 9.2 0.36 0.7 - - 0.9 1.8 2.3 3.4 

 3.0 9.0 - 1.3E+6 9.5 0.39 0.8 0.9 1.4 - 1.6 2.8 3.5 

 3.9 14.0 - 3.6E+6 10.3 0.44 0.8 1.3 - 1.8 2.1 3.0 3.5 
 3.0 3.0 7.1 1.2E+6 10.3 0.42 0.6 - 0.9 1.2 1.7 2.2 2.8 

 4.2 4.2 11.4 3.1E+6 11.5 0.40 0.8 - 1.1 1.3 1.8 2.5 3.0 
 2.0 4.9 6.0 1.0E+6 10.2 0.43 0.6 - 0.9 1.2 1.5 2.3 2.9 
 2.0 4.0 8.0 1.0E+6 10.8 0.46 0.6 1.0 1.3 - 1.7 2.4 2.9 

 2.0 3.0 11.0 8.0E+5 11.7 0.48 0.6 1.1 1.6 - 2.2 2.9 - 

 2.2 9.0 9.8 2.0E+6 12.1 0.46 0.6 1.3 - 2.1 - 2.6 - 

 2.0 6.0 14.9 1.7E+6 12.4 0.51 0.7 2.0 2.9 - - - - 
 

4.2 Pressure Drops, Bed Heights, and Respective Fluctuations 

Results for the pressure drop and bed expansion of granule particles are shown in Fig. 36. The 
left column (Fig. 36a, 5c, 5e) outlines results for the particles with a column to particle diameter 
ratio D/dV = 15, while the right column (Fig. 36b, Fig. 36d, Fig. 36f) shows the particles of equal 
shapes but smaller size with D/dV=22. The corresponding flow regimes are indicated by the 
abbreviations introduced in Table 13. Velocities are normalized with the minimal fluidization 
velocity Umf, which can be clearly identified as the instance of a constant rise in the standard 
deviation of the pressure drop, for better comparison. For particles forming active channel flow 
Uf is used instead of Umf, for particles only forming passive channels Ub is used, which are both 
attributed to a significant, persisting rise in the standard deviation of the pressure drop. As the 
pressure drop and pressure fluctuations are both measured in Pa while being of different mag-
nitude, a logarithmic scale has been chosen for better presentability. The pressure drops only 
allow for limited identification of the prevailing flow regimes. Differences between the fixed bed 
and fluidized bed can be observed, but once fluidized the pressure drop of a system remains 
relatively unchanged with increasing superficial gas velocities. The analysis of the pressure 
fluctuations, however, allows identifying a sequence of flow regimes well in alignment for all 6 
different particle types, starting at the fixed bed, which then at the minimum fluidization velocity 
Umf transitions into bubbling fluidization. Afterward, at the velocity Ums slugging starts; this can 
be detected by a sudden rise in the standard deviation of the average bed height. The slugging 
fluidization regime lasts until the gradient of the standard deviation of the pressure drop ab-
ruptly decreases. This instance marks the beginning of the exploding bubble regime, where 
gas bubbles erupt on the surface of the bed and propel particles upwards into the freeboard 
region. It can be observed that the velocity in relation to Umf is in good agreement for the same 
shapes which are plotted next to each other. 
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Fig. 36 Pressure drop, standard deviation of the pressure drop and the average bed height as a function of nor-

malized velocity with respect to Umf for granule particles of the type (a) 7 mm sphere, (b) 5 mm sphere, (c) 6 mm x 
6 mm ideal cylinders, (d) 4 mm x 5 mm ideal cylinders, (e) 5 mm x 5 mm x 6 mm cubes and (f) 4 mm x 4 mm 

x 4 mm cubes. 

For Figs. 36a and 36b it equals to Ueb≈1.8·Umf, for Figs. 36c and 36d Ueb≈ 1.95·Umf and for 
Figs. 36e and 36f it is roughly Ueb≈ 2.55·Umf.The beginning of the exploding bubble regime is 
followed by a plateau with a constant standard deviation for a range of increasing fluid veloci-
ties. A single maximum value of the standard deviation of the pressure drop, attributed to the 
transitional velocity Uc as reported in the literature [164] cannot be found. Instead, the largest 
velocity still attributed to a constant standard deviation σ marks the velocity Uc, where bubble 
breakup starts to become dominant over coalescence. This is indicated by both the decreasing 

a.

 

b. 

c. d. 

e. f. 
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standard deviation as well as a qualitative analysis of the recorded images. The following in-
termediate turbulent flow regime turns into the turbulent regime with increasing velocities. This 
transition can be detected by a rise of the gradient of the bed height, which confirms the find-
ings of Thornton et al. [186], who addressed spherical particles only. The onset of the turbulent 
regime can be easily spotted in the standard deviation of the pressure drop σ for d=5 mm 
spheres (Fig. 36b) and both types of cylinders (Figs. 36c, 36d) as a change in the gradient of 
the graph. However, for cubes (Figs.36e, 36f) there is no obvious change in the gradient of the 
graph; instead, there is one in the gradient of the bed height. This contrasts literature which 
suggests (comp. [164,170]) that the turbulent regime begins when the amplitude of the pres-
sure fluctuations starts to level off.  

For Geldart D particles this behavior only seems to be observable for some particle shapes 
like spheres and cylinders, while for cubes a leveling off cannot be observed even though the 
turbulent regime was identified by optical analysis. A further increase of the superficial velocity 
from turbulent fluidization onwards would lead to pneumatic transport with particle discharge. 
The largest standard deviation can be found for dV= 7 mm spheres (Fig. 36a) with σmax= 125 
Pa, followed by cubes (Fig. 36e) with σmax= 108 Pa and cylinders (Fig. 36c) with σmax= 107 Pa 
with nearly identical values. The same ranking can be observed for D/dV= 22 particles too, with 
the dV= 5 mm spheres (Fig. 36b) revealing σmax= 96 Pa and both the cubes (Fig. 36f) and 
cylinders (Fig. 36d) leading to σmax= 87 Pa. If the bed height is analyzed, a steady expansion 
of the average bed height with increasing velocities can be observed for all particle types up 
until the transition velocity Uk. Around the onset of the turbulent regime the bed expansion rate 
increases as the bed height rises up faster, due to the more even distribution of the particles 
and less accumulation of solids in the bottom of the bed. In Fig. 37 pressure drops, standard 
deviations and average bed heights for the four investigated different fiber type particles are 
shown, with D/dV= 15 particles in the left (Figs. 37a, 37c) and D/dV= 22 in the right column 
(Figs. 37b, 37d). Compared with the results from granule particles in Fig. 36 it can be seen that 
channel flow instead of bubbling fluidization forms out, which cannot be detected by the normal 
pressure drop solely, but becomes apparent if both, pressure drop and pressure fluctuations, 
are observed together. 

During the initial passive channel flow with no particle movement, the standard deviation of the 
pressure drop remains on a constant level at a value similar to that of the fixed bed at its 
highest possible fluid velocity, while the pressure fluctuations obtain a local peak and decline 
again. This combined information can be used to characterize the extent of the passive chan-
nel flow (comp. Figs. 37a-d). Significant peaks in the standard deviation of the pressure can 
be observed e.g. for d= 4 mm and h= 14 mm elongated cylinders (Fig. 37a), h= 4 mm, w=4 
mm and l= 11 mm elongated cuboids (Fig. 37c) and h= 3 mm, w= 3 mm and l= 7 mm elon-
gated cuboids (Fig. 37d); the peaks are a result of the restructuring of the bed. With prolonged 
time the bed comes to a steady state and particle movement stops. Only a further increase in 
the fluid velocity results in the onset of additional particle motion. Observations show that two 
particle types, square-shaped elongated cuboids (Figs. 37c, 37d), transition into bubbling flu-
idization after passive channel flow, while the remaining two particles (Figs. 37a, 37b) are 
showing active channel flow. If the shape Factor F is analyzed it can be seen that the 4 mm x 
4 mm x 11 mm elongated cuboids (Fig. 6c) have a shape factor of F= 2.74 and the 3 mm x 3 
mm x 7 mm elongated cuboids (Fig. 6d) have a shape factor of F= 2.25. 
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Fig. 37 Pressure drop, standard deviation of the pressure drop and average bed height fas a function of nor-
malized velocity with respect to Uf/Ub for fiber particles of the type (a) 4 mm x 14 mm elongated cylinder, (b) 
3 mm x 9 mm elongate cylinder, (c) 4 mm x 4 mm x 11 mm elongated cuboid and (d) 3 mm x 3 mm x 7 mm 

elongated cuboid. 

The remaining fiber particles have shape factors values of F= 3.6 for the 4 mm x 14 mm elon-
gated cylinders (Fig. 37a) and F= 3.08 for the 3 mm x 9 mm cylinders (Fig. 37b). The total 
length of a particle does not seem to influence the formation of channel flow as there are 
granule particles of equal size which do not show the tendency to form channels. Therefore, it 
can be reasoned that the threshold for active channel flow instead of bubbling fluidization lies 
between a shape factor value of 2.74 < Facf < 3.08. Note that active channel flow or the bubbling 
regime cannot be differentiated in between without qualitative analysis of visually obtained 
data, as the standard deviation of the pressure fluctuations shows comparable results for both 
regimes. 

With increasing superficial velocities either slugging or bubbling fluidization occurs. Both 
D/dV= 15 particles lead to slugging, but for D/dV= 22 only the 3 mm x 3 mm x 7 mm elongated 
cuboids are attributed to this. The 3 mm x 9 mm cylinders undergo bubbling fluidization instead. 
The shape factor of F=3.08 is larger than that of the 3 mm x 3 mm x 7 mm cuboids with F= 2.25. 
The occurrence of slugging seems to be dependent on the shape factor, and the column to 
particle diameter ratio D/dV. Low values of the diameter ratio and values for F that differ strongly 
from 1 seem to benefit the formation of slugging. The exploding bubble regime can be found 
for all 5 particle types; in case of the 3 mm x 9 mm cylinders (Fig. 37b) it is not easily recognized 
by simply analyzing the pressure standard deviation as there seems to be only a small range 
with constant values before a decrease with inclining fluid velocity begins. 

a. b. 

c. d. 
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Fig. 38 Pressure drop, standard deviation of the pressure drop and of the average bed height as a function of 
normalized velocities with respect to Uf/Ub for chip particles of the type (a) 2 mm x 9 mm x 10 mm plates, (b) 2 
mm x 5 mm x 6 mm plates, (c) 2 mm x 6 mm x 15 mm elongated plates, (d) 2 mm x 4 mm x 8 mm elongated 

plates and (e) 2 mm x 3 mm x 11 mm elongated cuboids. 

Qualitative analysis of the images helped to clearly identify the transitional velocity Uc. The 
maximum standard deviation was identified for 4 mm x 14 mm cylinders (Fig. 37a) as σmax= 90 
Pa and for the volume equivalent 4 mm x 4 mm x 11 mm cuboids (Fig. 37c) with σmax= 76 Pa. 
For the dV= 5 mm equivalent particles the largest standard deviation occurs for the 3 mm 
x 9 mm cylinders (Fig. 37b) with σmax= 81 Pa followed by the 3 mm x 3 mm x 7 mm cuboids 
(Fig. 37d) with σmax= 72 Pa.  

a. b. 

c. d. 

e. 
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The findings for chip type particles are shown in Fig. 38, with D/dV= 15 particles in the left 
column (Fig. 38a, Fig. 38c) and D/dV= 22 in the right column (Fig. 38b, Fig. 38d, Fig. 38e). 
Similar to fiber type particles channel flow can be observed. For the D/dV=15 particles (Fig. 
38a, Fig. 38c) this channel flow lasts up to U=2.1 m/s for 2 mm x 9 mm x 10 mm plates and 
U=2.9 m/s for the 2 mm x 6 mm x 15 mm elongated plates. The elongated plates (Fig. 38c) 
started getting discharged shortly afterward. Therefore, the turbulent regime cannot be ob-
served. The 2 mm x 9 mm x 10 mm plates (Fig. 38a) showed slugging subsequently to the 
active channel flow and then transitioned into the intermediate turbulent fluidization regime. 
The D/dV= 22 particles also show passive channel flow, which transitions into single bubble 
and slugging fluidization for 2 mm x 5 mm x 6 mm plates (Fig. 38b) and into active channel 
flow and bubbling fluidization for 2 mm x 4 mm x 8 mm elongated plates (Fig. 38d) as well as 
for 2 mm x 3 mm x 11 mm elongated cuboids (Fig. 38e). An indication of the presence of active 
channel flow can be a sudden major jump in the average bed height (compare Fig. 38e for 
2 mm x 3 mm x 11 mm elongated cuboids). 

This increase in the average bed height is the result of jet formation inside of the bed, which 
then propels particles upwards at high velocities. It has to be kept in mind that this behavior is 
only observed for particles with a large shape factor F. All three particle types show the ex-
pected regime changes afterward towards larger fluid velocities with exploding bubble, inter-
mediate turbulent and turbulent fluidization. 

The exploding bubble regime was reached at roughly the same velocity at Ueb≈ 1.7·Uf in Fig. 
38b and Fig. 38d, while in Fig. 38e it was reached already at Ueb≈ 1.4·Uf. The onset of the 
turbulent fluidization is observed shifted in velocity for the 2 mm x 5 mm x 6 mm plates (Fig. 
38b) at Uk= 3.2·Uf compared to Uk= 2.9·Uf for the 2 mm x 4 mm x 8 mm elongated plates (Fig. 
38d) and Uk= 2.5·Uf for the 2 mm x 3 mm x 11 mm elongated cuboids (Fig. 38e). The highest 
standard deviation is found for the 2 mm x 9 mm x 10 mm plates (Fig. 38a) with σmax= 94 Pa 
and for the 2 mm x 6 mm x 15 mm elongated plates (Fig. 38c) with σmax= 91 Pa. The smaller 
particles showed a maximum standard deviation of σmax= 85 Pa for the 2 mm x 3 mm x 11 mm 
elongated cuboids (Fig. 38e), of σmax= 69 Pa for the 2 mm x 5 mm x 6 mm plates (Fig. 38b) 
and of σmax= 78 Pa for the 2 mm x 4 mm x 8 mm elongated plates (Fig. 38d). 

 

4.3 Comparison of Experiments with Correlations 

In this section, a comparison of the significant velocities Umf, Ums, Uc, and Uk that have been 
determined experimentally and through available correlations is carried out. The results of this 
comparison are given in Fig. 39, where the absolute velocity values are displayed for every 
particle type; experimentally determined velocities are plotted in black squares for all particle 
shapes and velocities. The minimum fluidization velocity Umf (Fig. 39a) is overestimated by 
most of the available correlations if compared to the experimental values. The best results can 
be obtained with the equation by Goroshko and coworkers (as cited in [64]) for all shape cate-
gories that include complexly shaped particles. Numerical values of the average deviations for 
all correlations are given in Table 15. The particles have been sorted according to their sphe-
ricity from ɸ= 1 for spheres up to ɸ= 0.588 for the 2 mm x 6 mm x 15 mm elongated plates in 
Fig. 39a. It becomes apparent, that the sphericity alone cannot describe the influence of the 
particle shape on the onset of fluidization as the as the trend with respect to the sphericity is 
not monotonic. 
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Fig. 39 Transition velocities obtained experimentally and from correlations for the minimum fluidization velocity 

Umf (a), the minimum slugging velocity Ums (b), the transitional velocities Uc (c) and Uk (d). 

Investigations with the shape factor F or the aspect ratio do not give conclusive results on this 
matter either. More complex parameters like the orientation as well as the interlocking between 
particles influence the onset of fluidization which are not considered in the available correla-
tions. The results of multiple correlations for the minimum slugging velocity are displayed in 
Fig. 39b. Only the correlation by Singh and Roy [73] and Fata and Flamant [76] do not involve 
the minimum fluidization velocity Umf as an input parameter. Generally, the results are in a 
decent match for some particle shapes, while the slugging velocity for the majority of particles 
is again greatly overestimated. The equations that include the minimum fluidization velocity 
Umf are able to reproduce the ratio between Umf and Ums for granule particles but not for fiber 
and chip type particles, consequently there must be a relation between the minimum fluidiza-
tion velocity Umf and the minimum slugging velocity Ums for complex shaped Geldart D particles 
as long as no channel flow due to interlocking occurs. The equation by DiMattia and coworkers 
[76], makes use of this fact by multiplying the minimum fluidization velocity with a factor that is 
dependent on the logarithm of the sphericity. This factor increases with decreasing sphericity. 
So for granule particles, good agreement can be achieved, while the velocities for fiber and 
chip type particles are underestimated by this approach. The results for the estimation of the 
transition velocity from exploding bubble to intermediate turbulent fluidization Uc and the cor-
responding experimental velocities are displayed in Fig. 39c. Most correlations analyzed in this 
study have the same form and are dependent on the Archimedes Number Ar. 

The equations by Nakajima et al. [82] and Grace and Bi [84] are able to get the best fit to the 
experimental results. The change into the turbulent regime is marked by the transition velocity 
Uk shown in Fig. 39d. It can be seen that the correlations mostly overestimate the experimental 
results, the best agreement for all particle types was achieved by the correlation by Tsukada 
(Tsukada, 1995). The correlation by Bi and Fan also gives good results for Uk for all particle 
classes. 
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Table 15 Relative deviations of correlations for the transitional velocities (Umf, Ums, Uc, and Uk) that indicate regime 
changes in the fluidized bed; bold characters indicate the best result for each shape category. 

Umf 
Spheres 
[%] 

Granules 
[%] 

Fibers 
[%] 

Chips 
[%] 

Total 
[%] 

Werther [60] 25.4 54.8 69.7 97.1 72.9 

Wen and Yu [9] 99.8 99.8 99.8 99.8 99.8 

Grace [61] 8.4 35.6 28.5 35.3 33.6 

Chitester et al. [62] 12.5 47.2 42.1 52.8 47.7 

Nakamura et al. [63] 8.2 40.8 35.2 44.5 40.5 

Wu and Baeyens [64] 14.4 45.3 34.3 38.5 40.1 

Goroshko et al. [64] 7.9 24.5 15.3 19.6 20.4 

Saxena and Vogel [65] 22.2 60.3 55.3 67.7 61.4 

Richardson and Da St. Jeromino [66] 7.5 29.9 21.7 30.7 28.0 

Bourgeois and Grenier [67] 8.3 37.5 31.5 41.5 37.2 

Baeyens and Geldart [64] 6.9 33.1 23.8 27.0 28.6 

Zhong et al. [68] 168.6 204.6 153.2 141.6 169.9 

Paudel and Feng [69] 69.1 122.1 115.7 133.4 124.2 

Liu et al. [70]  3.9 53.3 90.7 87.2 74.6 

Kozanoglu et al. [72] 1823.4 54.7 61.3 72.9 62.5 

Ums           

Singh and Roy [73] 139.3 155.8 53.1 18.7 102.9 

Stewart and Davidson [74] 94.1 92.4 94.4 94.9 93.4 

Baeyens and Geldart [75] 4.4 7.5 35.3 49.0 22.6 

DiMattia et al. [76] 9.2 10.9 30.8 41.8 21.9 

Ho et al. [77] 37.7 41.8 13.5 11.6 28.6 

Fatah and Flamant [76] 1050.7 1237.6 784.6 598.6 997.9 

Uc           

Jin et al. [80] 59.6 51.7 56.7 57.5 54.8 

Chehbouni et al. [81] 28.4 16.6 27.4 30.5 23.6 

Nakajima et al. [82] 18.3 8.4 18.1 22.1 15.1 

Chalermsinsuwan et al. [83] 36.5 26.3 36.0 39.0 32.7 

Grace and Bi [84]  17.4 37.0 19.7 16.9 26.3 

Horio and Morishita [85] 24.7 44.2 24.4 19.1 31.4 

Lee and Kim [86] 65.2 61.2 69.1 73.6 67.0 

Ellis et al. [87] 3191.1 3326.2 2434.3 1949.1 2677.9 

Yang and Leu [88] 40.7 61.8 38.4 30.1 46.0 

Leu and Lan [89] 292.4 335.3 253.8 215.4 277.7 

Uk        

Tsukada [91] 9.6 15.0 6.6 9.7 10.3 

Horio and Morishita [85] 516.8 531.2 470.0 443.0 497.2 

Bi and Fan 1 [92] 19.7 23.0 18.1 24.1 20.3 

Bi and Fan 2[92] 20.5 23.7 18.8 24.8 21.0 
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4.4 Extension of Correlations 

As most of the correlations were unable to provide satisfying results for Geldart D particles, 
new correlations have been derived by refitting parameters on the basis of the correlation by 
Goroschko et al. [64] for the minimum fluidization velocity Umf, the correlation by DiMattia et al. 
[76] for the minimum slugging velocity Ums, the correlation by Nakajima et al. [82] for the tran-
sitional velocity Uc, and the correlation by Tsukada (Tsukada, 1995) for the transitional velocity 
Uk. The updated correlations read as follows: 

𝑈𝑈𝑚𝑚𝑝𝑝 = � 𝐴𝐴𝑟𝑟
1400+6.1802√𝐴𝐴𝑟𝑟

� 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑆𝑆𝑉𝑉

, (120) 

𝑈𝑈𝑚𝑚𝑑𝑑 = 𝑈𝑈𝑚𝑚𝑝𝑝�1.1915 − 2.3088 log (𝜙𝜙)�, 
 

(121) 

𝑈𝑈𝑐𝑐 = 0.6345 ∙ 𝐴𝐴𝑓𝑓0.4811 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑆𝑆𝑉𝑉

, (122) 

𝑈𝑈𝑘𝑘 = 1.3098 ∙ 𝐴𝐴𝑓𝑓0.4455 ∙ 𝜇𝜇𝑔𝑔
𝜌𝜌𝑔𝑔∙𝑑𝑑𝑆𝑆𝑉𝑉

. (123) 

In Table 16 the relative deviation between experiments and the newly derived correlations is 
given in percent for the three particle classes (granules, chips, fibers) as well as spheres and 
in total. The results show that the overall approximation quality improves, but at the same time 
decreases for certain particle shapes. The minimum slugging velocity shows a deviation of 
nearly 40 % when chip type particles are analyzed. The slugging velocity of granule particles, 
that do not show channel flow behavior, can be approximated with good accuracy while fiber 
and chip type particles which experience channel flow show high deviations. For a better ap-
proximation of complex shaped Geldart D particles, especially interlocking between particles 
needs to be examined more thoroughly in further studies e.g. with particle-based simulations 
(comp. e.g. [186]), as this seems not only to influence the onset of the fluidization but through 
the formation of channels also the slugging regime.  

Table 16 Relative deviations between experiments and updated correlations for the transitional velocities (Umf, 
Ums, Uc, and Uk). 

  
Spheres 
[%] 

Granules 
[%] 

Fibers 
[%] 

Chips 
[%] 

Total 
[%] 

Umf 20.3 17.0 8.5 6.4 11.2 

Ums 6.3 8.1 22.5 38.1 17.5 

Uc 6.3 15.1 7.8 9.2 11.4 

Uk 12.6 8.3 11.4 6.7 9.1 
 

5. Conclusions 

Pressure fluctuations in a laboratory scale fluidized bed involving a number of different shaped 
and sized Geldart D particles were investigated. Particles were grouped into granules, fibers, 
and chips, depending on their respective bounding box according to [71]. Standard deviations 
of the pressure fluctuations and the average bed expansion were examined under increasing 
superficial fluid velocities. Eight different flow regimes were identified; some of them being 
transitional regimes. The regime changing velocities were compared to correlations. Based on 
the data measured in this study, four correlations have been adapted for the use of complex 
shaped Geldart D particles which achieve a better fit for most particle types. The following 
conclusions can be drawn from this study: 
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• The classification of particles into the three groups of granules, fibers, and chips ac-
cording to the ratios of the dimensions of the respective bounding box [71] proved to 
be a useful approach in the characterization of particle behavior in the fluidized bed. It 
allows for a quick estimation of the potential flow behavior especially in regards to chan-
nel flow. 

• Fiber and chip shaped particles are prone to form channel flow, whereas granule par-
ticles smoothly transition into bubbling/slugging fluidization. Channel flow can be di-
vided into two regimes, passive channel flow which occurs between the minimum flu-
idization velocity Umf and the sudden increase of the standard deviation of the pressure 
drop at the fluidization velocity Uf and active channel flow which starts thereafter. Pas-
sive channel flow is characterized by a standstill of the particles. In some  

• cases, initial particle movement will occur until an equilibrium state is reached and all 
particle movement comes to a halt. Jet formation and dynamic particle movement are 
characteristics of active channel flow. 

• The particle shape has a strong influence on the fluidization behavior. In comparison 
with spheres, complexly shaped particles reach the minimum fluidization velocity at 
lower fluid velocities. The complete fluidization velocity, that is obtained when all parti-
cles in the bed are in motion, moves further away from the minimum fluidization velocity 
with decreasing sphericity. For granule particles, both velocities are identical, while for 
shapes that differ strongly from that of a sphere, full fluidization may only occur at high 
velocities.  

• Fiber type cuboids with a shape factor F of 2.25 and 2.74 transition directly into bubbling 
regimes without passing through the active channel flow. Their elongation thereby 
seems to be below a critical value, so that they behave more like granules. Further 
analysis of the exact magnitude of deviation from a spherical shape at which active 
channel flow starts should be the subject of further investigations. 

• The fluidization velocity Uf can be determined by a sudden rise in the standard deviation 
of the pressure fluctuations. For complexly shaped particles a leveling off of the stand-
ard deviation of the pressure drop as the starting point of the turbulent regime as it is 
described in the literature could not be observed for all shapes. 

• For granules there seems to be a direct relationship between the minimum fluidization 
and the minimum slugging velocity; for fiber and chip type particles no direct or shape 
factor related correlation between those velocities was found. 

• Current correlations which are not optimized for complexly shaped particles cannot 
precisely predict the characteristic transition velocities of the fluidization regimes. New 
correlations were derived (see equation (120-123)) to fit the data better; still, some 
errors remain for certain particles as not all influence factors can be addressed in a 
correlation. Simulations can be a useful tool to study the underlying forces and influ-
encing factors to gain better insight. 

• The porosity and the amount of interlocking are further parameters that are particle 
shape dependent and have an influence on the minimum fluidization velocity as well 
as the minimum slugging velocity. These parameters can hardly be determined 
experimentally so that simulations can be a useful tool to study the behavior of fluidized 
beds in deeper detail in the future. 
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III. Experimental and numerical study of fluidization and pressure 
drop of spherical and non-spherical particles in a model scale 
fluidized bed 

K. Vollmari, R. Jasevicius, H. Kruggel-Emden 
 

Abstract 

A laboratory scale fluidized bed was examined experimentally and numerically involving differ-
ently sized wooden Geldart-D particle shapes. Simulations were performed with a coupled 
DEM-CFD approach, which involves a drag force model that realizes for the particle shape and 
orientation. To validate the drag force model and to learn more about the fluidization behavior 
of non-spherical particles the pressure drop, particle height and orientation distributions were 
analyzed. To gain comparable data from the experiments, a PTV-Matlab script was developed 
to detect particles and determine their orientations and heights. Experimental and numerical 
results are in good agreement for most particle types; differences in the pressure drop can be 
allocated to mismatching particle heights or orientations. Differences in the particle height dis-
tribution are a result of particles that stack up in corners or close to the vessel walls. It was 
found that despite these local deviations the DEM-CFD can accurately reproduce the orienta-
tion behavior of elongated particles, which with increasing velocity align themselves with the 
flow. For elongated particles below a certain elongation ratio, this behavior could not be ob-
served, which was confirmed by both experiments and simulations. 
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1. Introduction 
Fluidized beds are widely used in mechanical process engineering, energy technology, and 
processing technology and are often attributed to operational problems [187–190]. Some of 
these problems are directly related to the particle orientation, e.g. segregation of elongated 
particles from equidimensional particles. To overcome them and to additionally improve prod-
uct quality or enhance energy efficiency, experimental and numerical investigations are avail-
able as viable tools. As experimental investigations are costly at industrial scales and cannot 
easily be scaled up from laboratory size experiments, the simulation and detailed analysis of 
fluidized bed processes is not only of academic but also of industrial interest. Furthermore, the 
usually dense two-phase systems in fluidized beds are not easily examined experimentally. 
Optical approaches like FOP, LDV, PTV, PIV [191] are often limited to the outer planes of a 
fluidized bed or are invasive; noninvasive techniques for the investigation of the interior of a 
bed like PEPT, RPT, MPT or RFID are whether difficult to apply or still in development 
[192,193]. In contrary simulations provide reliable, full access to the fluidized bed if being 
properly validated, without interrupting the particle motion or flow processes. As fluidized beds 
are multi-phase systems, approaches that combine two simulation frameworks offer a high 
level of accuracy. The coupled discrete element method (DEM)- computational fluid dynamics 
(CFD) approach, that combines discrete particle tracking with a cell-averaged fluid simulation 
has proven capable for the simulation of fluidized beds with spherical particles in the past [194–
198]. The discrete element method developed in 1979 dates back to Cundall and Strack [29] 
and since then has been applied in a wide range of fields. The first coupled DEM-CFD simu-
lation to describe a fluidized bed was performed by Tsuji et al. [7] as early as 1993 for a two-
dimensional system of 2400 spherical particles. With increasing computational power three 
dimensional systems including up to 4.5 million particles became possible, recently [199]. A 
comprehensive review of the developments and applications of the DEM for spherical particles 
was given by Zhu et al. [148,200]. However, spherical particles are only able to describe real 
systems, meaning systems that comprise of complexly shaped particles, to a limited degree. 
Large, non-spherical particles are especially of interest for refuse-derived fuel and biomass 
[201], drying applications [202], food processing [72] and bulk solids handling [203]. Therefore, 
in recent years the implementation of complexly shaped particles gained more and more at-
tention [31,204–207]. A review on recent developments of the DEM including the realization of 
complexly shaped particles was given by Lu et al. [11], who consider the particle shape as one 
of the most important factors to be considered in DEM simulations. 
Complex shapes can be expressed through multiple methods including superquadrics, poly-
hedrons and clustered spheres [31]. The approximation quality can thereby vary from very 
rough to very fine and will affect the run time of the simulation. Where a compromise between 
accuracy and speed should be drawn, needs to examined individually [208]. Polyhedrons are 
able to represent angular shapes accurately with low polygon counts, while with increasing 
polygon counts not only model type particles (cubes, cuboids, pyramids, tetrahedrons, etc.), 
but also real particles with uneven surfaces and edges can be approximated [209]. As fine 
approximations are difficult to obtain, automated solutions were developed in recent years. 
Latham et al. [210] presented a method utilizing a 3D laser ranging system to capture irregular 
geometries into 3D models. Williams et al. [211] developed an image-based segmentation 
technique that is able to acquire particle shapes. 
A first contribution to the simulation of two-phase systems involving non-spherical particles 
was made by Zhong et al. [212], who investigated cylindrical particles approximated through 
clustered spheres with the DEM-CFD utilizing the drag force model by Tran Cong et al. [213] 
during dilute flow in a fluidized bed. However, this approach is not suitable for dense particle 
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systems as the influence of the void fraction is not appropriately considered. Recently an im-
proved and very versatile drag force model for single, complex shaped particles was proposed 
by Hölzer and Sommerfeld [12]. This model in combination with a model for the representation 
of the void fraction by Di Felice [105] has been used in many recent DEM-CFD-studies ad-
dressing complex shaped particles such as in the investigation by Hilton et al. [10], who simu-
lated a fluidized bed involving four types of complex shaped particles, expressed through 
superquadrics. A modification of the model by Di Felice [105] was proposed by Rong et al. 
[46]. Results obtained by Hilton et al. [10] showed that in fluidized systems the particle shape 
has a strong influence on the pressure drop and traditional correlations like the Ergun-equation 
[8] were not able to correctly reproduce this. A similar modeling approach to [10] was chosen 
by Zhou et al. [145] who simulated ellipsoidal and oblate particles and who thereby confirmed 
that the general flow behaviors of the examined particles could be reflected through the DEM-
CFD. Corn-shaped particles consisting of clustered spheres were examined by Ren et al. 
[214,215] in a spouted bed. They examined the approximation quality of particles clustered 
with different accuracy. Oschmann et al. [144] compared among other shapes ideal cylinders 
approximated by either polyhedrons or clustered spheres and found a faster mixing rate for 
clustered particles. Other gas-solid systems that have been examined by the DEM-CFD in-
clude pneumatic conveying [216,217] and fixed beds [179]. 
So far obtained numerical and experimental results indicate that in fluidized systems that in-
volve complex shaped particles the particle orientation is an important factor that influences 
the process quality [218,219] and the fluidization behavior [144,220] and should, therefore, be 
analyzed further. Image analysis of fluidized beds has been widely used to examine voids and 
bubbles [221–223] and particle velocities on the basis of the particle tracking velocimetry (PTV) 
[224]; PTV can also be used to study the orientations of particles. Experimental investigations 
of the orientation distributions of cylinders and cubes in pipe flow have been performed by 
Zitoun et al. [225] and numerical investigations by Ku and Lin [226] and Zhang et al. [227]. The 
orientations of cylindrical particles with different elongation ratios were examined numerically 
and experimentally by Cai et al. [228] in fluidized beds. The tendency of elongated particles to 
align themselves with the flow was confirmed in all three studies. In the DEM particle orienta-
tions are crucial for the contact detection and determination of the rotational movement. 
Furthermore, local porosities can vary depending on the particle orientation so that a fixed bed 
of equal overall porosity involving complexly shaped particles behaves differently than a pack-
ing consisting of spheres [179].  
To test the validity of the DEM-CFD to precisely predict particle orientations, to gain further 
knowledge about the particle shape influence on particle orientation in gas-solid flows and to 
further validate the applicability of the implemented DEM-CFD submodels for the drag force 
calculation [12,105], a comparative experimental and numerical study with a fluidized bed op-
erated with 13 differently sized and shaped particle classes is carried out. A particle tracking 
script was derived and validated to perform PTV. It is implemented in Matlab and allows de-
tecting particle positions and orientations of selected particles in the experiments. Based on 
this, a comparison with DEM-CFD simulation is possible, where particle positions and orienta-
tions are inherently available over time.  

2. Methodology 
2.1 DEM-CFD approach for the simulation of fluidized beds 

In this study, an Eulerian-Lagrangian approach was used to describe the fluidized system. 
Hereby particles are tracked discreetly, while the fluid phase is modeled as a continuum by 
solving the volume averaged Navier-Stokes equations [148]. In the DEM the translational and 
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rotational motion is obtained by integrating Newton’s and Euler’s equations of each particle 
given by 

𝑚𝑚𝑖𝑖
𝑑𝑑2�⃗�𝑥𝑖𝑖
𝑑𝑑𝑡𝑡2

= �⃗�𝐹𝑖𝑖𝑐𝑐 + �⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 + 𝑚𝑚𝑖𝑖�⃗�𝑔, (124) 

𝐼𝐼𝑖𝑖
𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖
𝑑𝑑𝑑𝑑

+ 𝑊𝑊���⃗ 𝑖𝑖 × �𝐼𝐼𝑖𝑖𝑊𝑊���⃗ 𝑖𝑖� = 𝛬𝛬𝑖𝑖−1𝑀𝑀��⃗ 𝑖𝑖, 
(125) 

with the particle mass 𝑚𝑚𝑖𝑖, particle acceleration 𝑑𝑑2�⃗�𝑥𝑖𝑖 𝑑𝑑𝑡𝑡2⁄ , contact force �⃗�𝐹𝑖𝑖𝑐𝑐, particle/fluid 
force �⃗�𝐹𝑖𝑖

𝑝𝑝𝑝𝑝, gravitational force 𝑚𝑚𝑖𝑖�⃗�𝑔, angular acceleration 𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖 𝑑𝑑𝑡𝑡⁄ , angular velocity 𝑊𝑊���⃗ 𝑖𝑖, external 
moment resulting out of contact or particle/fluid forces 𝑀𝑀��⃗ 𝑖𝑖, the inertia tensor along the principal 
axis 𝐼𝐼𝑖𝑖 and the rotation matrix converting a vector from the inertial into the body fixed frame 𝛬𝛬𝑖𝑖−1. 

Complex shaped particles are modeled through the polyhedron method, which allows to pre-
cisely reproduce angular shapes by compositing triangles. The triangular surface mesh that 
represents the particle makes it necessary to adjust the contact detection model so that a 
common plane algorithm [31] is used as a basis. Contact force laws are applied similarly as 
used for spherical particles [149,150]. A linear spring damper model is used to provide the 
normal component of the contact forces:  

�⃗�𝐹𝑛𝑛 = 𝑘𝑘𝑛𝑛𝛿𝛿𝐾𝐾�⃗ + 𝛾𝛾𝑛𝑛𝜈𝜈𝑟𝑟𝑒𝑒𝑒𝑒𝑛𝑛 , (126) 

where 𝑘𝑘𝑛𝑛 is the spring stiffness, 𝛿𝛿 the virtual overlap, 𝐾𝐾�⃗  a normal vector, 𝛾𝛾𝑛𝑛 a damping coeffi-
cient and 𝜈𝜈𝑟𝑟𝑒𝑒𝑒𝑒𝑛𝑛  the normal velocity in the contact point. Both 𝑘𝑘𝑛𝑛 and 𝛾𝛾𝑛𝑛 determine the coefficient 
of normal restitution between particles 𝑅𝑅𝑃𝑃𝑃𝑃𝑛𝑛  as well as particles and walls 𝑅𝑅𝑃𝑃𝑊𝑊𝑛𝑛 . For the calcula-
tion of the tangential forces a linear spring limited by the Coulomb condition is used:  

�⃗�𝐹𝑑𝑑 = 𝑚𝑚𝑖𝑖𝐾𝐾�𝑘𝑘𝑑𝑑�𝜉𝜉�,𝜇𝜇𝐶𝐶��⃗�𝐹𝑛𝑛�� ∙ 𝑡𝑡, (127) 

where 𝑘𝑘𝑑𝑑 is the stiffness of a linear spring, 𝜇𝜇𝐶𝐶  is the friction coefficient, 𝜉𝜉 is the relative tangential 
displacement and 𝑡𝑡 is the tangential unit vector. No rotational friction is considered. 

Computational Fluid Dynamics (CFD) in an Eulerian framework is used to describe the fluid 
phase. Hereby the inside of the fluidized vessel is meshed with a hexagonal Cartesian grid. 
The fluid velocity is then addressed as a spatially averaged quantity in each cell. The fluid 
properties and velocity vector of each cell is then passed on to the DEM through the CFD-
framework. The equation of continuity (108) and the equation of momentum (109) are solved: 

𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓�
𝜕𝜕𝑑𝑑

+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢�⃗ � = 0, (128) 
𝜕𝜕�𝜀𝜀𝑓𝑓𝜌𝜌𝑓𝑓𝑢𝑢��⃗ �

𝜕𝜕𝑑𝑑
+ ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢�⃗ 𝑢𝑢�⃗ � = −𝜀𝜀𝑝𝑝∇p + ∇�𝜀𝜀𝑝𝑝𝜏𝜏����� + 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝�⃗�𝑔 + 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑, (129) 

where 𝑢𝑢�⃗ 𝑝𝑝, 𝜌𝜌𝑝𝑝 and p are the physical fluid velocity, density and pressure. 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 is the volumetric 
particle/fluid interaction applied in each CFD cell, 𝜀𝜀𝑝𝑝  is the local fluid porosity and 𝜏𝜏̿ is the fluid 

viscous stress tensor �̿�𝜏 = 𝜂𝜂e ��∇𝑢𝑢�⃗ 𝑝𝑝�+ �∇𝑢𝑢�⃗ 𝑝𝑝�
−1� with 𝜂𝜂e the effective viscosity determined from 

the standard k-ε turbulence model. The particle/fluid interaction 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 is given component wise 
as 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑𝑖𝑖 =  �̅�𝛽𝑖𝑖(𝑢𝑢𝑖𝑖 − �̅�𝑣𝑖𝑖), where 𝑣𝑣𝚤𝚤�  is the fluid cell averaged particle velocity and �̅�𝛽𝑖𝑖 is the fluid cell 
averaged particle/fluid friction coefficient with i=x, y, z.  
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The particle/fluid force  �⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 consists of all individual particle/fluid forces including the drag force 

�⃗�𝐹𝑖𝑖𝑑𝑑 and pressure gradient force �⃗�𝐹𝑖𝑖
∇𝑝𝑝 acting on a particle i written as  �⃗�𝐹𝑖𝑖

𝑝𝑝𝑝𝑝 = �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖
∇𝑝𝑝. Both can 

be combined to �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖
∇𝑝𝑝 = 𝛽𝛽𝑖𝑖𝑉𝑉𝑖𝑖�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�/ �𝜀𝜀𝑝𝑝�1 − 𝜀𝜀𝑝𝑝��, where Vi is the particle volume. For the 

calculation of the drag force �⃗�𝐹𝑖𝑖𝑑𝑑 and the combined drag and pressure gradient force �⃗�𝐹𝑖𝑖𝑑𝑑 +
�⃗�𝐹𝑖𝑖
∇𝑝𝑝various models are available. Some approaches are only capable of the description of 

spherical particles, while the approach by Di Felice [105], where the force for an isolated spher-
ical particle is calculated and altered by the influence of surrounding particles is also suitable 
for non-spherical particles. Note, that other models are also available for realizing the particle 
system influence [46] which are however not used here. The respective resulting combined 
drag and pressure gradient force reads 

�⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 = �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖

∇𝑝𝑝 =
1
2
𝜌𝜌𝑝𝑝 �𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝1−𝜒𝜒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�, (130) 

where 𝐶𝐶𝐷𝐷 is the drag coefficient, 𝐴𝐴⊥ is the cross-sectional area perpendicular to the flow and 𝜒𝜒 
a correction factor. Equation (130) can be rewritten in terms of the particle/fluid friction coeffi-
cient as 

𝛽𝛽𝑖𝑖 = 1
2
𝜌𝜌𝑝𝑝𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖��1 − 𝜀𝜀𝑝𝑝�

1
𝑉𝑉𝑖𝑖 
𝜀𝜀𝑝𝑝(1−𝜒𝜒). (131) 

𝜒𝜒 is calculated as a function of the particle Reynolds-number 𝑅𝑅𝑅𝑅 = 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑑𝑑𝑒𝑒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖� 𝜂𝜂f⁄  as 

𝜒𝜒 = 3.7− 0.65 exp (− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ), (132) 

with 𝑑𝑑𝑒𝑒 = �6
𝜋𝜋
𝑉𝑉p�

1/3
 the diameter of a volume equivalent spherical particle and 𝜂𝜂f the fluid vis-

cosity. The drag coefficient 𝐶𝐶𝐷𝐷 of a single particle (spherical or non-spherical) can be derived 
from correlations such as Hölzer und Sommerfeld [12] which can be written as  

𝐶𝐶𝐷𝐷 =
8
𝑅𝑅𝑅𝑅

1

�𝜙𝜙⊥
+

16
𝑅𝑅𝑅𝑅

1

�𝜙𝜙
+

3
√𝑅𝑅𝑅𝑅

1
𝜙𝜙3/4 + 0.42 × 100.4(−log(𝜙𝜙))0.2 1

𝜙𝜙⊥
,    (133) 

where 𝜙𝜙⊥ is the crosswise sphericity which is the ratio between the cross-sectional area of the 
volume equivalent sphere and the projected cross-sectional area of the considered particle 
perpendicular to the flow. Therefore, the particle orientation is directly considered through the 
crosswise sphericity in the calculation of the drag coefficient. For spherical particles the cross-
sectional area 𝐴𝐴⊥ perpendicular to the flow required for equations (130) and (131) and the 
crosswise sphericity 𝜙𝜙⊥ needed for equation (133) can be readily calculated. As these calcu-
lations require iterative procedures to determine the cross-sectional area for polyhedra, which 
represent the complex shaped particles in this study, 𝐴𝐴⊥ is calculated in advance for every 
particle shape and provided to the DEM for faster calculation times. The data is stored in de-
pendence on three symmetric Euler parameters and the sign of the fourth parameter [144]. 
The porosity of each CFD-cell is calculated with a subgrid cell approach. A higher resolved 
second grid is layed upon the CFD-grid, which is then examined to identify if a particular sub-
grid cell center lies within a particle. If this is the case the respective subcell is considered as 
fully filled with solid. The fluid porosity is then calculated based on the obtained ratio [144]. 

2.1 Image analysis  

In simulations of non-spherical particles with the coupled DEM-CFD approach, the orientation 
is an important parameter. It is considered through the projection area 𝐴𝐴⊥ in equation (130) 
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and equation (131) and the crosswise sphericity 𝜙𝜙⊥ in equation (133) and therefore directly 
related to the pressure drop of the system through the volumetric particle/fluid interaction 𝑓𝑓���⃗ 𝑖𝑖𝑛𝑛𝑑𝑑. 
The orientations of particles in a DEM-CFD simulation can be readily determined as every 
particle is tracked individually and the coordinates and orientations are continuously monitored. 
A direct comparison between the particle orientations of the experiments and simulations is 
important for a better understanding of the fluidization and pressure drop behavior of a fluidized 
bed. But the effort to determine particle orientations in the experiments is substantially higher 
compared to the simulations.  

 

  

  

 

 

Fig. 40 Sequence of the image analysis to detect particle positions and orientations (left) and selected corre-
sponding images (right). 

The simplest approach would be to manually determine the orientation of each particle in an 
obtained picture of a fluidized bed such as in Fig. 40-(1). As a reasonable long timespan at a 

1. 2b. 

3. 4a. 

6a. 
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high enough frequency of images should be analyzed to get a representative overview over 
the state of the fluidized bed, it is impossible to do so manually within a justifiable amount of 
time. Therefore, an automated solution is needed to detect particles and determine their ori-
entation. In the course of this study, an image detection was developed as part of a PTV ap-
proach in Matlab that is able to process images of equidimensional and elongated particles. In 
Fig. 40 the sequence of the image detection is outlined. As the observed fluidized bed is a 
highly dense system and particles are in frequent contact, a method was implemented to iso-
late the particles from each other for a better recognition. The input (1) is given by a RGB-
image of the fluidized bed, which is then cropped to the region of interest. Particle dimensions 
are determined with the Matlab distance tool for later use [229]. Furthermore, to eliminate in-
terferences by scratches or staining of the freeboard region, an initial picture is determined and 
then subtracted from the current picture. As the black background has color value in the HSV 
space of (0|0|0) only areas that differ from this value, which therefore are non-black because 
of interferences, are affected by this subtraction. After these initial steps, edges of the input 
image are detected (2a) by the use of the Canny algorithm [230]. The edge image of the par-
ticles can then be subtracted from the initial image to remove a thin outer layer around every 
particle and thus isolate the particles from each other for the further analysis. As the boundaries 
of an individual particle in the binary edge image (2b) may not be completely connected to 
each other, a multitude of morphological operations like dilatation and closing are performed 
to close existing gaps. The resulting image (2c) is then subtracted from a binary image calcu-
lated from the initial RGB-image. This way the particles that before were touching each other 
are separated and ready for the particle detection through a blob analysis (4). The blob analysis 
[231] finds connected pixels by checking the neighborhood of every pixel and thus is able to 
detect the isolated particles. As sometimes two or more particles can still be connected to each 
other, a threshold criterion is applied. The threshold is calculated from the particle dimensions 
that are measured at the beginning of the process. Areas, where connected pixels are found 
that surmount the criterion, are then again processed with a set of morphological operations 
to separate eventually connected particles (4a). Areas with less connected pixels than the 
criterion are accepted as face areas (5). In the case of cylinders, the face area is of circular 
shape and can, therefore, be identified through a Hough transformation [232]. Connected re-
gions that fulfill the threshold criterion are marked as sidewards facing particles. The combina-
tion of the side areas and face areas then gives the particle positions. Based on these posi-
tions, the orientation of sidewards facing particles is determined by either calculating the ori-
entation of the main axis for longish particles (6a) or determining the angle of close, parallel 
edge lines around the particle center for equidimensional particles. To increase the accuracy 
of the detection method for equidimensional particles, the detected line pairs are evaluated in 
four terms including the distance from the centroid, the difference in length, parallelism and the 
alignment of the line center to the particle center. The line pair with the best results in these 
four categories is then chosen to represent the particle orientation. 

Note that only the orientation of the pitch axis of a particle can be determined, while rotations 
among the yaw and roll axis cannot be detected. As the systems that are examined in this 
study are very dense it can be assumed with good approximation that particles that are visible 
through the front pane of the vessel are also aligned parallel towards it, so that no significant 
error is introduced by analyzing the projected area only. 
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3. Experimental and numerical setup 

The experimental examinations are carried out in a laboratory scale fluidized bed made from 
antistatic polycarbonate with the dimensions width = depth = 0.11 m and height = 0.41 m, dis-
played in Fig. 41. Particles are placed on a porous plate with an open area of 37 % installed 
at the bottom of the bed. A fully-developed flow profile is ensured by a number of flow straight-
eners placed below the porous plate. A pressure transducer (Newport Omega PD41X-V-50 
mbar) is connected to two pressure tapping points installed at h = 0.31 m and below the porous 
plate at h = -0.02 m. The measured differential pressure is recorded at a frequency of 250 Hz 
and later in the analysis reduced by the pressure drop caused by the porous plate. Video 
footage was created with a high-speed digital camera (Optronis CL600x2) at 250 frames per 
second over a time period of 10-15 seconds. Through an external clock source pressure and 
image acquisition are synchronized and can be started simultaneously with a TTL trigger sig-
nal. The mass flow rate and superficial velocity are determined in a measuring track with an 
orifice disk. Geldart-D type beech wood particles of spherical, cylindrical or cuboidal shape are 
used in all experiments. The combination of beech wood and the antistatic polycarbonate of 
the vessel ensures that no electrostatic effects disturb the experiments. Attrition or breakage 
do not occur. 
 

  

Fig. 41 Experimental (a) and numerical (b) setup and its division into a number of DEM-CFD cells larger than 
the particle size. 

A constant mass of m= 0.535 kg is maintained in all experiments; exact particle parameters 
are given in Table 17. Corresponding to the equivalent surface sphere diameter de particles 
can be grouped into column to particle diameter ratios of D/de=15 for de= 7 mm and D/de=22 
for de= 5 mm classes. The superficial velocity has been increased in steps of 0.1 m/s starting 
at 0.4 m/s up to 2.4 m/s for all particles. The numerical setup was modeled on the basis of the 
experimental setup so that all dimensions and operation conditions are equal. Complexly 
shaped particles like cylinders and cuboids are represented through a polyhedron approxima-

a. b. 
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tion [31], thus cuboids have the exact same shape and volume as the particles from the ex-
periment while the cylinder shape was closely approximated with 16 edges. By adjusting the 
cylinder radius equal volume was maintained. The packings have been generated by dropping 
randomly orientated particles into the vessel equally distributed over the cross-section from a 
height equal to the height of the vessel. Packing generation procedures equal in experiment 
and simulation. 

Table 17 Particle properties including the volume equivalent diameter de-class, the particle dimensions, the spheric-
ity 𝜙𝜙, the particle density ρp, the bed height L and the averaged porosity 𝜀𝜀 ̅for the initial, unfluidized setup 

Shape Sphere Sphere Ideal Cylinder Cube Cube 
 

 
 

 
 

 
de-class [mm] 7 5 7 5 7 

Size [mm]  7.2   5  6.1 6.2  4.2 4.3 4.5 5.2 6.3 6.3 
𝜙𝜙   [-] 1.00 1.00 0.87 0.81 0.80 
ρp [kg/m³] 772.5 823.0 708.5 639.7 746.9 
Lfb [mm] /𝜀𝜀 ̅[-] 95   0.40 88   0.40 98   0.36 98   0.37 103   0.43 
Shape Elongated Cylinder Elongated Cuboid Elongated Cuboid Plate Elongated Plate 
 

 
 

 
 

 
de-class [mm] 7 5 7 5 5 
Size [mm] 3.9 14.0  3.0 3.0 7.1 4.2 4.2 11.4 2.0 4.9 6.0 2.0 4.0 8.0 
𝜙𝜙 [-] 0.75 0.75 0.73 0.71 0.69 
ρp [kg/m³] 764.4 745.6 639.7 754.1 756.6 
Lfb [mm] /𝜀𝜀 ̅[-] 103   0.44 103   0.42 115   0.40 102   0.43 108   0.46 
Shape  Elongated Cuboid Plate Elongated Plate   
 

   

  

de-class [mm] 5 7 7   
Size [mm] 2.0 3.0 11.0 2.2 9.0 9.8 2.0 6.0 14.9       
𝜙𝜙   [-] 0.64 0.63 0.58   
ρp [kg/m³] 728.1 672.8 721.7   
Lfb [mm] /𝜀𝜀 ̅[-] 117   0.48 121   0.46 124   0.51   

The walls were realized with a no-slip boundary condition. Cell sizes in the DEM-CFD simula-
tions (compare Fig. 41b) are 1.833 x 1.833 x 1.833 cm³ in case of D/de=15 and 1.375 x 1.375 
x 1.375 cm³ for D/de=22. The ambient conditions required the DEM-CFD are chosen to be in 
good agreement with the experimental conditions and are listed in 

 

 

Table 18. The friction and restitution coefficients are determined according to procedures de-
scribed by Höhner et al. [31] and Hold [33] on the single particle level, respectively. Spring 
stiffness and damping coefficient determine the maximum overlap for the particle collision. 
Kruggel-Emden et al. [152] suggested a maximum overlap of 1 % of the particle diameter to 
avoid alteration of the simulations. The coefficients of normal restitution between particles 𝑅𝑅𝑃𝑃𝑃𝑃𝑛𝑛  
and particles and walls 𝑅𝑅𝑃𝑃𝑊𝑊𝑛𝑛  and the Coulomb friction coefficient μC between particles and par-
ticles as well as between particles and walls are adjusted to: 𝑅𝑅𝑃𝑃𝑃𝑃𝑛𝑛 = 0.5, 𝑅𝑅𝑃𝑃𝑊𝑊𝑛𝑛 = 0.5, μC_PP= 0.4, 
μC_PW= 0.3. The CFD time step is 1·10-4 s; the DEM time step is 1·10-6 s. The stiffness 𝑘𝑘𝑛𝑛 and 
𝑘𝑘𝑑𝑑 are calculated so that the maximum overlap condition is fulfilled. A velocity inlet was used 
as the inflow condition; a pressure outlet as the outflow. 
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Table 18 Parameters required for the simulations in accordance to the experimental values 

Property 
Abbrevia-
tion Value 

Ambient pressure pA 101,325 Pa 
Specific gas constant air Rs 287.058 J/kg·K 
Ambient temperature TA 291.15 K 
Gas viscosity 𝜂𝜂𝑝𝑝 1.8302E-05 kg/m·s 
Total particle mass mt 0.535 kg 

 
4. Results and discussion 
4.1 Validation of the image analysis 
In a first step, the reliability of the PTV image analysis is examined. Therefore, particle positions 
and orientations detected with the Matlab-script are compared to manually, in Inkscape, deter-
mined values [233]. To achieve equal conditions, the same images, including a fixed bed and 
a bed in fluidized state are analyzed in both cases. In Fig. 42 particle height distributions are 
given for four different particle types including equidimensional and elongated cuboids and 
cylinders. To determine the particle positions manually, the center of every particle is marked 
carefully and the coordinates noted down. A frequency distribution is then calculated; particles 
are grouped into 30 classes depending on their height from 0-30 cm. 
Results for elongated cylinders with the dimensions d= 4 mm and l= 14 mm are displayed in 
Fig. 42a. Both methods are in good agreement with average relative deviations of δ𝑥𝑥���≈ 15 %. 
The topmost layer is detected with the highest accuracy in the automated setup, as the bed is 
more dilute in this case and particles can be easier separated by the automated image detec-
tion.  

The particle height distribution for 4 mm x 4 mm x 11 mm elongated cuboids is shown in Fig. 
42b. The automated method is able to get a good approximation of the particle heights with an 
average relative deviation of δ𝑥𝑥���≈ 14 % for the fixed bed and δ𝑥𝑥���≈ 16 % for the fluidized bed. 
Analogously, the results for the 5 mm x 6 mm x 6 mm cubes are displayed in Fig. 42c. The 
automated detection is able to reproduce the exact, manually determined distribution well with 
an average deviation of δ𝑥𝑥���≈ 14 % for the fixed bed and δ𝑥𝑥���≈ 12 % for the fluidized bed. As the 
cuboids have no side or face area, the orientation can be determined for every particle that 
has been detected. The last particle type that is examined are ideal cylinders with a length and 
width of 6 mm, shown in Fig. 42d. Overall good agreement between the two identification 
methods can be observed, with an exact reproduction of the results for the topmost particles. 
The average deviations amount to δ𝑥𝑥���≈ 11 % for the fixed bed. The quantitative comparison of 
all cases shows that three different main errors can occur. Particles that are not detected, 
particles that are detected but the center is out of alignment and falsely recognized particles. 
Error number two is mostly associated to elongated particles, while error number one is pre-
dominantly encountered for cuboids, as these can form stacks which make it hard to find edges 
for the image detection. 
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a)    

b)    

c)    

d)    

Fig. 42 Particle height distributions for 4 different particle types in fixed and fluidized bed 
cases for (a) 4 mm x 14 mm elongated cylinders, (b) 4 mm x 4 mm x 11 mm elongated 

cuboids, (c) 5 mm x 6 mm x 6 mm cubes and (d) 6 mm x 6 mm ideal cylinders. 

Besides particle positions, the developed PTV Matlab-script is also able to detect orientations 
of the particles from -89° to 90°. As the angles of -90° and 90° describe the same orientation 
and without an additional identification mark cannot be distinguished in the experiments, these 
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cases are treated as 90° only. 0° corresponds to a particle that is horizontally aligned with the 
flow, while -90° and 90° describe particles that are vertically aligned to the flow. The detected 
orientations are classified with a “less” or “equal to” criterion into groups of 10° for the analysis. 
For the manual detection of the particle orientations, a line was carefully plotted parallel to the 
main axis of every particle in Inkscape. In Fig. 43 frequency distributions of the determined 
particle orientations over the x-z plane for four different particle types are given, with the results 
for both methods in the case of elongated cylinders with the dimensions 4 mm x 14 mm pre-
sented in Fig. 43a. Good overall agreement between both methods can be observed. A devi-
ation in the 85° class is caused by an accumulation of particles parallel to the wall in one corner 
for the fixed bed, which are not completely automatically detected as a consequence. Similar 
behavior can be observed for elongated 4 mm x 4 mm x 11 mm cuboids which are shown in 
Fig. 43b, as these particles show the same tendency to accumulate in chunks with the same 
orientation. Good agreement between both methods can be observed otherwise. 

  

  

Fig. 43 Validation of the particle orientation derived with the automated method in Matlab compared to manual 
measurements done in Inkscape for (a) 4 mm x 14 mm elongated cylinders, (b) 4 mm x 4 mm x 11 mm elon-

gated cubes, (c) 6 mm x 6 mm ideal cylinders and (d) 5 mm x 6 mm x 6 mm cubes. 

The orientation determination of equidimensional particles relies on a self-developed algorithm 
that matches the orientations of detected particle edges to the particle orientation. To validate 
this method two different equidimensional particles have been examined. In Fig. 43c results 
for ideal 6 mm x 6 mm cylinders are shown. As the determination of the orientation is more 
complicated than for elongated fiber type particles, orientations were only analyzed from 0–
90°. The ideal cylinders show a generally good agreement between the automated and the 
manual detection; only for 0° and 90° orientations, the automated method detects fewer parti-
cles. This is caused by the same problem that occurred for the elongated particles, where 

a. b. 

c. d. 
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particles stacked up in the corners and aligned themselves so that the edge detection cannot 
clearly identify the particle boundaries.  

The results for 5 mm x 6 mm x 6 mm cubes are displayed in Fig. 43d, the edge of the cube 
that lies in the range of 0-90° is hereby considered for the analysis. The deviation in the 50° 
class can be explained by the false detection of edges caused by wood grains, especially in 
the fixed bed case. This caused an increased number of particles found with orientations be-
tween 40° – 60°, which actually have an orientation of 0°. In the fluidized state, when the bed 
is in motion this problem did occur less strongly.  

In Table 19 results from the analysis of the average particle height and orientation are given in 
terms of total number of detected particles and the average absolute deviation for all four par-
ticle types. Based on these results the quality of the automated script for the determination of 
particle orientations is found acceptable for all 4 analyzed particles types and therefore is used 
for the further study of the packed and fluidized bed in the following section. 

Table 19 Results of the image analysis validation including the total amount of detected frontwards/sidewards fac-
ing particles for manual and automated detection, the differences between both recognition methods, the average 

absolute deviations of the frequency distribution of the particle height and of the particle orientation. 

Particle 
Type 

Bed 
state 

# Front 
Manual 
(FM) 

# Front 
Auto 
(FA) 

FM-FA # Side 
Manual 
(SM) 

# Side 
Auto 
(SA) 

SM-SA ∆x,heıght���������� 
[-] 

∆x,orıent���������� 
[-] 

4x14 Fixed 64 72 -8 104 88 16 0.015 0.019 
 Fluidized 36 68 -32 192 171 21 0.008 0.010 
4x4x11 Fixed 65 74 -9 175 175 0 0.010 0.016 
 Fluidized 60 70 -10 334 329 5 0.005 0.010 
6x6 Fixed 84 77 7 153 147 6 0.012 0.018 
 Fluidized 135 126 9 318 304 14 0.005 0.020 
5x6x6 Fixed - - - 239 222 17 0.014 0.057 
 Fluidized - - - 361 342 19 0.015 0.019 

 

4.2 Fluidization 
In the following section mean pressure drops in experiments and corresponding coupled DEM-
CFD simulations are outlined for 13 different particle shapes. All experiments and simulations 
have been repeated multiple times, the error bars show variations in terms of minimal and 
maximal values.  

Results for de= 7 mm particles are displayed in Fig. 44. In Fig. 44a the results of the numerical 
and experimental examinations of spherical particles are shown. Good agreement between 
simulation and experiment can be observed for the fluidized range from U > 1.4 m/s onwards 
with an average deviation of ∆𝑝𝑝���� = 8 𝑃𝑃𝑐𝑐, for velocities U < 1.4 m/s there is a slightly bigger 
mean deviation of ∆𝑝𝑝���� = 48 𝑃𝑃𝑐𝑐. Our previous study [179] showed that for spherical particles the 
Ergun [8], Wen and Yu [9] model, which incorporates the Ergun equation for the calculation of 
the fixed bed gives better results. As it is less accurate for complex shaped particles this study 
was performed exclusively with the submodels for the drag force calculation by Hölzer and 
Sommerfeld [12] and Di Felice [105]. The outcome for ideal cylinders with the dimensions 6 
mm x 6 mm is given in Fig. 44b. Good agreement between experiment and simulation can be 
seen over the entire velocity range, especially in the fixed bed regime with an average pressure 
drop difference of ∆𝑝𝑝���� = 15 𝑃𝑃𝑐𝑐. Multiple repetitions of the same experiment show a high repeat-
ability with an average deviation of ∆𝑝𝑝���� =  13 𝑃𝑃𝑐𝑐. The results for 5 mm x 6 mm x 6 mm cubes 
are displayed in Fig. 44c. It can be observed that for velocities below the fluidization point of 
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Umf = 0.7 m/s experiment and simulation are in a good agreement of ∆𝑝𝑝���� = 10 𝑃𝑃𝑐𝑐, though the 
experimental data shows high variations between different runs. This is the result of different 
initial bed structures with locally deviating porosities. As the tightest possible packing for cubes 
leaves no voids, these variations in the local porosity are stronger than for cylinders and sphere 
of comparable size. 

  

  

  

 

 

Fig. 44 Pressure drops of de= 7 mm class particles obtained for increasing superficial gas velocities in simula-
tions and experiments for (a) 7 mm spheres, (b) 6 mm x 6 mm ideal cylinders, (c) 5 mm x 6 mm x 6 mm cubes, 
(d) 4 mm x 14 mm elongated cylinders, (e) 4 mm x 4 mm x 11 mm cuboids, (f) 2 mm x 9 mm x 10 mm plates 

and (g) 2 mm x 6 mm x 15 mm elongated plates. 

a. b. 

c. d. 

e. f. 

g. 
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The variation between simulations and experiments increases once the minimum fluidization 
velocity is passed at Umf > 0.7 m/s with ∆𝑝𝑝���� = 44 𝑃𝑃𝑐𝑐. This is the result of an incomplete fluidi-
zation in the experiments, as stacks of particles are not fully suspended but instead remain 
motionless in the corners of the vessel. With increasing superficial gas velocities more and 
more of these particles are released into the active region of the fluidized bed, so that the 
pressure drop increases. Opposite behavior can be observed for the simulations; at lower ve-
locities, all particles are suspended in the fluid being in motion and only at higher velocities 
particles attach to the walls and settle there. This behavior results in a decrease of the pressure 
drop with increasing superficial gas velocity.  

The outcome for elongated cylinders with the dimensions 4 mm x 14 mm is displayed in Fig. 
44d. A deviation between experiment and simulation can be observed for the fixed bed regime 
at Umf < 0.9 m/s of ∆𝑝𝑝���� = 120 𝑃𝑃𝑐𝑐. At U = 1 m/s the values for both experiment and simulation 
approach each other and the average deviation decreases to ∆𝑝𝑝���� = 25 𝑃𝑃𝑐𝑐. Elongated particles 
like the 4 mm x 14 mm cylinders show the tendency to form channels, so that not the entire 
bed is in motion, but only particles within the channels. This is observed starting at the mini-
mum fluidization velocity up to U = 1.6 m/s. The simulation does not reproduce this behavior 
as the fluid velocity is only represented through an averaged grid based velocity. Higher fluid 
velocities in the channels and lower velocities in the surrounding particle accumulations cannot 
be resolved, as the DEM-CFD grid is relatively coarse with cells bigger than a particle. Addi-
tionally, in the DEM static friction is not separately modeled for, which may affect how the 
interlocking between particles is represented. 

In Fig. 44e the outcome for 4 mm x 4 mm x 11 mm elongated cuboids is given. Experiment 
and simulation are in good agreement for the entire velocity range with average deviations of 
∆𝑝𝑝���� = 20 𝑃𝑃𝑐𝑐. Deviations between two runs of the same experiment are small with an average 
deviation of ∆𝑝𝑝���� = 23 𝑃𝑃𝑐𝑐. Similar to the elongated cylinders the elongated cuboids show chan-
nel flow following the minimum fluidization velocity. Full fluidization, where the entire bed is in 
motion and no more channels are observed, starts at U = 1.3 m/s. Again the simulation is not 
able to fully reproduce this effect; fluidization without channel flow starts once the highest pres-
sure drop is reached at Umf = 0.8 m/s.  

Results for plates with the dimensions 2 mm x 9 mm x 10 mm are given in Fig. 44f. The fixed 
bed velocity range of U ≤ 0.6 m/s can be reproduced with high accuracy; the average deviation 
amounts to ∆𝑝𝑝���� = 10 𝑃𝑃𝑐𝑐. Similar to the elongated cuboids displayed in Fig. 44e, the 2 mm x 9 
mm x 10 mm plates show channel flow behavior until the complete fluidization velocity is 
reached at U = 1.5 m/s. This channel flow is characterized by strong deviations between mul-
tiple repetitions of the same experiment, as the size and amount of the channels changes 
between every repetition. The simulation shows full fluidization and motion of all particles; the 
pressure drop corresponds to this and is obtained in the range of the maximum values of the 
experiment. Once the full fluidization is reached in the experiment, differences between simu-
lation and experiment become lower with an average deviation of ∆𝑝𝑝���� = 30 𝑃𝑃𝑐𝑐. Deviations be-
tween simulation and experiment can be observed in the results of the 2 mm x 6 mm x 15 mm 
elongated plates given in Fig. 44g. For the velocities analyzed in this study channel flow occurs. 
A state where every particle is in motion could not be reached, previous examinations showed 
that a velocity of U = 2.9 m/s is necessary for this [179]. Resulting from this channel flow are 
strong deviations between multiple repetitions of the same experiment of ∆𝑝𝑝���� = 100 𝑃𝑃𝑐𝑐. The 
simulation results lay at the upper range of the experiments from Umf > 0.9 m/s onwards as 
generally more particles are suspended in the fluid. Experimental and numerical results for the 
pressure drop for particles that are volume equivalent to a dp= 5 mm sphere are outlined in 
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Fig. 45. They are included to see if the column to particle diameter ratio D/de and thereby the 
resolution of the CFD-model do have an influence on the results. 

  

  

  

Fig. 45 Pressure drop of de= 5 mm class particles obtained for increasing superficial gas velocities in simula-
tions and experiments for (a) 5 mm spheres, (b) 4 mm x 4 mm x 4 mm cubes, (c) 3 mm x 3 mm x 7 mm elon-
gated cuboids, (d) 2 mm x 5 mm x 6 mm plates, (e) 2 mm x 4 mm x 8 mm elongated plates and (f) 2 mm x 3 

mm x 11 mm elongated cuboids. 

Fig. 45a gives the results for 5 mm spheres, which are comparable in their behavior with the 
7 mm spheres. At low gas velocities, the pressure drop of the fixed bed is slightly underesti-
mated by the simulations however the fluidized bed starting from Umf= 1 m/s onwards is ap-
proximated with good accuracy. Note, that the deviation of the pressure drop is not a result of 
a mismatch in porosity and/or bed height between simulations and experiments. 

In Fig. 45b results for 4 mm x 4 mm x 4 mm cubes are given. Through equal dimensions in 
width, depth and height these cubes have the potential to form local structures with very low 
porosities. Very good agreement in the fixed bed can be observed up to the minimum fluidiza-
tion velocity of Umf=0.8 m/s with an average deviation of ∆𝑝𝑝���� = 13 𝑃𝑃𝑐𝑐. The experimental results 
show an instant decline of the pressure drop afterwards. This decline is the result of the inter-
locking between the particles which is of a much greater magnitude for the cubes than for the 
spheres. This interlocking of particles has to be overcome before fluidization can take place. 
The results of the simulations show only a small decline of the pressure drop once the fixed 

a. b. 

c. d. 

e. f. 



98  Publication III 
 

bed regime is overcome. The simplified friction model included in the DEM used in this study 
could be one reason for this, as static friction is not separately modelled for. Additionally, the 
pressure drop declines in the simulations with increasing gas velocity, which indicates that 
particles successively orientate with the walls; this tendency is not equally reported for in the 
experiments. 
Results for elongated cuboids with the dimensions 3 mm x 3 mm x 7 mm are displayed in Fig. 
45c. Fluidization in the DEM-CFD can be observed at a 0.2 m/s higher velocity than in the 
respective experiments, which already fluidize at Umf = 0.6 m/s. The average deviation for the 
fixed bed amounts to ∆p���� = 120 Pa, while the fluidized bed (U>0.8 m/s) has an average devia-
tion of ∆p���� = 18 Pa. The difference in the pressure drop for the fluidized regime is the result of 
partial fluidization in the experiment as stacks of particles rest in the corners and at the walls 
of the vessel. 

Results for plates with the dimensions 2 mm x 5 mm x 6 mm are displayed in Fig. 45d. These 
show similar behavior to the cubes discussed in Fig. 45b. The pressure drop of the fixed bed 
is approximated with high accuracy, while the pressure drop in the fluidized bed is overesti-
mated at low velocities (U < 1.4 m/s). With an increasing gas velocity experiments and simu-
lations are in good agreement. The average deviation of the pressure drop over the entire 
velocity range amounts to ∆p���� = 35 Pa. 

The pressure drop behavior of elongated plates with the dimensions 2 mm x 4 mm x 8 mm is 
given in Fig. 45e. The minimum fluidization velocity is found to be 0.2 m/s higher in the DEM-
CFD than the experiment. Differences in the pressure drop of the fixed bed regime amount to 
∆p���� = 40 Pa. Partial fluidization in the experiment leads to an average deviation between exper-
iment and the DEM-CFD of ∆p���� = 40 Pa for the fluidized bed regime (U>0.8 m/s).  
The last examined particle shape are elongated cuboids with the dimensions 2 mm x 3 mm x 
11 mm for which the results are given in Fig. 45f. Similar to the elongated de= 7 mm plates 
(Fig. 44g) the experimental data shows a high variance between multiple repetitions, as chan-
nel flow occurs. The simulation of this particle type cannot predict the minimum fluidization 
velocity correctly; instead a 0.2 m/s higher minimum fluidization velocity is reported. The pres-
sure drop of the fixed bed range up to Umf < 0.6 m/s lies below the experimentally determined 
values, with an average deviation of ∆p���� = 140 Pa. Partial fluidization leads to an overestimation 
of the pressure drop for the fluidized range from U > 0.8 m/s onwards, with an average devia-
tion of ∆p���� = 38 Pa. 

4.3 Orientation and particle height distributions 

Besides a quantitative analysis of the pressure drop, an in detail look at particle heights and 
orientations is performed in this study to further analyze and validate the submodels [12,105] 
used for the drag force calculation of complexly shaped particles in the DEM-CFD. These sub-
models introduce parameters that are directly dependent on the orientation of a particle, 
namely the projection area perpendicular to the flow 𝐴𝐴⊥ and the crosswise sphericity 𝜙𝜙⊥. The 
average particle height, as a measure for the bed expansion, relates to the porosity ɛf of a 
fluidized bed. Experiments have been analyzed with the Matlab-script described in section 0, 
while particle data from the DEM-CFD is readily available. For a better comparison between 
experimentally obtained data and DEM-CFD only particles visible in the simulations along the 
x-z pane of the vessel have been analyzed. Four different de= 7 mm particles including elon-
gated cuboids and cylinders as well as ideal cylinders and cubes have been examined at four 
different velocities from 0 m/s to 2.4 m/s. To gain statistically relevant data up to 250,000 par-
ticles have been detected and analyzed per particle type and gas velocity in the fluidized 
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states. For the fixed bed, only a single image is analyzed per series, as no change in the 
particle positions and orientations occurs over time.  

  

  

  

  

Fig. 46 Particle height distributions for 4 mm x 14 mm of simulations (left column) and experiments (right col-
umn) for elongated cuboids (a,b), 4 mm x 4 mm x 11 mm elongated cuboids (c,d), 5 mm x 6 mm x 6 mm cu-

boids (e,f) and 6 mm x 6 mm ideal cylinders (g,h). 

The outcome of four different de= 7 mm particle shapes is given in Fig. 46, with the experi-
mental results for elongated 4 mm x 14 mm cylinders shown in (a) and numerical results are 

a. 

c. 

b. 

d. 

f. e. 

g. h. 
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shown in (b). Error bars in the experimental results are obtained through the validation de-
scribed in section 4.III.4.1 as averaged absolute errors between manual and automatic analy-
sis. As the determination of particle heights in the simulations is exact, no error bars are given. 
Good agreement between the experimental and numerical results can be observed for the 
fixed bed, with an average deviation in frequency of ∆x���≈0.1 for the lower, dense regions of the 
bed up to h= 10 cm. The maximum particle height of 11 cm is identical for both simulation and 
experiment. The corresponding pressure drop (compare Fig. 44d) shows some deviation, 
which underlines the need to analyze not only the particle heights but also the orientations. At 
a superficial velocity of U= 1.6 m/s, the obtained pressure drop of the DEM-CFD reaches a 
local maximum of Δpmax= 456 Pa, while the experiments show the opposite behavior and reach 
a local minimum of Δpmin= 392 Pa (compare Fig. 44d). Corresponding differences can be found 
in the maximum average bed height; the experimental analysis shows the particle height max-
imum at h= 23 cm, while the particles in the DEM-CFD have their maximum at only h= 15 cm. 
For the velocities of 2.0 m/s and 2.4 m/s, both the particle height distributions and the pressure 
drops match well between experiments and the DEM-CFD.  
Results from the experiments of 4 mm x 4 mm x 11 mm elongated cuboids are given in Fig. 
46c and numerical results in Fig. 46d. Good agreement between the experimental and numer-
ical results for all four examined velocities can be observed, with an average absolute deviation 
of ∆x���≈ 0.01 for the fixed bed and between ∆x���≈ 0.003− 0.005 for the fluidized cases. Fig. 46e 
and Fig. 46f show the experimental/numerical results for the particle height distribution for 
5 mm x 6 mm x 6 mm cubes. Good agreement for the fixed bed can be observed, which re-
flects in the pressure drop which is also of good agreement (compare Fig. 44c). For the three 
fluidized states, some deviation between experiment and simulation can be observed, the av-
erage particle height is up to two centimeters higher in the experiments.  
The last particle type that is analyzed in regards to the bed height is the ideal 6 mm x 6 mm 
cylinder displayed in Fig. 46g (simulations) and Fig. 46h (experiments). The particle heights in 
the fixed bed are in good agreement between the experiments and the DEM-CFD. Similarly, 
the pressure drop of the fixed bed region for Umf < 0.8 m/s is in good agreement (compare Fig. 
44b). Some deviation of the particle height occurs for U = 1.6 m/s, which amounts to ∆x���≈ 0.007 
for the upper parts of the bed from h= 13 cm to 23 cm. Less deviation occurs for the velocities 
of U= 2.0 m/s and U= 2.4 m/s so that the former is in good agreement and the latter is in very 
good agreement with the experimental data.  
Particle orientation distributions for the four different particle geometries are given in Fig. 47 
with numerical results in the left and experimental results being shown in the right column. 
Error bars in the experimental results express the average absolute deviation between the 
manual and automated evaluation. Orientations are calculated discretely for every particle in 
the DEM and are therefore exact so that no error bar is given. Orientations for 4 mm x 14 mm 
elongated cylinders are given in Fig. 47a and Fig. 47b in the range from -89° to 90°. Values 
around 0° can be interpreted as a horizontal/lying particle while values close to -89° and 90° 
indicate vertical/standing particles. The fixed bed shows deviations for the angles that indicate 
vertical alignment, as these are the predominant occurring orientations in the experiments, but 
the least occurring in the simulations. These deviations can explain the differences in the pres-
sure drop of the velocity range associated with the fixed bed, which are present despite the 
good match of particle height distributions. With differences in the particle orientations, local 
porosities might differ while the total porosity of the system remains unchanged. Local porosity 
variations can influence the pressure drop of a fixed bed system, which was examined in closer 
detail in our previous study [179]. With an increase of the superficial velocity, the experimental 
and numerical results fit increasingly better to each other. For U= 1.6 m/s some deviations for 
the vertically orientated particles remain, while at U= 2.0 m/s und U= 2.4 m/s experiment and 
simulation are in good agreement.  
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Fig. 47 Frequency distribution of the orientation projected onto the x-z plane for simulations (left column) and 
experiments (right column) for (a,b) 4 mm x 14 mm elongated cylinders, (c,d) 4 mm x 4 mm x 11 mm elongated 

cuboids, (e,f) 5 mm x 6 mm x 6 mm cubes and (g,h) 6 mm x 6 mm ideal cylinders. 

a. b. 

c. d. 

e. f. 

g. h. 
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It can be observed in both the experiments and the simulations that with increasing superficial 
velocities particles orientate themselves more vertically, while the amount of horizontally 
aligned particles decreases. These results confirm the findings of Cai et al. [228], who exam-
ined wooden cylinders of various elongations experimentally and numerically through a Euler-
Lagrange method in a fluidized bed and these of Ku and Lin [226], who examined the orienta-
tion of cylinders of different aspect ratios in a pipe flow with a direct numerical simulation using 
the Lattice Boltzmann method. The findings for 4 mm x 4 mm x 11 mm elongated cuboids are 
given in Fig. 47c for the DEM-CFD and in Fig. 47d for the experiments. For the fixed bed some 
deviations can be observed between simulation and experiment, as the experimental results 
have a maximum for horizontal orientations, while the simulations are relatively evenly distrib-
uted with only a local maximum for the horizontal orientations. This explains the deviations 
found in the pressure drop of the fixed bed of the elongated cuboids displayed in Fig. 44e. In 
the fluidized state, experimental results show only small variations between the orientation 
distributions for all three velocities, with small maxima at both horizontal and vertical orienta-
tions. Contrary to the 4 mm x 14 mm elongated cylinders, the elongated cuboids do not show 
an increase in the frequency of the vertical orientations with increasing superficial velocities as 
also reported in the literature [226–228]. This is in line with Cai et al. [228], who show that 
particles below a certain elongation ratio can be treated as equidimensional particles. 
The DEM-CFD is able to reproduce this behavior; as analogous to the experiments elongated 
cylinders, which have a higher elongation ration than the elongated cuboids of this study, show 
a change of the orientation with increasing superficial velocities while elongated cuboids do 
not. Cuboids with the dimensions 5 mm x 6 mm x 6 mm are displayed in Fig. 47e and Fig. 47f. 
Simulation and experiment show only minor changes for increasing superficial gas velocities. 
Both methods have a maximum orientation at 0-10° while the other orientations occur equally 
often. An exception in the experiment can be found in the 90° class, which occurs more com-
monly. Differences in the pressure drop for this particle shape mostly originate from particles 
that are not fluidized, which can be found at lower superficial velocities in the experiments and 
higher superficial velocities in the simulations. At U=2.0 m/s the pressure drop nearly becomes 
equal for both methods. Here the amount of unfluidized particles converges in the simulation 
and experiment, which mostly occurs in the corners of the vessel and can be observed visually 
in both setups. 
In Fig. 47g and Fig. 47h the results for the orientation distributions of 6 mm x 6 mm ideal 
cylinders are displayed. Variations between simulations with different superficial gas velocities 
are small, and with increasing superficial gas velocities the orientations become more evenly 
distributed. Similarly, the experimental data remains mostly unchanged between different gas 
superficial velocities. The distribution generally has maxima in the 0, 50 and 90-degree clas-
ses. 50° corresponds to the maximum projection area of the particle. The results of the simu-
lations are mostly in agreement with this; only at U= 1.6 m/s, no maximum can be observed in 
the 50° class. These slight differences in the orientations agree with the results found in the 
examination of the pressure drop (compare Fig. 44c), which also shows minor variations be-
tween both methods.  

5. Conclusions 
Pressure drops of 13 differently shaped Geldart-D particle groups have been examined in a 
laboratory scale fluidized bed, both experimentally and numerically. A combined DEM-CFD 
approach which considers particle shapes and orientations in the drag force model was used 
in the simulation. A PTV-Matlab script was developed to determine particle orientations and 
heights in the experiments, which was validated and then used to compare experiments and 
simulations. The following conclusions can be drawn from this study:  
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• The analysis of the pressure drops of different particles shapes and sizes shows that 
DEM-CFD simulations are a useful tool in the description of fluidized systems as the 
results are in good agreement with the corresponding experiments for most particle 
types. Minimum fluidization velocities were accurately described by the DEM-CFD ex-
cept for some particle types that differ strongly from the spherical shape.  

• Particles with a low sphericity show tendencies to form channels at low superficial ve-
locities. These channels result in a lower pressure drop as not all particles are fully 
suspended. The DEM-CFD cannot describe this behavior. An extension of the DEM 
code to more detailedly include static friction and a resolved study of the interlocking 
through higher resolution simulation methods like FEM-DEM can be the next steps to 
gain a better understanding. 

• Limitations of the DEM-CFD exist when particles reach high elongations, as the grid 
size has to be above the particle size. Wall effects and flow structures inside the vessel, 
like channel flow cannot adequately be reproduced on a coarse grid. A coupling of the 
DEM with a particle-resolved flow simulation like the Lattice Boltzmann Method can be 
utilized to further study and characterize flow phenomena inside fluidized beds. 

• Stacks of particles can accumulate in the corners of the fluidized bed especially for 
non-spherical equidimensional particles like cubes and ideal cylinders. The amount of 
these particles differs between simulation and experiment and result in differences in 
the pressure drop. 

• The particle height distributions are in good agreement for the majority of the analyzed 
particles and superficial velocities. In case of differences between both methods, the 
simulations generally showed a lower average height. The influence of extended parti-
cle/fluid force models that account for further forces like the Magnus force or the Basset 
force could be analyzed in this context. 

• The analysis of the particle orientations showed the strong influence orientations have 
on the pressure drop of the examined systems. Differences in the pressure drop of 
fixed beds at equal bed heights and therefore integral porosities can be explained 
through different orientation distributions between experiments and simulations and 
therefore varying local porosities. 

• Elongated cylinders show a tendency to align themselves with the flow with increasing 
superficial velocities, which confirms the findings by Ku and Lin [226] and Zhang et al. 
[227]. Equidimensional particles showed no such behavior and orientations stayed 
mostly constant with increasing superficial velocities. Elongated cuboids with a smaller 
elongation ratio than the elongated cylinders showed orientation distributions which are 
more comparable to equidimensional particles. This behavior was correctly reproduced 
by the DEM-CFD. 
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IV. Experimental and numerical study of fluidization and pressure 
drop of spherical and non-spherical particles in a model scale 
fluidized bed 

K. Vollmari, T. Oschmann, H. Kruggel-Emden 
 

Abstract 

Mixing processes in fluidized beds involving spherical particles have been extensively studied 
with the discrete element method (DEM) coupled with computational fluid dynamics (CFD) in 
the past. However spherical particles can represent the behavior of real, complex shaped par-
ticles only to a limited degree. In this study DEM-CFD simulations relying on drag force models 
that consider particle shape and orientation, of four different particle groups, including spheres, 
cubes, elongated cuboids, and plates have been carried out. The Lacey mixing index was 
determined and the results compared with analogously conducted experiments. Results indi-
cate very good agreement for the majority of the examined mixtures. Both the individual mixing 
processes as well as the relationships between them were accurately reproduced. Limitations 
of the DEM-CFD arise for bidisperse mixtures of spherical and complex shaped particles, as 
here particle accumulations on the outer walls occurred in the simulations which were not ob-
served in the experiments. Analysis showed that this may be attributed to restrictions in the 
particle fluid force models. 
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1. Introduction 
One of the many advantageous characteristics of fluidized beds is the intensive solids mixing. 
However, segregation may occur if the density, size or particle shape differs between the com-
ponents to be mixed. Uniform mixing is important in a multitude of processes so that all parti-
cles e.g. dry, react, heat-up or cool-down equally to prevent non-uniform products, agglomer-
ation or hot-spot formation. Therefore, mixing processes have been of key interest and have 
been widely studied in the past 30 years. Gas bubbles were identified as the main factor behind 
the circulation of solids in a fluidized bed. Small-scale intermixing effects occur within the wake 
of a bubble, bursting bubbles on the surface of the fluidized bed distribute particles horizontally 
[234]. Consequently, the bubbling behavior has been studied extensively [102,103,235]. While 
the mixing process has been researched widely and is scientifically well understood no gener-
ally applicable model exists which is capable of describing the solids mixing process in detail 
[200]. To experimentally examine the mixing process a variety of different methods have been 
put to use. Observing the fluidized vessel with a camera is a commonly used non-invasive 
method to examine mixing processes [236,237]. In a similar fashion, IR-thermography can be 
utilized to track thermal tracer particles. By continuous microwave heating of the tracer parti-
cles, longer experimental durations can be assessed if particles are only heated initially without 
further addition of heat [238]. However, the latter optical approaches are limited to the outer 
surface of the vessel and therefore can only provide limited insight. Methods that allow for the 
examination of the process on the inside of the vessel include the use of silver-coated particles 
and electrodes that detect collisions with the particles. By measuring the collision frequency it 
can be concluded on the local solid concentration [239]. Similar approaches include the use of 
thermocouples and thermal tracers [240] or dry ice particles and CO2 concentration and tem-
peratures measurements [241]. Another way of measuring the mixing progress in the vessel 
is simply probe sampling [174]. Other methods like positron emission particle tracking (PEPT), 
radioactive particle tracking (RPT), magnetic particle tracking (MPT) are limited to single or 
few particle observation [192]. However, all of these techniques are either difficult to apply, 
only give limited information or are invasive and therefore influence the mixing process. To 
avoid these problems and deficiencies numerical methods can be utilized to simulate the mix-
ing process and gain a complete view of the inside of the vessel and the particle and fluid flow 
behavior. Therefore, a number of different simulation approaches can be applied. Euler-Euler 
simulations, which discretize both the fluid and the solid phases as a continuum are favorable 
in terms of computing effort but have deficits in the precision to represent mixing and segrega-
tion processes [23,24] or basic flow features [22].  

For a higher accuracy, methods that track every particle individually such as the discrete ele-
ment method (DEM) can be utilized. In the DEM Euler’s and Newton’s equations are solved to 
calculate the particle motion and rotation. The DEM has been used to study mixing processes 
in a wide array of mixing systems including rotating drum mixers [242], mechanically stirred 
mixers [243,244] and industrial blenders [245] and is therefore proven to be very capable of 
describing the behavior of bulk solids. If the DEM is combined with an approach being capable 
to address the fluid flow, fluidized particle systems can be described as well.  

The approach to couple the discrete element method (DEM) with continuum-based models to 
represent the fluid phase (CFD) has been gaining popularity in recent years. This way the 
precision of discrete particle tracking is combined with the computational efficiency of CFD, 
which allows addressing distinctly larger systems compared to simulations where the flow is 
resolved around particles. Based on the coupled DEM-CFD approach a multitude of studies 
has been published that consider mixing processes in fluidized beds [104,196,246–255]. 
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These studies found that experimental mixing and segregation processes were in good agree-
ment with the numerical results for a variety of different particle sizes and densities as well as 
vessel geometries. Feng and Yu [255] examined the effects of the vessel geometry analyzing 
2D and 3D cases, concluding that resulting deviations deem it necessary to simulate fluidized 
systems in 3D. The capability of the DEM-CFD to reproduce the influence of density differ-
ences was shown by Di Renzo et al. [248]. Olaofe et al. [104] showed that for strongly polydis-
perse systems the drag force model is of high importance as the commonly used Ergun, Wen 
and Yu drag force model showed high deviations. However, these studies have only been 
conducted with spherical particles, which may not fully depict the behavior of real, complex 
shaped particles.  

The particle shape has been identified to play a key role in the mixing behavior and was linked 
to segregation even at equal particle volumes and densities [256]. The mechanical properties 
of the particles like the coefficient of restitution and sliding friction have minor influence on solid 
mixing in a fluidized bed [103]. Therefore the particle shape is one of the most important pa-
rameters that should be considered in DEM simulations [11]. This is especially important as a 
high percentage of coarse bulk solids are of non-spherical, complex shape. They are widely 
encountered in refuse-derived fuel and biomass [201], drying applications [202], food pro-
cessing [72], bulk solid handling [203] and the pharma industry.  

Refused-derived fuel and biomass particles can be utilized in gasification or combustion pro-
cesses to replace other CO2 non-neutral fossil fuels [257]. Biomass and refused derived fuels 
are however difficult to fluidize due to their shape (long or flat) [158] and thus can be mixed 
with smaller more regular inert particles like sand, which also act as a good heat carrier in the 
case of combustion. Experimental studies of mixtures of biomass and sand showed that de-
pending on the bubble motion segregation can occur [174,258,259]. Zhang et al. showed that 
depending on the gas velocity any state between global segregation and global mixing can 
occur in a fluidized bed. Another example is the coating of tablets, which are often of non-
spherical shape, in fluidized beds [260]. For a uniform product, equal residence time in the 
spray zone is needed and therefore the mixing behavior is required to be well understood. To 
gather a deeper understanding of mixing processes involving mixtures of complexly shaped 
particles, simulations with the coupled DEM-CFD can be undertaken.  

Therefore, drag force models that account for the particle shape and orientation are needed. 
A suitable model that is capable of addressing spherical, as well as complexly shaped parti-
cles, was proposed by Hölzer and Sommerfeld [12]. To be able to describe dense flows, this 
model can be extended by combining it with the model by Di Felice [105] for the representation 
of the void fraction or alternatively the model proposed by Rong et al. [46]. Recent studies 
utilizing the models by Hölzer and Sommerfeld and Di Felice show good agreement for pres-
sure drop and fluidization for cylindrical, cuboidal and ellipsoidal particles [10,145,261–263] 
but further investigations are needed. Ren et al. found that the approximation quality of the 
particle has a strong influence on the accuracy of the results such as minimum spouting ve-
locity and resulting fountain height [214]. Cai et al. showed that the orientation of cylindrical 
particles can be described by the DEM-CFD for the bed region as well as the near-wall region 
[263]. An extension of the DEM-CFD to include van der Waals forces was carried out by Gan 
et al. to study fine ellipsoids in a fluidized bed [262]. So far only a limited amount of studies 
exists, that examine the influence of the particle shape on the mixing process in fluidized beds 
with the coupled DEM-CFD approach. Ren et al. examined corn-shaped particles approxi-
mated through clustered spheres and found that spheres mix faster and more homogeneously 
than corn-shaped particles [215]. Oschmann et al. analyzed mixtures of spheres, cylinders 
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cubes and plates both approximated through clustered spheres and through polyhedra. Re-
sults indicate that plate-like particles show the fastest mixing rate due to variations of the cross-
sectional area and therefore differences in the particle/fluid-forces. Furthermore, segregation 
tendencies for certain sphere/complex shaped particle combinations were observed [144]. As 
both studies [215] and [144] only supply numerical results on mixing and certain particle/fluid 
interaction modes, like the Magnus and Saffman lift force or torques, are currently disregarded 
by most DEM-CFD frameworks which may especially affect elongated particles, experimental 
investigations are deemed necessary to validate the applicability of the currently used DEM-
CFD frameworks involving drag force submodels for different particle shapes as momentarily 
available. This study aims to contribute to this topic by comparing simulations of mixtures of 
three different complex shaped particles as well as spheres with experiments performed with 
similar particles. Hereby 13 mixture combinations are examined and the mixing rates are com-
pared by the means of the Lacey mixing index. This way the capabilities and limits of the 
coupled DEM-CFD can be assessed and further requirements for improvements can be iden-
tified. 

1.1 DEM-CFD approach for the simulation of fluidized beds 

An Eulerian-Lagrangian approach was used to describe the mixing process in a fluidized bed, 
an in-detail description of our numerical method can be found in our previous publications 
[144,261]. The complex-shaped particles which are examined in this study are modeled 
through the polyhedron method, which allows for precisely reproducing angular shapes by 
compositing triangles as surface approximation.  

In contrast to spherical particles, the forces which are applied to the particles by the fluid are 
not easily calculated for complexly shaped particles. Currently, most of the existing models for 
the description of the particle/fluid forces, are not able to describe non-spherical particles. 
Therefore in this study, the approach by Di Felice [105], where the force for an isolated spher-
ical particle is calculated and altered by the influence of surrounding particles is used, as this 
method is also suitable for non-spherical particles. Note, that other models are also available 
for realizing the particle system influence [46] which are however not used here. Additionally 
very recently shape specific drag force models for arbitrarily dense systems were proposed 
[45] which are however also not applicable for the particle shapes considered here. Based on 
the so-called Model A (compare Zhou, Kuang Yu [2010]) the drag force �⃗�𝐹𝑖𝑖𝑑𝑑 and pressure gra-
dient force �⃗�𝐹𝑖𝑖

∇𝑝𝑝 acting on a particle i are combined into the particle/fluid force and are written 
as  �⃗�𝐹𝑖𝑖

𝑝𝑝𝑝𝑝 = �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖
∇𝑝𝑝. Other minor particle/fluid forces such as lift forces are disregarded. The 

respective resulting combined drag and pressure gradient force reads: 

�⃗�𝐹𝑖𝑖
𝑝𝑝𝑝𝑝 = �⃗�𝐹𝑖𝑖𝑑𝑑 + �⃗�𝐹𝑖𝑖

∇𝑝𝑝 =
1
2
𝜌𝜌𝑝𝑝 �𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�𝐶𝐶𝐷𝐷𝐴𝐴⊥𝜀𝜀𝑝𝑝1−𝜒𝜒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖�, (134) 

where 𝐶𝐶𝐷𝐷 is the drag coefficient, 𝐴𝐴⊥ is the cross-sectional area perpendicular to the flow and 𝜒𝜒 
a correction factor. 𝜒𝜒 is calculated as a function of the particle Reynolds-number 𝑅𝑅𝑅𝑅 =
𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑑𝑑𝑒𝑒�𝑢𝑢�⃗ 𝑝𝑝 − �⃗�𝑣𝑖𝑖� 𝜂𝜂f⁄  as: 

𝜒𝜒 = 3.7 − 0.65 exp(− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ), (135) 

with 𝑑𝑑𝑒𝑒 = �6
𝜋𝜋
𝑉𝑉p�

1/3
 the diameter of a volume equivalent spherical particle and 𝜂𝜂f the fluid vis-

cosity. The drag coefficient 𝐶𝐶𝐷𝐷 of a single particle (spherical or non-spherical) can be derived 
from correlations such as Hölzer und Sommerfeld [12] which is written as:  
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𝐶𝐶𝐷𝐷 =
8
𝑅𝑅𝑅𝑅

1

�𝜙𝜙⊥
+

16
𝑅𝑅𝑅𝑅

1

�𝜙𝜙
+

3
√𝑅𝑅𝑅𝑅

1
𝜙𝜙3/4 + 0.42 × 100.4(−log(𝜙𝜙))0.2 1

𝜙𝜙⊥
 , (136) 

where 𝜙𝜙⊥ is the crosswise sphericity which is the ratio between the cross-sectional area of the 
volume equivalent sphere and the projected cross-sectional area of the considered particle 
perpendicular to the flow. Therefore, the particle orientation is directly considered through the 
crosswise sphericity in the calculation of the drag coefficient.  

1.2 Experimental and numerical setup  
A laboratory scale fluidized bed is used to carry out the experiments. The vessel is manufac-
tured from antistatic polycarbonate with the dimension’s width = depth = 0.11 m and height = 
0.41 m. To assure an even fluid inflow a porous plate with an open area of 37 % is installed at 
the bottom of the bed and multiple flow straighteners are placed below the orifice. A camera 
(Optronis CL 600x2) is used to record optical data with a frequency of 50 Hz. A pressure con-
ductor is installed at the side of the vessel and measures the pressure drop of the bed with a 
frequency of 250 Hz. A measuring track with an orifice disk is used to determine the fluid mass 
flow and velocity. The ambient air temperature is constantly measured to account for possible 
density changes. The experimental setup is shown in Fig. 48a. 

Four differently shaped particle classes have been examined in this study. Shapes include 
spheres, cubes, elongated cuboids, and plates. All particles are made from beech wood and 
exist in two different colors. As wood is an organic, anisotropic material natural density differ-
ences occur. The particles analyzed in this study are all volume equivalent, so no adjustment 
of the Lacey mixing index for different particle sizes had to be applied. A list of particle param-
eters is given in Table 17Table 20. A constant mass of m= 535 g distributed evenly between 
both components is maintained for all experiments.  

Table 20 Particle properties including the particle dimensions, the sphericity 𝜙𝜙 and the particle density ρp, 

Shape Sphere Cube Elongated Cu-
boid 

Plate 

 

    
Size [mm]  7.2  

5.2 6.3 6.3 4.2 4.2 
11.
4 2.2 9.0 9.8 

𝜙𝜙   [-] 1.00 0.80 0.73 0.63 
ρp [kg/m³] 772.5 746.9 639.7 672.8 

Analogously to the experimental setup the numerical setup, displayed in Fig. 48b was created. 
The complex-shaped particles (cubes, elongated cuboids, and plates) are modeled with a pol-
yhedron approach and therefore have the exact dimensions as the wooden particles. Experi-
ments on a single particle level described by Höhner et al. [26] and Hold [63] have been carried 
out to determine the coefficients of friction and restitution. As the coefficient of restitution of 
non-spherical particles is dependent on the impact angle, in this study the value of spherical 
particles has been used for all particle shapes. 
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Fig. 48 Schematic of the experimental (a) and numerical (b) setup. 

The maximum overlap of two colliding particles is mostly governed by the spring stiffness and 
limited to a maximum overlap of 1 % of the particle diameter as suggested by Kruggel-Emden 
et al. [152] to avoid alteration of the simulations. The coefficients of normal restitution between 
particles 𝑅𝑅𝑃𝑃𝑃𝑃𝑛𝑛  and particles and walls 𝑅𝑅𝑃𝑃𝑊𝑊𝑛𝑛  and the Coulomb friction coefficient μC between par-
ticles and particles as well as between particles and walls are set to: 𝑅𝑅𝑃𝑃𝑃𝑃𝑛𝑛 = 0.5, 𝑅𝑅𝑃𝑃𝑊𝑊𝑛𝑛 = 0.5, μC_PP= 
0.4, μC_PW= 0.3. The CFD time step is adjusted to 1·10-4 s; the DEM time step is 1·10-5 s. Based 
on the complexity of the particle shape calculation times were between 1 day and 1 week for 
an 8 s simulation, calculated on an Intel EM64T Xeon computer with a dual CPU with a total 
of 20 CPU cores. The stiffness 𝑘𝑘𝑛𝑛 and 𝑘𝑘𝑑𝑑 are calculated in a way so that the maximum overlap 
condition is met. Stiffnesses for the resulting simulation amount to values between 11000 and 
13000 kg/s² depending amongst others on the particle mass and are therefore slightly different 
for each shape. The inflow condition is realized as a velocity inlet; the outflow as a pressure 
outlet. The walls are realized with a no-slip boundary condition. Cell sizes in the DEM-CFD 
simulations (compare Fig. 48b) need to be bigger than a single particle so that a cell size of 
1.375 x 1.375 x 1.375 cm³ is chosen for all simulations. The ambient conditions applied for the 
DEM-CFD are aligned with the experimental conditions and are listed in Table 21. 

Table 21 Environmental parameters. 

Property 
Abbrevia-
tion Value 

Ambient pressure pA 101,325 Pa 
Ambient temperature TA 291.15 K 
Gas viscosity µ𝑀𝑀 1.8302E-05 kg/(m·s) 
Gas density ρg 1.168 [kg/m³] 

 

Pressure tap-
ping points 

DEM-/CFD- 
cell 

Fluid inlet a. b. 

Fluid outlet 
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1.3 Experimental and numerical procedure 
For all investigations, two particle types always varying by color (mono- and bidisperse mix-
tures) and additionally in most cases (bidisperse mixtures) by shape have been arranged in 
two horizontal layers in the vessel. An equal layer thickness was maintained between experi-
ment and simulation to guarantee equal starting conditions. The values of the layer thicknesses 
are given in Table 22, where the upper entry in a cell corresponds to the layer thickness of the 
top component and the lower entry to the bottom component. Particle shapes stated horizon-
tally in Table 22 represent the top component; shapes aligned vertically represent the bottom 
component. Experiments with spheres as the bottom component could not be carried out, as 
the entire bed was then lifted upwards towards the vessel cover with the start of the experi-
ment. Subsequently, 13 different particle combinations were examined.  

Table 22 Componentwise layer thickness for all 13 examined cases. 

Shape Sphere Cube Elon-
gated 
Cuboid 

Plate 

Component 
layer thick-
ness [mm]     

 

48 46 55 53 
48 48 48 47 

 

- 43 52 51 
- 43 42 41 

 

- 44 51 53 
- 51 52 51 

 
- 44 54 50 
- 50 50 51 

The initial particle packings are generated by dropping randomly orientated particles into the 
vessel equally distributed over the cross-section from a height equal to the height of the vessel. 
The same packing generation procedure is used in both experiment and simulation. Starting 
from a fixed bed state the compressor is activated and the bed is fluidized. To avoid an initial 
pressure surge and to create a repeatable experimental procedure the compressor control has 
been programmed to increase the velocity up to a target velocity of u=2.4 m/s in accordance 
with a defined velocity profile. The velocity profile can be described between 0 and 6 s with the 
polynomial u(t) = -0.0052t4 + 0.1t3 - 0.7043t2 + 2.1659t - 0.0775 and for t>6 s u(t) = 2.4 m/s. A 
simultaneous trigger based start of the high-speed camera and of the pressure data acquisition 
allows to manually determine the instance of time when the compressor precisely induced flow 
through the experimental vessel based on the pressure data. Note that there is an offset be-
tween the start of the compressor and the induction of flow in the vessel in the experiments. 
With the knowledge about the offset, the exact moment that marks the start of the experiment 
can be determined. At this point, no particle movement occurs yet as the minimum fluidization 
velocity of the particles is not reached. With the instance of time of the start of the experiment 
known, it is possible to compare the obtained experimental with the numerical results as the 
same velocity profile is applied in the latter as well. Experiments have been repeated up to 12 
times and simulations up to 5 times. The analysis of the experiments was performed on basis 
of the videos gained from the high-speed camera with a Matlab program that calculates the 
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Lacey mixing index described in section 4.IV.4.1. The simulations have been analyzed accord-
ingly by visualizing the data and then using the same Matlab program on the visualized data. 
As only the outer surface of the vessel is examined, all four sides have been considered so 
that a total of 20 different data sets were used to calculate the mean value for the mixing quality 
in the simulations. This high number of repetitions is needed, as especially the mixing rate in 
the initial stage of the mixing fluctuates between repetitions.  

1.4 Lacey mixing index 

To characterize mixing processes, a variety of mixing indices are available [264,265]. In this 
study, the Lacey mixing index [100] is used which is based on the variance of samples drawn 
from a system, which in the case of this study consists out of two differently colored solids 
(component A and B) in a gas flow. 

As multiple particle shapes are examined a pixel-based detection was chosen. A particle-
based detection as it was reported in our previous study [261] proved to be very hard to imple-
ment for plate-shaped particles, as the face area of a particle varies greatly with changing 
particle orientation. In the pixel-based approach instead of detecting the particle centers first 
and then determining the corresponding color, the colored pixels are detected directly and the 
ratio of detected pixels per sampling cell is then calculated. This way the particle orientation 
can be neglected and all particle shapes can be analyzed. On the basis of the detected pixels, 
a calculation of the Lacey mixing index is performed. Therefore, the variance defined as the 
square of the standard deviation has to be calculated through:  

𝑐𝑐2 = 1
𝑛𝑛
∙ ∑ (𝑐𝑐𝑖𝑖 − 𝑐𝑐̅)2𝑛𝑛

𝑖𝑖=1 , (137) 

where 𝑐𝑐𝑖𝑖 is the concentration of component A or B in the drawn sample i calculated as 𝑐𝑐𝑖𝑖 =
𝑐𝑐𝑀𝑀 (𝑐𝑐𝑀𝑀 + 𝑐𝑐𝑏𝑏)⁄  for component A and analogously for component B. 𝒄𝒄� is its corresponding average 
concentration over all n samples, calculated through: 

𝑐𝑐̅ = 1
𝑛𝑛
∙ ∑ 𝑐𝑐𝑖𝑖𝑛𝑛

𝑖𝑖=1 . (138) 

To maintain a steady number of pixels in the sampling cell, its size is adaptively extended 
equally in both orthogonal directions x,z or y,z if a region with a higher local porosity is probed. 
Varying porosities between both components of the mixture, which are commonly observed at 
the early stages of the mixing process, e.g. caused by bubbles (compare Fig. 49), can have 
an additional influence on the calculated mixing index. This phenomenon can occur in bidis-
perse as well as in monodisperse mixtures where the only difference in particle property lays 
in the color of the particles.  

As probes are randomly drawn from the entire bed, the component linked with a higher sur-
rounding porosity will have a higher chance to be drawn in a probe than the average value 𝑐𝑐̅ 
would suggest, leading to misinterpreted values of the mixing index. To compensate for this 
effect, the pixel concentration of each sampling cell i is calculated with the following equation: 

𝜑𝜑𝑖𝑖 = (n𝑀𝑀 + n𝑏𝑏)/�𝐾𝐾𝑥𝑥,𝑦𝑦 ∙ 𝐾𝐾𝑧𝑧�, (139) 

where n𝑀𝑀 is the number of pixels of component A in the probe area, and n𝑏𝑏 is the number of 
pixels of B. As explained the value (n𝑀𝑀 + n𝑏𝑏) is kept constant by adjusting the probe area. 𝐾𝐾𝑥𝑥,𝑦𝑦 
and 𝐾𝐾𝑧𝑧 give the size of the sampling cell in pixel. The variance is then modified with the pixel 
concentration 𝜑𝜑𝑖𝑖 to account for possible local porosity differences:  
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𝑐𝑐𝑚𝑚𝑙𝑙𝑑𝑑2 = 1
∑ 𝜑𝜑𝑖𝑖𝑛𝑛
𝑖𝑖=1

∑ (𝑐𝑐𝑖𝑖 − 𝑐𝑐̅)2𝑛𝑛
𝑖𝑖=1 ∙ 𝜑𝜑𝑖𝑖. (140) 

Therefore if all probing cells are fully filled with detected pixels of component A or B (𝜑𝜑 = 1) 
𝑐𝑐𝑚𝑚𝑙𝑙𝑑𝑑2  becomes equal to 𝑐𝑐2. A similar approach was applied by Feng et al. who introduced a 
weighting factor based on the ratio of particles in the sample to the maximal possible number 
of particles in a sample [196]. 

 
Fig. 49 Strongly varying porosities of the solid components for a monodisperse mixture of spherical particles 

due to rising gas bubbles. 

The mixture can assume states between completely unmixed expressed through: 

𝑐𝑐02 = 𝑐𝑐̅(1 − 𝑐𝑐̅), (141) 

and a complete random mixture defined as 

𝑐𝑐𝑟𝑟2 = 𝑐𝑐̅(1 − 𝑐𝑐̅)/𝑗𝑗, (142) 
where j is the number of pixels of component A or B in each sample. With the normalized 
variance known as the Lacey mixing index M the mixing quality can be classified in the range 
from 0 (completely unmixed) to 1 (completely mixed): 

𝑀𝑀 = 1 − 𝑑𝑑𝑚𝑚𝑚𝑚𝑚𝑚
2 −𝑑𝑑𝑟𝑟2

𝑑𝑑02−𝑑𝑑𝑟𝑟2
. (143) 

The Lacey mixing index is dependent on two variables that can influence the quality of the 
obtained results: The number of probes taken as well the size of each probe. No bed material 
has to be physically removed in the sample drawing process during the image analysis, so a 
very high sample number can be considered to achieve precise results. In this study, 1000 
samples have been randomly chosen in each picture taken from the mixing process. The probe 
size will affect the obtainable mixing quality, as a smaller probing cell will generally give lower 
mixing indices while a bigger probing cell will result in higher mixing indices as micromixing 
effects are neglected [266]. To ensure comparability between results, the initial probing cell 
before enlargement was fixed to be 1/5 of the vessel width, corresponding to 2.2 cm x 2.2 cm. 

  



Publication IV   113 
 

 

2. Results and discussion 
In the following section, the mixing quality represented by the Lacey mixing index over 8 sec-
onds is outlined for mono- and bidisperse mixtures of 4 differently shaped particle classes. The 
mixing rate in this study is given as a mean value of multiple experiments/simulations as well 
as a range indicated by minimum and maximum values.  
Results for four different mixtures based on spherical particles are given in Fig. 50 with exper-
imental results plotted in blue (left column) and numerical results from the DEM-CFD plotted 
in red (right column).  

  

  

  

  
Fig. 50 Experimental (left column) and numerical results (right column) for mixtures of 7 mm spheres as the 

bottom component and 7 mm spheres (a-b), 5 mm x 6 mm x 6 mm cubes (c-d), 4 mm x 4 mm x 11 mm elon-
gated cuboids (e-f) or 2 mm x 9 mm x 10 mm plates (g-h) as the top component. 

a) b) 

c) d) 

e) f) 

g) h) 
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As there is a multitude of results presented in this study, only an exemplarily explanation of the 
mixing process is given with the help of the monodisperse sphere case (Fig. 50a, Fig. 50b). 
Instead of a full description of every case, noteworthy characteristics are pointed out thereafter. 
Note that the initial value of M≈0.2 seen in most figures depicting the mixing index is a result 
of the sampling method of random samples, as it is possible to draw a sample that includes 
the boundary layer where the two components A and B are in contact. Only if a grid-based 
approach for the determination of the variance would be utilized and the grid lines intentionally 
align with the boundary layer, a value of M=0 would be achieved. Fig. 50a shows the typical 
progression of the mixing process starting with a value of M≈0.2 obtained for the fixed bed. 
Once the bed is set into motion, a small decline of the mixing quality can be noticed. This is 
due to an even expansion of both solid fractions A and B without any actual mixing yet (com-
pare Fig. 51, t= 1.3 s). 

With the then smaller ratio of the boundary layer to the rest of the bed the resulting mixing 
index declines. Afterward this initial expansion of the bed, the mixing process fully starts and 
the M value increases until a constant level of mixing is achieved (Fig. 51, t= 1.8 – 5 s). Sudden 
drops in the mixing quality are possible if an unmixed chunk of particles moves from the inside 
of the vessel to the outer surface. If the results of the experiments (Fig. 50a) and simulations 
(Fig. 50b) are compared, the mean value of the simulation shows a slightly faster increase of 
the mixing rate, which suggests a faster mixing in the simulation. The mean value, however, 
can only represent the mixing process to a certain degree, as the mixing state between two 
different runs or even at two different sides of the vessel in the same run can strongly fluctuate 
(compare Fig. 51 t= 2.3 s - 3.3 s). 

 
 

Fig. 51 Time series of the mixing process of a simulation of d= 7 mm spheres of the first 5 seconds. 

Therefore, the full range of the results indicated by the minimum and maximum values should 
be compared, too. The ranges of the experiment and the simulation overlap for the most parts 
of the entire 8 seconds mixing process, but the maximum values for the simulation indicate 
faster mixing. The difference in the final M value can be explained through the higher visibility 
of particles in the deeper regions of the bed in the simulation. With the camera setup of the 
experiment, the observable depth of the bed varies depending on the bubble size and the 
position in the vessel, while in the simulation deeper layers of particles are fully visible if bub-
bles or openings occur. This allows for a more even distribution inside the sampling cells. For 
the mixtures of spheres with cubes (Fig. 50c-d), elongated cuboids (Fig. 50e-f) and plates (Fig. 
50g-h) good agreement between the experiments and the simulations of the mean values can 
be observed. 

      t= 0 s                t= 1.3 s            t= 1.8 s           t= 2.3 s            t= 2.8 s           t= 3.3 s             t= 5.0 s 

http://www.dict.cc/englisch-deutsch/peculiarities.html


Publication IV   115 
 

 

A very broad range of minimum and maximum values is noticeable for the results of the simu-
lations for both elongated cuboids (Fig. 50f) and plates (Fig. 50h). These high fluctuations of 
the mixing quality are the result of particle accumulations on the outside walls of the vessel, 
see Fig. 52. The particles, which are in contact with the walls, only show little motion and mostly 
stay in contact with the walls for extended periods of time. Furthermore, they block the view of 
the ongoing mixing process on the inside of the bed, so that misleading M values are calcu-
lated. Note that electrostatic forces are not considered in the simulations of this study and the 
accumulation is simply due to the particle shape and flow conditions. In the experiments, this 
behavior is not observed.  

 
Fig. 52 Particle accumulation for the mixtures of (a) 7 mm spheres and 4 mm x 4 mm x 11 mm elongated cu-

boids and (b) 7 mm spheres and 2 mm x 9 mm x 10 mm plates at t = 8 s. 

To gain a better understanding an in-depth analysis of the bidisperse mixture of spheres and 
plates has been carried out. The bidisperse mixture of spheres and elongated cuboids showed 
similar results so that only the former is discussed here. 

In a first step, the bed height of the three cases, monodisperse spheres, monodisperse plates 
and the bidisperse mixture of spheres and plates is compared to the experimentally measured 
values, compare Fig. 53. Therefore, a Matlab program that determines the highest non-black 
pixel in each column of a given picture was used. The results indicate generally good agree-
ment for the monodisperse cases (Fig. 53a-b), while the bidisperse case shows a lower bed 
height in the simulation. To check the general correctness of the simulation the pressure drop 
of these 3 cases is compared between experiment and simulation, compare Fig. 54. It can be 
seen that the results are in good agreement for all 3 cases. As normally particles that are not 
suspended in the fluid, e.g. build up in the corners (compare [261]), result in an overall lower 
pressure drop of the bed, it can be assumed that the particles that accumulate on the walls in 
the bidisperse case are still carried by the fluid as they contribute towards the pressure drop. 
This is supported by the fact that the particles remain in motion, however only at low velocities 
with contact to the walls. In addition to the pressure drops the average particle fluid forces over 
all particles (spheres or plates in the monodisperse; spheres and plates in the bidisperse case) 
can be calculated for the three considered cases; results are shown in Fig. 55a. It can be seen 

a) b) 
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that the particle fluid force of the bidisperse case lays on average in-between the two mono-
disperse cases, supporting the results of the pressure drop underlining a full fluidization of the 
particle system.  

 

 

 
Fig. 53 Experimentally and numerically determined bed height of configurations involving (a) monodisperse 

spheres, (b) monodisperse plates and (c) a bidisperse mixture of spheres and plates. 

To fully evaluate the obtained results, a comparison with a DEM-CFD where flow around indi-
vidual particles is resolved is needed, as the experiments cannot provide particle fluid forces. 

 

 

 
Fig. 54 Experimentally and numerically determined pressure drop of configurations involving (a) monodisperse 

spheres, (b) monodisperse plates and (c) a bidisperse mixture of spheres and plates. 

a) 

b) 

c) 

a) 

b) 

c) 
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The analysis of the average porosity, shown in Fig. 55b, reveals a generally slightly lower 
average porosity of the bidisperse case, which is in agreement with the results of the bed 
height. The porosity was calculated as the average porosity of all cells that included parts of 
the solid. Besides the porosity and the relative velocity experienced by the particles another 
factor influencing the particle fluid force is the projection area, which is displayed in Fig. 55c. 
In this figure the behavior of the plates in the monodisperse case and of the plates in the 
bidisperse case is compared; as the projection area of spheres does not change with changing 
orientations it is plotted as a straight line. It can be seen that for the plates in the bidisperse 
case the curve declines slower at the beginning, which might indicate that the bed is in less 
overall motion. At t≈3.5 s the average projection area of the bidisperse plates falls below the 
value of the monodisperse plates as more and more particles align themselves with the walls 
and therefore have very small projection areas. Due to this the bed material reacts and as-
sumes low porosities (comp. Fig. 55b) to compensate for this in terms of overall particle fluid 
force and pressure drop. In Fig. 55d the average particle velocity is shown, as a measure of 
the dynamics of the bed. Here the bidisperse case is analyzed component-wise as well as a 
whole. It can be seen that the average particle velocity is overall much lower for the bidisperse 
case and especially for the spherical particle component.  

  

  
Fig. 55 Further results of simulations involving monodisperse spheres and plates and bidisperse mixtures of 
spheres and plates showing (a) the average particle fluid force, (b) the average porosity, (c) the average pro-

jection area and (d) the average particle velocity.  

From the provided analysis and comparison of the bidisperse mixture of plates and spheres, it 
can be concluded, that the macroscopic quantities like the pressure drop are in good agree-
ment with the experimental values. However, the overall dynamic of the bed is very different, 
resulting in lower bed heights and accumulation of particles close to the walls. The average 
particle fluid force is matching results of the pressure drop calculated in accordance to the 
used drag force models so that a further analysis of this phenomena with flow resolved simu-
lations on a grid much smaller than the particles deems necessary. Whether certain particle 

a) b) 

c) d) 
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fluid forces are neglected in the simulations which are of relevance in reality or there is a short-
coming in the applied drag force model is required to be analyzed in the future. The differences 
between the drag forces acting upon particles in mono- and bidisperse packings have been 
studied for spherical particles extensively by Beetstra et al. [42] with the Lattice-Boltzmann 
method. They showed that the drag force acting upon the larger component was multiple times 
higher than it was estimated by models suitable for monodisperse systems. 

  

  

  
Fig. 56 Experimental (left column) and numerical results (right column) for mixtures of 5 mm x 6 mm x 6 mm 

cubes as the bottom component and 5 mm x 6 mm x 6 mm cubes (a-b), 4 mm x 4 mm x 11 mm elongated cu-
boids (c-d) or 2 mm x 9 mm x 10 mm plates (e-f) as the top component. 

More recently Rong et al. [267] who analyzed polydisperse sphere packings with the Lattice-
Boltzmann method confirmed that the drag force on the large component increases with the 
large-to-small size ratio. Olaofe et al. [104] showed that for strongly polydisperse systems of 
spheres deviations can occur if models that were derived for monodisperse are used in poly-
disperse systems. We assume a similar phenomenon occurred in this study as one may argue 
that even though the considered particles in this study are volume equivalent, due to the dif-
ferences in the projection area (compare Fig. 55c) they count as polydisperse, depending on 
the prevailing orientation. This is supported by the fact, that for cubical particles no deviations 
like this were encountered (compare Fig. 50c-d) as they possess overall more similar projec-
tion areas. Additionally, the drag force when derived from resolved flow simulations is only 

a) b) 

c) d) 

e) f) 
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derived for static, non-moving packings so that certain forces like the Magnus lift force or torque 
forces, due to hydrodynamics and resistance do not occur. In our current DEM-CFD model 
these forces/torques might be of relevance but are not included. The torque forces act espe-
cially upon elongated particles and may be of increased importance in the context of binary 
mixtures of complex shaped particles and spheres [268]. Furthermore, the wall boundary treat-
ment could have an influence on the particle accumulations on the wall, however, it cannot 
explain the overall lower dynamics and bed heights. 

  

  

  
Fig. 57 Experimental (left column) and numerical results (right column) for mixtures of 4 mm x 4 mm x 11 mm 
elongated cuboids as the bottom component and 4 mm x 4 mm x 11 mm elongated cuboids (a-b), 5 mm x 6 

mm x 6 mm cubes (c-d) or 2 mm x 9 mm x 10 mm plates (e-f) as the top component. 

In Fig. 56 the results of three different mixtures with cubical particles as the bottom component 
are given. Good agreement between simulations and experiments for the mean values can be 
observed for all particles. Slightly lower M values for the mixed states in the simulation are 
caused by chunks of particles of the same component that even after 8 s of mixing do not 
break up completely. The resulting mixture is therefore mixed less evenly if compared with the 
experiments. If the experimental results of the three different particle mixtures (Fig. 56a,c,e) 
are compared with each other, quite similar mean values for the mixing index can be observed. 
Up until an M value of 0.7, the mixture with plates mixes slightly faster. This can be quantified 
by analyzing the time until the mixture reaches a M value of 0.5, this value represents the 
middle between the fully unmixed and the complete random mixture. For plates, it takes tM=0.5= 
1.92 s, for the monodisperse case tM=0.5= 2.14 s and tM=0.5= 2.16 s for the elongated cuboids to 

a) b) 

c) d) 

e) f) 
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reach this mixing state. The results of the simulations (Fig. 56b,d,f) show bigger differences 
between each other, as the mixture of plates and cubes mixes slightly faster than the other two 
combinations. Also, the range of the results indicated by the minimum and maximum values is 
overall larger when compared with the experiments. 

  

  

  
Fig. 58 Experimental (left column) and numerical (right column) results for mixtures of 2 mm x 9 mm x 10 mm 
plates as the bottom component and 2 mm x 9 mm x 10 mm plates (a-b), 5 mm x 6 mm x 6 mm cubes (c-d) or 

4 mm x 4 mm x 11 mm elongated cuboids (e-f) as the top component. 

Overall reasonable agreement between experiment and simulation can be observed for the 
different mixtures with elongated cuboids as the bottom component displayed in Fig. 57. From 
the experimental results, it can be observed that cubes, elongated cuboids, and plates all show 
on average similar mixing speeds. The time until a M value of 0.5 is reached is tM=0.5= 2.2 s for 
the monodisperse plate case and tM=0.5= 2.12 s for the bidisperse cube case. The simulations 
show on average a slower mixing process, which can also be seen in the times until M be-
comes equal to 0.5. For the monodisperse case it takes tM=0.5= 2.52 s and for the cubes tM=0.5= 
2.32 s. The plates reach M=0.5 in the same time as in the experiment with tM=0.5= 2.2 s.  

The outcome of three different mixture combinations with plates as the bottom component is 
given in Fig. 58. Overall a good match between simulation and experiment can be observed in 
all cases. In both the experiments and the simulations the monodisperse plates show the fast-
est mixing of all three combinations (compare Fig. 58a,b). The M0.5 value is reached after tM=0.5= 
1.34 s in the experiment and tM=0.5= 1.44 s in the simulation. If other particle shapes are added 

a) b) 

c) d) 

e) f) 
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to the mixture, the overall mixing speed reduces. In the case of the experiments, the tM=0.5 time 
increases to 2 s for both the cubes and the elongated cuboids. A similar trend can be observed 
in the simulations where it takes tM=0.5= 2.04 s for the elongated cuboids and tM=0.5= 1.88 s for 
the cubes to reach a M value of 0.5. All simulations (Fig. 58b,d,e) result in lower final M values, 
indicating a slightly lesser degree of mixing as more particles of the same component are 
closer to each other as in the experiment.  

The comparison of different compositions based on one of four particle types showed that the 
generally fastest mixing rate is achieved by monodisperse plates. The face area of the plates 
depends strongly on the orientation and has the biggest variety of all the examined particles, 
therefore the particle fluid forces show the biggest variations. If the monodisperse cases are 
compared with each other, it can be seen that the fastest mixing rate is achieved by plates, 
followed by cubes and elongated cuboids. Spherical particles show the slowest mixing speed 
from the examined particles. A similar order of the mixing rates can be identified in the simu-
lations. As spheres are not influenced by the orientation and have similar face areas, the par-
ticle fluid forces are more evenly distributed and mixing is slower than for complexly shaped 
particles. The minimum fluidization velocity is not related to this behavior, as the onset of move-
ment happens nearly at the same time for all particles. This is due to the fact, that the superfi-
cial velocity exceeds the minimum fluidization velocity of all particles in a short time span in 
both the experiments and the simulations. 

3. Conclusions 
The mixing quality of four differently shaped particle types has been examined in a laboratory 
scale fluidized bed both experimentally and numerically. A coupled DEM-CFD approach that 
considers particle shapes and orientations was used in the simulations. Both experiments and 
simulations have been analyzed in an analogous manner by examining the sampling variance 
at the outside walls of the vessel with a modified Lacey mixing index. To account for different 
porosities in the bed of the two particle components a correction factor was utilized. The fol-
lowing conclusions can be drawn from this study: 

• The coupled DEM-CFD approach proved capable of describing mixing processes for a 
variety of particles including spherical, elongated, flat and cubical particles. Numerical 
results were in good agreement with the experimental results for nearly all tested par-
ticle combinations. This includes also the relationship of the mixing speeds between 
different particle combinations. 

• Differences between experiment and simulation were found for the mixtures of spheres 
and elongated cuboids as well as spheres and plates. In the simulations increased 
amounts of particles attached to the walls with increasing test duration and the overall 
particle movement was less dynamic. Results lead to the assumption that the currently 
used drag force models are not suitable for the description of polydisperse systems 
involving spherical and non-spherical particles. It has to be clarified if lift and torque 
forces have to be included. Further studies are needed to examine the drag force be-
havior of non-spherical particles under the assumption of non-uniform size distribu-
tions. In this context, the wall boundary treatment could be tested by using more real-
istic resolved models compared to the coarse non-resolved no-slip model used here. 

• The particle shape plays an important role in the mixing process. The addition of plates 
into a mixture generally results in faster mixing rates. This can be related to the possible 
variations of the face area depending on the particle orientation and therefore higher 
variations of the particle fluid forces. 
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• The experiments and simulations showed that the fastest monodisperse mixing was 
achieved by plates, followed by cubes and elongated cuboids. The slowest mixing rate 
was detected for spherical particles. 

• Mixing of bidisperse particle systems examined in this study is mostly slower than mix-
ing of monodisperse systems. Experiments and simulations including one part spheres 
were slower than those cases that included only complex shaped particles. The higher 
minimum fluidization velocity of spheres had no major influence on this, as the onset 
of the mixing process was similar for all cases. Instead, this effect can be attributed to 
the uniform face area of spherical particles and therefore more even particle/fluid 
forces. 

• If in experiments cubes or elongated cuboids are mixed with other complex shaped 
particles no significant change in the mixing speed can be observed. On the other hand, 
mixtures with plates as the bottom component are slowed down by additions of cubes 
or elongated cuboids compared to the monodisperse case. The simulation was able to 
capture this behavior. 
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V. Numerical and experimental analysis of the particle residence 
times in continuously operated-dual chamber fluidized bed 

K. Vollmari, H. Kruggel-Emden 

 
Abstract 

Fluidized beds that consist of multiple chambers are used in various processes including gran-
ulation, drying or coating. As overly short or long particle residence times inside the vessel are 
undesirable, it is of high interest to measure and detect the influences of variations of the op-
erational parameters on the particle residence times so that they can be adjusted accordingly 
to gain narrow particle residence time distributions. For this purpose, an ultra-high frequency 
(UHF) radio frequency identification system (RFID) has been developed, that is able to detect 
multiple particles without a direct line-of-sight at different positions inside the vessel. Further-
more, coupled discrete element method (DEM) / computational fluid dynamics (CFD) simula-
tions have been carried out to study a continuously operated laboratory scale dual-chamber 
fluidized bed. To examine the influences of operational and particle parameters 10 different 
variations have been evaluated both numerically and experimentally. Results show good 
agreement between simulation and experiment for most cases. The highest change of the 
residence times could be achieved by changing the particle mass inflow and the fluidization 
velocity. The results for non-spherical particles showed some deviations in the longer resi-
dence times, as certain particle/wall effects were not fully recreated in the simulation. None-
theless, it was proven that coupled DEM-CFD simulations can be a useful tool in the prediction 
of residence time which can greatly help to optimize continuously operated fluidized processes. 
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1. Introduction 
Fluidized beds are a commonly encountered technology in solids processing to perform pro-
cesses like drying, cooling or mixing. These systems are mostly batch operated so that the 
throughput is limited by the vessel size, process time and down times. If a fluidized bed con-
sists of multiple chambers, complex multi-stage processes can be performed in a single sys-
tem in continuous operation, so that at a comparable vessel size the downtime can be reduced 
considerably and a higher throughput achieved. The particle movement through the system 
and especially above or below weirs that separate the different chambers from each other has 
therefore been of interest [269–271]. Dependent on the particle motion is the particle residence 
time, which is an important parameter for the operation of multi-chamber fluidized beds. Parti-
cles that enter the vessel at the same time will not necessarily stay equally long inside the 
system. The particle residence time can be expressed through a distribution function. For most 
processes, narrow distribution functions are preferred, as overly long or short residence inside 
the vessel can lead to undesirable product properties. Therefore, the prediction and manipu-
lation of the residence time are of key importance in this kind of systems. As multi-chamber 
fluidized beds are very complex systems with a high number of influencing factors, no widely 
applicable model that is able to predict the residence time is available to date. Therefore, a 
variety of measurement systems was developed to determine particle residence times experi-
mentally. Optical approaches like changing the color/size of certain particles and tracking those 
or particle tracking velocimetry (PTV) can only track particles in two dimensions and are also 
difficult to implement for very dense particle flows [191,223,272]. The fast response particle 
technique is based on phosphorescent particles that are activated by a light impulse and then 
detected by a photomultiplier. Harris, Davidson, and Thorpe [273,274] used this technique to 
measure particle residence times in a circulating fluidized bed. This technique can give very 
good results for sparse particle flow but is limited for dense flows as the photomultiplier needs 
to have a line-of-sight with the particles. Magnetic particle tracking (MPT) is a non-invasive 
measurement technique, where a single particle is equipped with a magnet which is then 
tracked in space. This gives very precise data, as even particle rotations and trajectories are 
tracked, and is suitable for dense particle flows. On the downside, it is limited to observing one 
particle at a time and can result in density changes of the tracer particle [192,218,275]. Another 
non-intrusive measurement technique that is potentially capable of determining residence 
times in multi-chamber fluidized beds is positron emission particle tracking (PEPT). Similar to 
the MPT, in most cases, it is limited to one tracer particle. PEPT systems are mostly not easy 
to apply as they need special tracer materials [276–278]. An alternative way of measuring 
particle residence times is through radio-frequency identification (RFID). RFID uses electro-
magnetic fields to detect RFID-tags in the proximity of antennas, where each tag has a unique 
id which makes it possible to track the particle when it passes multiple antennas. The ad-
vantages include very low prices and that no direct line-of-sight between antenna and tag 
needs to be established for a successful detection. However, the exact position cannot be 
determined, as only the fact that a particle entered the reading range of an antenna is detected. 
The reading range is influenced by the wavelength of the electromagnetic field, the antenna 
design, and antenna power output and can go up to several meters. Such high reading ranges 
are unsuitable for determining particle residence times, as they could be higher than the length 
of the entire system. By controlling the reading range, RFID-systems have been successfully 
applied to study residence times in various cases. Sarang et al. used an RFID system to de-
termine residence times of diced potatoes in a continuous heater [279]. Osborne et al. meas-
ured the transport of gravel through tidal forces with RFID-tags [280]. Kruggel-Emden and 
Wirtz determined particle residence times of wood pellets on a forward acting grate [193]. All 
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these studies were executed with low frequency (LF) RFID-systems, which potentially could 
be suitable for dual-chamber fluidized beds, but are limited in the tag-antenna design. For ultra-
high frequency (UHF) tags, the tag-antenna can be executed as a dipole antenna, which con-
sists out of two separate wires that can be shaped freely, and therefore allows more flexibility 
when applied to differently shaped particles. Furthermore, UHF-tags are available in very small 
sizes, suitable for the use on coarse particles down to sizes of ≈6 mm. To successfully imple-
ment a UFH-RFID system for the use in the determination of particle residence times the read-
ing range needs to be adjusted so that only tags in close proximity to the antenna are detected.  

In recent years’ dual-chamber fluidized beds have been also studied numerically. Based on 
Eulerian-Eulerian models extended with a species transport equation Geng et al. examined 
residence times of fine solids in a simple cross-flow bubbling fluidized bed [281]. Other re-
searchers examined multiple-spouted beds [282] or internally circulating fluidized beds [283] 
with Eulerian-Eulerian simulations and showed that the key features could be captured when 
the particle size is small. However, in Eulerian-Eulerian simulations, the accuracy of the pre-
diction of particle residence time is strongly limited by the model assumptions especially in 
regards to the multitude of parameters that influence the residence time. To gain higher accu-
racy on the particle side, the discrete element method (DEM), which tracks every particle indi-
vidually can be coupled with a flow simulation. Circulation times of particles in an internally 
circulating fluidized bed have been analyzed numerically with a coupled DEM-CFD by Yang et 
al. [284,285]. Results show that the DEM-CFD is able to capture differences in the circulation 
time when geometrical parameters, like the inclination angle of the separating wall or opera-
tional parameters like the fluidization velocities, are altered. Yang and Duan applied the DEM-
CFD to investigate the solid exchange between the chambers of a dual-leg fluidized bed and 
found that the results are in good agreement with previous experimental work [286,287]. Fang 
et al. [288] studied an internally circulating fluidized bed numerically and showed that the key 
features of the system could be reproduced successfully. The mixing quality was analyzed in 
a further study and results indicate, that the gap height between the two chambers does not 
influence the degree of mixing as long as a certain minimum height is maintained [289]. Further 
analysis of the same system by Luo et al. [271] showed that the particle exchange between 
the two chambers can be attributed to different causes for the exchange over and under the 
separating wall. Particle exchange under the wall is mostly driven by the pressure difference 
between the two chambers, while particle exchange over the wall is more influenced by the 
bubble dynamics. Furthermore, their investigations showed, that the solid properties have a 
smaller influence on the exchange rate than the gas properties. Dual-spouted beds have been 
studied numerically in a variety of different cases either without a separating wall [290], with a 
separating wall connected to the bottom of the vessel [291], with a suspended separating plate 
with a gap underneath [292–294] or with draft plates [295]. Other researchers analyzed the 
influence of immersed tubes [296] or wet particles [297] on the behavior of dual-chamber flu-
idized beds. 

The aim of this study is to present an RFID-based low-cost measuring technique for the deter-
mination of particle residence times in a continuously operated dual-chamber fluidized bed. 
Based on the RFID-measurements and simulations performed with a coupled DEM-CFD ap-
proach, the influences of ten different parameter variations including an alteration of the parti-
cle shape are analyzed. To our knowledge, no previous study examined a dual-chamber fluid-
ized bed with the DEM-CFD that also considered non-spherical particle shapes and the degree 
of orientation that comes with it. This study shows the capabilities and limitations of the DEM-
CFD in the prediction of particle residence times in complex fluidized systems involving the 
aforementioned particles.  
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2. Theoretical background 
2.1 DEM-CFD approach for the simulation of fluidized beds 
The numerical method used in this study combines the discrete element method for represent-
ing the particle motion and computational fluid dynamics (CFD) for the description of the fluid 
phase. Hereby the particles are discretized in time, while the solution of the continuous fluid 
flow field is discretized in space and time. In the CFD the Navier-Stokes equations of mass 
and momentum are solved and the velocities and fluid properties of each fluid cell returned to 
the DEM where these values are used as the input conditions for the discrete particles during 
the next time step. The numerical framework is given in Table 23, an in detail description of 
the numerical method used in this paper is given in our previous publications [144,261]. 

Table 23 Numerical framework for the coupled DEM-CFD (component-wise j=x, y, z, i particle index). 

Particle phase Fluid phase 
Particle motion: 

𝑚𝑚𝑖𝑖
𝑑𝑑2�⃗�𝑥𝑖𝑖
𝑑𝑑𝑡𝑡2 = �⃗�𝐹𝑖𝑖𝑐𝑐 + �⃗�𝐹𝑖𝑖

𝑝𝑝𝑝𝑝 + 𝑚𝑚𝑖𝑖�⃗�𝑔 

Equation of continuity: 
𝜕𝜕�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝�
𝜕𝜕𝑡𝑡 + ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢�⃗ � = 0 

Particle rotation: 

𝐼𝐼𝑖𝑖
𝑑𝑑𝑊𝑊���⃗ 𝑖𝑖
𝑑𝑑𝑡𝑡 + 𝑊𝑊���⃗ 𝑖𝑖 × �𝐼𝐼𝑖𝑖𝑊𝑊���⃗ 𝑖𝑖� = 𝛬𝛬𝑖𝑖−1𝑀𝑀��⃗ 𝑖𝑖 

Equation of momentum: 
𝜕𝜕�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢�⃗ �

𝜕𝜕𝑡𝑡 + ∇�𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝𝑢𝑢�⃗ 𝑢𝑢�⃗ � = −𝜀𝜀𝑝𝑝∇p + ∇�𝜀𝜀𝑝𝑝𝜏𝜏����� + 𝜀𝜀𝑝𝑝𝜌𝜌𝑝𝑝�⃗�𝑔 + 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 
Contact force normal component: 
�⃗�𝐹𝑖𝑖𝑛𝑛 = 𝑘𝑘𝑛𝑛𝛿𝛿𝐾𝐾�⃗ + 𝛾𝛾𝑛𝑛𝜈𝜈𝑟𝑟𝑒𝑒𝑒𝑒𝑛𝑛  

Fluid viscous stress tensor: 
�̿�𝜏 = 𝜂𝜂e ��∇𝑢𝑢�⃗ 𝑝𝑝� + �∇𝑢𝑢�⃗ 𝑝𝑝�

−1� 
Contact force tangential component: 
�⃗�𝐹𝑖𝑖𝑑𝑑 = 𝑚𝑚𝑖𝑖𝐾𝐾�𝑘𝑘𝑑𝑑�𝜉𝜉�,𝜇𝜇𝐶𝐶��⃗�𝐹𝑖𝑖𝑛𝑛�� ∙ 𝑡𝑡 

Volumetric momentum source term: 
𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑𝑖𝑖 =  �̅�𝛽𝑖𝑖�𝑢𝑢𝑖𝑖 − �̅�𝑣𝑖𝑖� 

Particle/fluid force 
  𝐹𝐹𝑖𝑖𝑖𝑖

𝑝𝑝𝑝𝑝 = 𝐹𝐹𝑖𝑖𝑖𝑖𝑑𝑑 + 𝐹𝐹𝑖𝑖𝑖𝑖
∇𝑝𝑝 = 𝛽𝛽𝑖𝑖𝑖𝑖𝑉𝑉𝑖𝑖 �𝑢𝑢𝑝𝑝𝑖𝑖𝑖𝑖 − 𝑣𝑣𝑖𝑖� / �𝜀𝜀𝑝𝑝�1 − 𝜀𝜀𝑝𝑝�� 

 

Both the particle/fluid force  𝐹𝐹𝑝𝑝𝑝𝑝 and the particle/fluid interaction term 𝑓𝑓𝑖𝑖𝑛𝑛𝑑𝑑 include the parti-
cle/fluid friction coefficient, which can be expressed as: 

𝛽𝛽𝑖𝑖 =
1
2
𝜌𝜌𝐹𝐹𝑐𝑐𝐷𝐷𝐴𝐴⊥𝜀𝜀𝐹𝐹|𝑢𝑢�⃗ 𝐹𝐹 − �⃗�𝑣𝑖𝑖|(1 − 𝜀𝜀𝐹𝐹)

1
𝑉𝑉𝑖𝑖 
𝜀𝜀𝐹𝐹(1−𝜒𝜒), (144) 

where 𝑐𝑐𝐷𝐷 is the drag coefficient, 𝐴𝐴⊥ is the cross-sectional area perpendicular to the flow and 𝜒𝜒 
a correction factor. Other minor particle/fluid forces such as lift forces are disregarded. A drag 
coefficient correlation especially for spheres was proposed by DallaValle [44] in relation to the 
Reynolds number as: 

𝐶𝐶𝐷𝐷 = �0.63 + �
4.8
√𝑅𝑅𝑅𝑅

��
2

 . (145) 

As most particles used in industrial processes are of non-spherical shape, it is important to 
consider the shape in the simulations, too. For non-spherical particles, the shape and orienta-
tion should be taken into account. The correlation of Hölzer und Sommerfeld [12] can be ap-
plied to calculate the drag coefficient for non-spherical as well as spherical particles and reads 
as: 

𝐶𝐶𝐷𝐷 =
8
𝑅𝑅𝑅𝑅

1

�𝜙𝜙⊥
+

16
𝑅𝑅𝑅𝑅

1

�𝜙𝜙
+

3
√𝑅𝑅𝑅𝑅

1
𝜙𝜙3/4 + 0.42 × 100.4(−log(𝜙𝜙))0.2 1

𝜙𝜙⊥
 , (146) 

where 𝜙𝜙 is the sphericity and 𝜙𝜙⊥ is the crosswise sphericity which is the ratio between the 
cross-sectional area of the volume equivalent sphere and the projected cross-sectional area 
of the considered particle perpendicular to the flow. The correction factor 𝜒𝜒, was recently pro-
posed by Rong et al. [46] as an updated version of the one by Di Felice [105] as: 



Publication V   127 
 

 

 𝜒𝜒 = 2.65(𝜀𝜀𝐹𝐹 + 1) − (5.3 − 3.5𝜀𝜀𝐹𝐹)𝜀𝜀𝐹𝐹 2exp (− (1.5 − log(𝑅𝑅𝑅𝑅))2 2⁄ ), (147) 

where the porosity and the Reynolds number are taken into account. The calculated parti-
cle/fluid force, consisting out of drag force and pressure gradient force, normalized with the 
Stokes force of multiple popular particle/fluid force models for spherical particles of d=7.2 mm 
in a packing with a porosity of ε=0.6 are displayed in Fig. 59. It can be seen that the newer 
Rong model, results in a higher force, than the Di Felice model. Also if the drag coefficient by 
Hölzer and Sommerfeld is applied to spheres (𝜙𝜙 and 𝜙𝜙⊥=1), the resulting force is lower than 
in the case the DalleValle correlation was used.  

 
Fig. 59 Comparison of the normalized particle fluid force for different drag force models. 

The porosity in this study is calculated based on a finely resolved cartesian subgrid, the cell 
size of this subgrid is 20 times smaller per axis so in total 8000 times smaller than the main 
grid used for contact detection of particles and possible parallelization. To increase calculation 
speeds only subgrid cells with particles inside them are analyzed; the porosity is set to 1 for 
cells without particles. For spherical particles, it is tested if the distance between the subcell 
center and the particle center is smaller than the particle radius. If this is the case, the subcell 
is considered as fully filled with solid (ε=0). The non-spherical particles in this study are repre-
sented by a triangular surface mesh, which is a composite of triangles (polyhedron approach), 
so for the determination of the porosity every triangle of a given particle needs to be checked 
individually. Note that for this method to work, the normal vectors of the triangles have to face 
outwards. To avoid unnecessary calculations, in a first step every subgrid cell center is tested 
to determine if it is within the radius of a sphere that surrounds the particle. By calculating the 
scalar product between the normal vector of the triangle and the vector between a point of the 
triangle and a subcell center it can be determined if both vectors point into the same direction 
and therefore if the cell center lies outside of the particle. Once a subcell center is determined 
to be outside of one triangle, it is known that it is outside of every other triangle of that particle 
as well. This way at the end of the calculation, all the subcells that are filled with solid are 
determined. The main advantage of this method is, that it is applicable to all convex particle 
shapes. The porosity is then calculated based on the ratio of the overall cell volume subtracted 
by the cell volume filled with solid to the overall cell volume: 

𝜀𝜀𝐹𝐹 = 𝑉𝑉−𝑉𝑉𝑠𝑠
𝑉𝑉

. (148) 
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As the CFD-cells are not necessarily Cartesian, a finer resolved transfer grid is used in this 
study to assign and coordinate the corresponding DEM properties to the CFD cells and vice 
versa. The general structure of the transfer is displayed in Fig. 60. Initially, in the DEM, the 
porosity is calculated as a cell-based value (cells with porosity < 1 are colored blue in Fig. 60), 
while the particle velocity is particle based. Both are then written onto the transfer grid, the 
particle-based values are assigned to the subcells that have their cell center inside the respec-
tive particle (colored grey in Fig. 60). In these cells, the particle fluid friction coefficient 𝛽𝛽 is 
calculated. The corresponding CFD cell values are then calculated as the mean of the values 
of the transfer cells within the CFD cell. Based on the input from the DEM, the Navier-Stokes 
equations are solved and the kinematic fluid properties calculated. These are written in addition 
to thermodynamic and miscellaneous properties onto the transfer grid cells (exemplarily col-
ored golden and green in Fig. 60), in this case, no averaging is carried out. To determine the 
properties of the surrounding fluid that interacts with a particle, the mean values are calculated 
from the transfer cells that have their cell center inside the corresponding particles. 

 
Fig. 60 Transfer grid for the coupling of the DEM and CFD. 

2.2 Experimental and numerical setup 
The experiments are carried out in a laboratory scale dual-chamber fluidized bed, the exact 
dimensions are given in Fig. 61. The two chambers have an identical square base area with 
the dimension’s width = depth = 0.11 m. Porous plates made from plastic with an open area of 
40 % are installed at the bottom and allow for an even air inflow. The two chambers are con-
nected at the bottom of the vessel by a gap underneath the partitioning wall. The entire system 
is manufactured from antistatic polycarbonate and has a wall thickness of 1 cm. A particle 
outlet is located in the right chamber, particles that leave the system are caught in a hopper 
and are recirculated to be fed into the system again. The recirculation system consists of a 
vacuum conveyor that runs on pressurized air and a cyclone separator. Two pressure conduc-
tors (Newport Omega PD41X-V-50 mbar) are installed at the side of the vessel and measure 
the differential pressure at a frequency of 250 Hz. Furthermore, a high-speed camera (Optronis 
CL600 x 2) is used to record the bed behavior in terms of the bed height.  
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Fig. 61 Schematic of the experimental setup. 

Air at ambient conditions is taken in by two roots-type blowers so that the air velocity in both 
chambers can be adjusted independently from each other. Two measuring tracks with orifice 
disks are used to determine the fluid flow rate and velocity. A rotary valve with four chambers, 
that can be operated at different frequencies is used to control the particle inflow rate. The 
rotary valve also prevents gas from escaping through the particle inlet opening. Two guiding 
plates are installed close to the particle inlet and guide the particle into the left chamber. The 
particles examined in the study are all roughly volume equivalent of a 7 mm sphere and can 
be grouped into three different shapes: spheres, cubes, and cylinders. All particles are made 
from beech wood so that minor natural density differences occur. Average particle parameters 
are given in Table 24. The total mass of particles in the system is depending on the operational 
parameters and amounts to ≈ 3000-5000 particles. 

Table 24 Particle properties including the particle dimensions, the sphericity 𝜙𝜙 and the particle density ρp,. 

Shape Sphere Cube Cylinder 
 

   
Size [mm]  7.2  5.2 6.3 6.3  6.1 6.2 
𝜙𝜙  [-] 1.00 0.80 0.87 
ρp [kg/m³] 772.5 746.9 708.5 

To measure particle residence times an ultra-high frequency (UHF) radio frequency identifica-
tion system (RFID) has been utilized. Three Cavea Locfield freeform antennas are positioned 
in a loop shape in the particle inlet and outlet as well as the connection between the two cham-
bers, the exact positions are displayed in Fig. 61. To prevent particles from getting caught in 

a. b. 
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the antennas, they are positioned in grooves and the gaps are then covered with antistatic 
adhesive tape. The antennas are connected to an RFID reader (Kathrein-Sachsen GmbH 
RRU4-ETL-E6). To detect particles when they pass through the antenna loop, the particles 
need to be equipped with an RFID-tag and an antenna too. To assure that the particle shape 
and weight are not altered significantly, a very small RFID-tag was used in this study (Murata 
Magicstrap LXMS31ACNA-012). As the particles are quite small and the space for the antenna 
is limited, RFID-tags with a high impedance value were chosen, so that the resulting reading 
range increases. In the preface of this study, a manufacturing method was developed that 
allows to create consistent and reliable tagged-particles, see Fig. 63.  

 

Fig. 62 RFID-tag with an antenna that has been doubled and coiled at the ends. 

In a first step, a hole is drilled into the center of the particle. As this takes away mass from the 
particle, but mass is also added later on through the tag and antenna it was found that for our 
case a drill diameter of 2.8 mm works best and results in a balance of weight taken away and 
added later so that the particles maintain their weight almost exactly. This is important so that 
the fluidization behavior of the particles is not altered. To prepare the RFID-tag two 0.15 mm 
enameled copper wires are soldered onto it to serve as a dipole antenna. The length of the 
wires was figured out, by slowly cutting away equally sized pieces on both antenna ends until 
an optimal detection was measured. As the antenna shape changes with the particles shape, 
the optimal length is different for the three shapes. It was observed that the antennas have a 
tendency to tear from the chip once they are exposed to the forces inside the fluidized bed. To 
increase the mechanical stability of the tag and antenna, a thicker wire could be used, but this 
would add too much extra weight to the particle and therefore would change the fluidization 
behavior. So instead of using a thicker wire, the 0.15 mm wire was doubled and coiled at the 
end that connects to the chip, see Fig. 62.  

   

   
Fig. 63 The manufacturing process of a particle with an RFID-tag and antenna. 

The RFID-tag that is prepared this way is then inserted into the particle. The hole is then cov-
ered on both sides with a piece of paper and superglue so that the shape of the particle is 

a. b. c. 

d. e. f. 
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maintained. In the next step, the wires are coiled around the particle and fixed with superglue. 
It is very important to maintain equal distances between each winding of the wires to improve 
the reading rate of the tag. Afterward, a coat of spray paint is added to allow for easier recovery 
of the tagged particles. Finally, a number is written onto the particle, the same number is then 
also programmed into the memory of the RFID-tag. To finish the particle a layer of clear varnish 
is added for additional mechanical stability. Note that any metal part within the vessel will in-
fluence the RFID-system so that all metallic components should be replaced. The numerical 
setup was created analogously to the experimental setup, see Fig. 64. A no-slip boundary 
condition is used for the walls. Two velocity-inlets at the bottom of the chambers and three 
pressure -outlets, two at the top of the chambers and one at the particle outlet were set as 
boundary conditions.  

 
Fig. 64 Numerical setup of the dual-chamber fluidized bed (a) DEM-Setup, (b) CFD-Mesh. 

The overpressure at the outlets is assumed to be zero. The cell size of the DEM cell was set 
to 1 x 1 x 1 cm³, as it needs to be bigger than a single particle. The CFD mesh consists of 
similarly sized cells in the fluidization chambers and shape adapted cells close to the inclined 
plane of the particle inlet. The rotary valve in the particle inlet was recreated through a moving 
wall that opens with a similar speed so that an equal mass inflow is achieved in both the sim-
ulation and the experiment. The correction factor proposed by Rong et al. with the DalleValle 
drag coefficient for spheres and the Hölzer and Sommerfeld drag coefficient for non-spherical 
particles was chosen in this study for the calculation of the particle/fluid force. Experiments on 
a single particle level described by Höhner et al. [151] and Hold [33] have been carried out to 
determine the coefficients of friction and restitution for both particles and walls. The maximum 
overlap of two colliding particles is mostly governed by the spring stiffness and limited to a 
maximum overlap of 1 % of the particle diameter as suggested by Kruggel-Emden et al. [152] 
to avoid alteration of the simulations. The coefficients of normal restitution between particles 
en

PP and particles and walls en
PW and the Coulomb friction coefficient μC between particles and 

particles as well as between particles and walls are set to: en
PP = 0.5, en

PW = 0.5, μC_PP= 0.4, 
μC_PW= 0.3. The CFD time step is adjusted to 1·10-4 s; the DEM time step is 1·10-5 s. The stiff-
ness kn and kt are calculated in a way so that the maximum overlap condition is met. The 
environmental parameters for the fluid are chosen in good agreement with the experimental 

a. b. 
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conditions and are set to: ambient pressure pA=101,325 Pa, ambient temperature TA=291.15 
K, gas viscosity µg=1.8302E-05 kg/(m·s) and the gas density ρg=1.168 kg/m³. 

2.3 Experimental and numerical procedure 
In this study 10 different variations of the operational parameters and the particle shape have 
been carried out, see Table 25. The mass inflow is controlled by the frequency of the rotary 
valve. Due to differences in the density and porosity, slightly varying mass inflow rates can be 
seen for the other particle shapes.  

Table 25 Overview of the case variations carried out in this study. 

Case u1 [m/s] u2 [m/s] Mass flow [g/min] Weir height [cm] Particle shape 
1  2.5 2.0 931 5 Sphere 
2 2.5 2.0 1313 5 Sphere 
3 2.5 2.0 1954 5 Sphere 
4 2.0 2.5 931 5 Sphere 
5 2.0 2.0 931 5 Sphere 
6 2.5 2.5 931 5 Sphere 
7 2.5 2.0 931 4 Sphere 
8 2.5 2.0 931 6 Sphere 
9 2.5 2.0 977 5 Cube 

10 2.5 2.0 933 5 Cylinder 

All experiments were carried out following the same procedure. After filling the chambers with 
particles, activating the compressors and the rotary valve, the system was operated for 5 
minutes to guarantee that a steady state was reached. Then 20 tracer RFID particles were 
added into the silo to start the experiment. To gather enough data, the experiments ran be-
tween 1-2 h. This guaranteed that the tracer particles passed every antenna multiple times. 
Time series of 30 s worth of pictures at 50 Hz were taken with a high-speed camera at various 
time points. The pressure drop was measured throughout the experiments. As the computa-
tional effort would be far too great to recreate 1 h of experiment, the simulations were all run 
for 1 min, as the analysis of the experiments showed that the maximum residence times of the 
particles in the vessel are below that. As every particle can be tracked in the simulation this 
amounts to equally high numbers of passes. Initially, the chambers are filled with particle pack-
ings equal to the height of the weir (compare Table 25). Due to the nature of the rotary valve 
inlet particles are added in batches into the system. This behavior is recreated in the simulation 
and after the first two batches of particles, a steady state is reached as the pressure drop 
stabilizes at this point and stays constant for the entire simulation. The data generated from 
that point onwards is used for further analysis.  
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3. Results and discussion 
In a first step, the general validity of the simulation is checked by comparing the pressure drop 
and the bed height with experimental data. Representative for all the simulations a time series 
of the base case (case Nr.1, compare Table 25) is shown in Fig. 65. The left column shows 
the results for the first chamber, the right column the results for the second chamber of the 
fluidized bed. The analysis of the pressure drop in Fig. 65a-b shows good agreement in both 
chambers for the experiment and simulation. It can be seen that the average amplitude of the 
pressure fluctuation is in good agreement. The average pressure drop amounts to Δp����1Sim =
217 Pa in the simulation and Δp����1Exp = 211 Pa in the experiment for chamber 1 and Δp����2Sim =
213 Pa in the simulation and Δp����2Exp = 205 Pa in the experiment for chamber 2 and is therefore 
almost identical. As no deviations occurred in the average pressure drop over time, it was 
confirmed that a steady state between the particle inflow and outflow was reached. Further-
more, the average bed height is analyzed, see Fig. 65c-d. The average bed height is deter-
mined by identifying the pixel with the largest z-coordinate that differs from the background 
color for each column of pixels in a given image. The data shows similar bed compression and 
expansion for experiment and simulation, while the average bed height amounts to Δh����1Exp =
6.9 cm and Δh����2Exp = 6.8 cm for the experiment and Δh����1Sim = 6.8 cm and Δh����2Sim = 6.9 cm for 
the simulation. Overall these results show that simulation and experiment are in good agree-
ment and a further analysis of the particle residence time distributions is carried out.  

 

  

 

  
Fig. 65: Time series of the pressure drop (a-b) and average bed height (c-d) for the base case of experiment 

and simulation. 

while the residence times are readily available in the simulation, in the experiments an RFID-
system was used to gather the residence time information. To validate the RFID system, dif-
ferent test scenarios have been carried out. Moving single RFID-tagged particles through an 
antenna loop placed inside the connection between chamber 1 and chamber 2, showed very 
good results and detection rates of up to 90 %, depending on the angle and the shape of the 
particle. It should be noted that particles are detected in a radius around the antenna, so it’s 
possible for particles to be detected if they are in proximity of the antenna but don’t fully pass 
through it. To account for this effect, a similar detection radius was assumed in the analysis of 
the simulations. Generally, better results were obtained for spherical particles, compared to 

a. b. 

c. d. 



134  Publication V 
 

the cubes and cylinders. In a second test, the RFID-tagged particle was placed inside a pack-
ing of particles and the whole packing moved through the antenna loop.  

   
Fig. 66: Particle residence time distributions for chamber 1 (a), chamber 2(b) and chamber 1+2 (c) for the base 

case with inlet velocities of u1=2.5 m/s and u2=2.0 m/s. 

In this scenario, the detection rate went down to around 70 %. Increasing the power level of 
the antenna would raise the detection levels, but at the same time increase the radius in which 
the antenna detects the tags and therefore lead to potentially false detections. So it was de-
cided against this and instead longer experimental runs were performed. Fig. 66b gives the 
results for the residence times between antenna 2 and 3, corresponding to chamber 2. Fig. 
66c then gives the residence times between antenna 1 and 3 and therefore represents the 
time particles need to pass the whole system. 

    

    
Fig. 67: Particle passage through the vessel for the base case simulation at different time steps, where the first 

batch of added particles is colored yellow and the following batches are colored red. 
The exact antenna positions are displayed in Fig. 61. Please note that the distribution functions 
are shown as line diagrams for better readability; 2 s intervals have been chosen in the analy-

a. b. c. 

  t= 0 s       t= 2.5 s         t= 5 s            t= 10 s 

  t= 20 s       t= 30 s         t= 40 s            t= 50 s 

a. b. c. d. 

e. g. h. f. 
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sis. Very good agreement between experiment and simulation can be seen for all three an-
tenna configurations. It can be observed that the particles pass chamber 1 faster than chamber 
2, which can be explained through the higher fluidization velocity in chamber 1 of 2.5 m/s to 
2.0 m/s in chamber 2 as well as the vessel design and therefore the particle path through it as 
the distance between the antennas is not equally spaced (compare Fig. 61).  

The particle movement through the vessel is displayed in Fig. 67, where the first batch of added 
particles is colored yellow and every following batch colored red. It can be seen that the parti-
cles are redirected by the guiding plates (compare Fig. 61) and mostly drop into the left side 
of chamber 1. After a certain time, all the initial particles moved onwards into the next chamber 
and newly added particles fill the first chamber. As the particle mass in the system stayed 
constant, which was confirmed by the pressure drop in a next step the mass inflow was varied 
to analyze the influence on the residence time. Therefore, the mass flow is increased to 
1313 g/min, as shown in Fig. 68a-c and then even further to 1954 g/min, as shown in Fig. 68d-
f. The results show overall good agreement for all cases. Compared to the base case, shorter 
residence times can be observed the higher the particle inflow is. Furthermore, the entire dis-
tribution function becomes narrower with increasing mass inflow as newly added particles force 
the particles that are already in the bed forwards to an increasing number. 

   

   
Fig. 68: Particle residence time distributions for chamber 1 (first row), chamber 2 (second row) and chamber 

1+2 (third row) for particle inflows of 1313 g/min (a-c) and 1954 g/min Hz (d-f). 
Another important factor for the residence time is the fluid velocity, as it influences the particle 
spreading, as well as the bed expansion. A higher bed expansion in the second chamber al-
lows more particles to surpass the weir height and therefore leave the system. Also if bigger 
bubbles form around the passage, the empty space could be taken up by particles flowing 
through the passage and therefore lead to higher mass inflow from the first chamber. To ex-
amine the influences of the fluidization velocity three velocity variations have been carried out. 
Overall good agreement between experiment and simulation can be observed for all cases 
displayed in Fig. 69. In the first variation, the velocities between the chambers have been 
switched, the results are given in Fig. 69a-c. The higher velocity in the second chamber results 

a. b. c. 

d. e. f. 
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in shorter residence times in this chamber, as the main peak in the experiments and 
simulations, moved from 12s for the base case to 6s in the u1=2.0 m/s and u2=2.5 m/s cases. 
Corresponding to this, the residence time in chamber 1 and the main peak increased from 8 s 
to 10 s in the velocity variation case. In the next variation, the fluid velocity is lowered to 2.0 
m/s in both chambers, the results are given in Fig. 69d-f. Compared to the base case an in-
crease in the total residence time can be seen. In the last variation, the velocity of the second 
chamber is increased to 2.5 m/s, while the first chamber remains at 2.5 m/s. The results 
displayed in Fig. 69g-h show that in the experiments the increase in chamber 2 led to shorter 
residence times, and therefore shorter residence times in the whole vessel when compared to 
the base case. 

   

   

   
Fig. 69: Particle residence time distributions for chamber 1 (first row), chamber 2 (second row) and chamber 

1+2 (third row) for inlet velocities of u1=2.0, u2=2.5 (a-c); u1=2.0, u2=2.0 (d-f) and u1=2.5, u2=2.5 (g-i). 

The design of the experimental setup allows for the weir height to be altered in 1 cm steps. In 
this study, examinations with a weir height decreased to 4 cm and increased to 6 cm were 
performed. The results of the experiments and corresponding simulations are displayed in Fig. 
70. The decrease of the weir height to 4 cm (shown in Fig. 70a-c) leads to similar results as 
the base case, while the increased weir height (Fig. 70d-f) counterintuitively results in shorter 
residence times in the second chamber. This can be observed in both simulation and experi-
ment.  

a. b. c. 

d. e. f. 

g. h. i. 
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Fig. 70: Particle residence time distributions for chamber 1 (first row), chamber 2 (second row) and chamber 

1+2 (third row) for weir heights of 4 cm (a-c) and 6 cm (d-f)  

The particle residence time is dependent on the particle motion, therefore to confirm the results 
of the residence times analysis the particle velocity, calculated as the vector norm, should be 
generally higher in the 6 cm case. The average particle velocities for the three weir height 
variations in chamber 2 are displayed in Fig. 71a. The results show that the particle velocities 
are almost identical for the base case and the 4 cm variation.  

  
Fig. 71 Average particle velocity for particles in the second chamber for different weir height configurations (a) 
and the average fluid velocity in the three different outlets for the base case and the 6 cm weir height case (b) 

both calculated as the norm of the vector. 

However, when compared to the 6 cm case, it can be seen that the increased weir height leads 
to much higher average particle velocities. This behavior can be explained when the average 
fluid velocities, calculated as the vector norm, in the outlets are analyzed, compare Fig. 64. A 
comparison of the average fluid velocity between the base case and the 6 cm weir height case 
is displayed in Fig. 71b. The results show the same average velocity of u�1Out = 2.4 m/s for the 
first outlet for both cases. However, if outlet 3 is compared, it can be seen that the velocity is 

a. b. c. 

d. e. f. 

a. b. 
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much higher for the 6 cm case (u�3Out = 1.29 m/s) compared to the base case (u�3Out =
0.91 m/s). The higher average bed height as well as the geometry change in the case of the 6 
cm weir influences the fluid flow, so that more fluid leaves the system through the third outlet. 
As more fluid flows through the third outlet, more particles are transported with the fluid through 
the outlet, which then explains the shorter residence times. 

In the last variation carried out in this study, the particle shape is altered. The results of exper-
iments and simulations with cubical particles are displayed in Fig. 72a-c. While the main peak 
is at the same position, the extent is quite different between simulation and experiment for the 
measurement between antenna 1 and 2 as well as 2 and 3. In the experiment, the main peak 
is less distinguished and instead the frequencies for residence times greater than 15 s are 
more prominent when compared to the simulations. The passage through the whole vessel 
(compare Fig. 72c), consequently happens on average much faster in the simulation. In both 
experiment and simulation particles with flat surfaces like cubes attach to the walls of the ves-
sel. This behavior was already observed and explained in our previous study (compare [261]). 

   

   
Fig. 72: Particle residence time distributions for chamber 1 (first row), chamber 2 (second row) and chamber 

1+2 (third row) for different particle shapes: cubes (a-c) and cylinders (d-f). 

Particles that are in contact with the walls, will stop moving and are no longer fluidized. This 
can be seen in Fig. 73, where average particles velocities are displayed, where among the 
walls the particle velocity equals 0 m/s. In the experiments, particles that are once in contact 
with the wall will remain there for extended periods of time until they come loose and get in 
motion again. The particles that detach from the wall after a certain amount of time and then 
pass through the system where they are consequently measured with a high residence time. 
In the simulation, particles that once come in contact with the wall will remain there with only a 
small number of exceptions. So the distribution function is mostly made up of particles that 
quickly pass through the vessel, while the effect of longer residence times in the wall area is 
not recreated. Similar results can also be observed for cylindrical particles, displayed in Fig. 
72d-f. In comparison with the spherical particles, both cubes and cylinders have slightly lower 

a. b. c. 

d. e. f. 
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times until the first particles pass from antenna 1 to 2 and 2 to 3, but also much higher per-
centages of particles that take longer than 20 s to pass one chamber.  

 
Fig. 73: Average particle velocities for cubical particles. 

Based on the residence time distributions the average particle residence time has been calcu-
lated to allow for easier comparisons, see Table 26. The average particle residence time has 
been calculated as the geometric center of the distribution function with 𝑥𝑥𝑑𝑑� = ∑𝑥𝑥𝚤𝚤� ∙𝐴𝐴𝑖𝑖

∑𝐴𝐴𝑖𝑖
, where 𝑥𝑥𝚤𝚤�  is 

the x-coordinate of the center of mass of each class in the histogram and 𝐴𝐴𝑖𝑖 the corresponding 
area. The results show, that overall the simulation can reproduce the effects on the residence 
times, when certain operational parameters are changed. The fastest particle passage through 
the vessel can be achieved by increasing the particle mass inflow to 60 Hz, the slowest particle 
passage can be obtained when the velocity is reduced in both chambers. The data for the non-
spherical particles in the simulation shows the same problem that was already visible in the 
distribution function. To fully understand and address this behavior, a more detailed analysis 
of the particle/wall interactions for non-spherical particles is needed. 

Table 26 Average particle residence times calculated as the geometric center of the distribution curve.  

Case 
Sim1-2 
[s] 

Exp1-2 
[s] 

Sim2-3 
[s] 

Exp2-3 
[s] 

Sim1-3 
[s] 

Exp1-3 
[s] 

1. Base 12.3 11.9 16.4 18.4 28.9 29.9 
2. f= 40 Hz 10.5 9.1 13.0 12.3 23.6 23.5 
3. f= 60 Hz 8.8 6.7 9.4 10.4 18.3 19.0 
4. 2.0 / 2.5 12.4 14.3 12.1 9.1 24.5 23.5 
5. 2.0 / 2.0 14.2 15.5 16.7 14.1 30.6 31.0 
6. 2.5 / 2.5 13.1 11.2 13.3 12.4 26.2 24.8 
7. h= 4 cm 11.6 10.1 15.5 16.1 27.1 30.2 
8. h= 6 cm 12.0 10.9 12.9 10.9 24.9 22.0 
9. Cubes 7.7 18.2 9.6 18.7 16.3 31.4 
10. Cylinders 10.1 19.5 10.7 18.9 20.7 31.4 
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4. Conclusions 
Particle residence times in a laboratory scale dual-chamber fluidized bed in continuous oper-
ation have been examined experimentally and numerically. Besides a variation of the opera-
tional parameters, three differently shaped particle types have been examined in this study. A 
coupled DEM-CFD approach, that considers the particle shape was used in the simulations. 
An RFID particle tracking system was developed to measure particle residence times in the 
experiments. This system was validated and then used to compare the residence time between 
three antennas in the experiments and simulations. The following conclusions can be drawn 
from this study: 

• The UHF-RFID system developed in this study is capable of tracking multiple particles 
at once at positions marked by antennas at a considerably lower cost than comparable 
systems. The small size of the RFID-tags and antennas makes it possible to equip 
almost all particle shapes with the needed equipment.  

• Through optimization of the particle-tag manufacturing process, equal densities and 
particle sizes could be maintained and high mechanical stability was achieved.  

• The biggest disadvantages of the RFID-system are, that the detection works in a radius 
around the antenna, metallic components have to be avoided and fine-tuning the sys-
tem and manufacturing the RFID-particles are time-consuming.  

• Macroscopic parameters like the pressure drop and bed height were examined and 
found to be in good agreement between experiment and simulation. 

• Comparisons of the particle residence times of three different distances in the vessel 
between experiment and simulation showed good agreement in almost all cases, prov-
ing that the coupled DEM-CFD is capable of reproducing complex fluidized systems 
and therefore can be a useful tool to analyze the behavior of particles inside dual-
chamber fluidized beds. 

• The influence of different operational parameters on the particle residence time was 
shown. The strongest variation in the residence time could be achieved by changing 
the mass inflow rate, followed by variations of the fluidization velocity.  

• In both the experiments and simulations, non-spherical particles attach themselves to 
the walls with a thickness of one layer where they stop moving. In the experiments, the 
particles in contact with the walls will remain in contact with the wall for a while until 
they detach and move through the vessel. However, in the simulations, no detachment 
happens so the distribution function only shows particles that quickly move through the 
vessel. A further analysis, with simulations that fully resolve the flow around particles, 
should be carried out to study the wall effects. 
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5. Conclusions and perspective 
When a gas or liquid is passed upwards through a bed of particles, the bed will remain fixed 
at low velocities and the fluid will move through the voids of the bed. A fluid flow through a 
packing will result in a pressure drop, which is caused among others by particle/fluid friction, 
momentum loss through flow direction changes, acceleration or turbulence and therefore hard 
to predict. Fixed beds are widely used for catalytic processes, filtration or adsorption. If the 
particle movement is not restricted and the fluid velocity is further increased, eventually a point 
is reached where the upward acting drag force exerted onto the particles by the fluid counter-
balances the apparent weight of the particles in the bed. This point is referred to as minimum 
fluidization point and marks the beginning of the fluidized bed regime. In a fluidized bed, all 
particles are lifted by the fluid and separate from each other, so that the bed assumes a liquid-
like state. The solids are in intense motion which results in rigorous mixing. The pressure drop 
of a fluidized bed, in contrast to the fixed bed, is easily predicted as it equals the weight of the 
particles and fluid in the bed. Because of their favorable characteristics, like the intense solids 
mixing, uniform temperature distribution and high solid/fluid contact rates, fluidized beds are 
widely used in a variety of processes such as combustion, drying, cooling, agglomeration, 
spray-coating, heat transfer, transport, mixing and many more. The range of the granular par-
ticles that are utilized in fixed and fluidized beds spans thereby from powders were individual 
particles are some micrometers to gravel or mineral ore where sizes can go up to decimeters. 
Equally diverse are the particle shapes and particle properties. Strongly varying requirements 
in terms of products and processes require in-depth knowledge of both methods. The complex 
nature of the two-phase flow involved in these systems makes an optimal design and operation 
non-trivial. In the past extensive experimental analysis has been carried out to gain a deeper 
understanding, however certain aspects are hard to examine in experiments. Especially an 
analysis of the inside of fluidized beds and determination of individual particle properties or 
local fluid properties is almost impossible experimentally. Here, numerical methods can fill the 
gap and contribute to a better understanding of fluid flow involving granular materials. Simula-
tions have the advantage that a wide range of both fluid and solid parameters can be accessed 
without altering the flow behavior of a given system. Particle, operational and geometrical pa-
rameters can thereby be modified easily, which allows the application to a broad range of 
systems. Various methods are available for the simulation of two-phase flows, that differ in the 
level of detail and calculation effort. The highest accuracy with the least modeling assumptions 
can be achieved when the solid phase is modeled discretely, therefore every particle is tracked 
and particle/particle and particle/wall collisions solved and also the fluid simulation is resolved 
on a fine enough scale to consider the flow around each individual particle. However, currently 
available computer performance does not allow for large-scale simulations of a discrete parti-
cle phase and a fully resolved fluid flow around each individual particle, so that for an industrial 
application some simplifications are necessary. By describing both phases as a continuum, 
the calculation effort goes down much enough that an analysis of small industrial scale pro-
cesses becomes possible. This, however, reduces the accuracy of the simulation considerably 
as processes on the particle/particle or particle/fluid level are not resolved, which are of high 
importance in, especially fluidized beds. As a third option, a coupling of the discrete element 
method (DEM) with computational fluid dynamics (CFD), where a single cell is larger than an 
individual particle for the simulation of the fluid flow, is able to offer higher accuracy than a two 
continuum approach and lower computational effort than a direct numerical simulation. To take 
the step from being a research tool to being broadly applicable to industrial processes, one 
important step needs to be undertaken: The implementation of real, non-spherical particles. 
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To date, most research published only considers spherically shaped particles, as the contact 
forces and particle/fluid forces are much easier to determine in this case. Nonetheless, the 
particle shape has a major influence on important process parameters like the pressure drop, 
mixing rate or fluidization regime, which currently is not well understood. 
The scope of this thesis was to analyze and quantify the influence of the particle shape on 
various fluidized processes by carrying out experiments and simulations with the coupled 
DEM-CFD. New measurement techniques and evaluation methods have been developed to 
gather experimental data, which was then used to test and verify the numeric models and 
methods used to simulate non-spherical particles in fluid flow. This way the capabilities and 
limitations of the coupled DEM-CFD were identified, which will help to establish the DEM-CFD 
as an analytical tool for future analysis of energy- and process-engineering applications. 
Through in depth-analysis of various processes, further development need was recognized, 
and a basis of knowledge established. 

In the first part of this thesis, a short introduction into the numerical method utilized in this study 
was given. Following, the theoretical background for fixed beds was explained. This laid the 
foundation for the research carried out in publication I “Pressure drop investigations in pack-
ings of arbitrarily shaped particles”. The pressure drop is one of the key parameters of any 
fixed bed and is dependent on a variety of parameters where the major influences are parti-
cle/fluid friction and momentum loss through flow direction changes as well as acceleration or 
turbulence. A multitude of influencing factors on the particle side, that are mostly difficult to 
measure like the voidage of the bed or the particle orientations, make it difficult to directly 
calculate the pressure drop. Therefore, in the past two models for the prediction of the pressure 
drop that rely on different simplification strategies were introduced. Firstly, the channel theory 
where the resistance of the bed is modeled through a multitude of parallel tubes and secondly 
the drag theory where the pressure drop is expressed through the sum of the fluid drag acting 
on uniformly sized spheres. The most commonly used correlation for the estimation of the 
pressure drop of a random packing of spherical particles is the Ergun equation, which is based 
on the equation of Carman-Kozeny for the viscous energy losses and the Burke Plummer 
equation for the kinetic energy losses. To test the accuracy and applicability of the Ergun equa-
tion and 13 further correlations, of which some were specially designed for certain non-spher-
ical particle shapes too, an in-depth analysis was carried out in publication I. Results for the 
pressure drop predicted by the correlations were compared to experiments and simulations. 
Utilizing the DEM-CFD to predict the pressure drop of fixed beds, is of high interest, as it is 
applicable to any convex particle shape and particle properties like orientation and porosity are 
readily available. As no particle movement occurs, calculation timeframes are short so that 
industrial scale applications are viable. In this study, two different submodels for the calculation 
of the particle/fluid force were used and compared. Firstly, the Gisdapow model, that combines 
the equations of Ergun, Wen and Yu and only considers the particle shape indirectly through 
equivalent diameters and does not consider the orientation of the particles and secondly a 
combination of the Di Felice approach with the drag coefficient by Hölzer and Sommerfeld, 
where both the particle shape, taken into account through an additional shape parameter, and 
orientation are included. The analyzed particles differed in shape (15 variations) and size (2 
variations). An equal mass of particles was filled into a laboratory-sized polycarbonate vessel 
for all experiments; particle movement was hindered by a porous plate on top of the bed. The 
numerical setup was modeled analogously to the experimental one and through comparable 
particle filling procedures, equal bed heights could be maintained. A further analysis of the 
particle orientation for two particle types for both experiments and simulations confirmed the 
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similarity of the packings. The pressure drop of the packing was then determined experimen-
tally, numerically and analytically through correlations. The prediction of the pressure drop 
through correlations showed varying accuracy. It was shown, that the particle shape has a 
strong influence on the pressure drop and definitely needs to be considered to gain accurate 
results in both correlation and simulations. Good results could be achieved with correlations 
that were especially derived for non-spherical particles, when the particle shape was close to 
the shape that the correlation was based on, while stronger deviations from this shapes gen-
erally led to less accurate results. Correlations that simply relied on a standard form factor 
such as the sphericity generally resulted in high deviations. Results for the DEM-CFD approach 
where the particle shape and orientation is not considered directly, mostly led to unsatisfying 
results for non-spherical particles. Average deviations often exceeding more than 50 % were 
found. However, when the DEM-CFD uses models that do consider the orientation and shape 
of the particles, good accuracy was found for a lot of cases. The comparison of differently sized 
particles of similar shapes showed, that overall better accuracy was obtained for higher ves-
sel/particle diameter ratios. This could be explained by the smaller influence of wall effects. 
Generally, the treatment of the fluid velocity in the wall region should be considered more in 
the future. In this study, the boundary conditions for the walls was set to no-slip for all simula-
tions. In Fig. 74 the gas velocity in the near wall region is displayed for the no-slip condition as 
well as the results of a direct numerical simulation. It can be seen, that the non-slip condition, 
which was used in the DEM-CFD in this study, simplifies the flow velocity profile near the wall. 
Furthermore, in the DEM-CFD there is no special treatment for particles that are in close prox-
imity to the wall. Every particle in a DEM-CFD cell that is adjacent to a wall experiences the 
same fluid velocity and therefore the influence on the pressure drop through a lower/higher 
velocity in dependence of the distance to the wall is uncared for. Another limitation of the DEM-
CFD was found in the discretization intervals as a result of the DEM-CFD cells. While the bed 
height can be precisely set in the correlation, in the DEM-CFD calculations are carried out cell 
wise and therefore partially filled cells lead to deviations.  

 
Fig. 74 Gas velocity profile close to a wall, where the solid line represents a resolved simulation and the dotted 

line the no-slip boundary condition (based on[197]). 

The general suitability of the DEM-CFD for the prediction of the pressure drop of unstructured 
packings was proven in this study. However, further analysis should be carried out and im-
provements implemented. Besides monodisperse packings, in the future bidisperse and then 
polydisperse packings should be examined. These are of high interest, as industrial materials 
are mostly not strictly monodisperse and therefore higher industrial relevance could be 
achieved. The combination of different particle sizes/shapes will also strongly influence the 



144  Conclusions and perspective 
 

porosity. Then consequently, the velocity profile close to the walls will vary as it is dependent 
on the porosity profile. An analysis of the fluid velocity close to the walls for different particle 
shapes should be carried out with a direct numerical simulation. For small vessel size/ particle 
size ratios, a correction factor could be implemented. This was already carried out for correla-
tions, e.g. the Ergun equation was modified by Cheng to incorporate wall effects which reduced 
deviations and allowed for a wide span of D/d ratios [49].  

Following the analysis of the fixed bed, examinations of fluidized beds were carried out. A short 
overview of flow regimes in fluidized beds and correlations for the prediction of the regime 
changing velocities was given. The prevailing flow regime affects the flow behavior and particle 
motion considerably and is therefore of high interest. So far little is known about the influence 
the particle shape has on the flow regime and the prediction of them. Therefore, in publication II 
“Flow regime transitions in fluidized beds of non-spherical particles” 15 differently shaped and 
sized particle groups were analyzed experimentally and results for the regime changing veloc-
ities compared to predictions gained from correlations. A simple particle classification accord-
ing to Zingg [71] was applied, and particles grouped into the three classes chips, which are 
mostly flat, granules which are mostly equidimensional and fibers which are mostly of longish 
shape. Eight distinct flow regimes could be identified; some of them only occurring for non-
spherical particles. Results showed that the particle shape plays an important role in the pre-
vailing flow regime and especially fiber and chip-type particle tend to form channels and not 
fully fluidize at low fluid velocities. Also, the onset of fluidization happens at different velocities, 
depending on the particle shape. Four regime changing velocities, the minimum fluidization 
velocity Umf, the minimum slugging velocity Ums, the transition velocity into the intermediate 
turbulent regime Uc and the transition velocity into the turbulent regime Uk were determined 
through optical analysis of the fluidized bed and calculated through correlations. The compar-
ison of the results showed, that most correlations were not able to match the experimental 
data, especially for non-granule particles. Therefore, to improve the overall prediction results, 
the correlations that showed the best results in each category have been fitted to the gathered 
experimental data. Additionally, all particles were analyzed in terms of the pressure drop and 
pressure fluctuations, which were expressed through the standard deviation of the pressure 
measurement. While the average pressure drop across the bed is easily calculated as it equals 
the apparent weight of the particles, pressure fluctuations are more complex and have a variety 
of sources which can mostly be linked to gas bubbles. Results for the pressure drop in publi-
cation II showed that with a few exceptions a constant pressure drop was achieved for all 
particle groups that were analyzed as the mass was held constant through all experiments. 
Deviations occurred as a result of incomplete fluidization, which mostly occurred for particles 
that differed strongly from a spherical shape. At higher fluidization velocities, however, all par-
ticles could be fluidized. The pressure fluctuations and bed heights varied strongly depending 
on the particle shape. Overall it was shown, that the particle shape has a major influence on 
fluidized beds. The measured data was published and can be used as a reference for future 
numerical analysis. The interlocking of particles that lead to channel flow should be examined 
further; through simulations detailed studies become possible. Particularly it should be exam-
ined if a critical width/length ratio exists at which interlocking and therefore channel flow starts. 
Interesting is also to determine at which ratio mixtures of fiber type particles with granules show 
channel flow behavior, which could be applied to combustion processes where biomass is 
mixed with sand. By simulating additional particle shapes, more data can be generated for a 
further improvement of correlations for the prediction of regime-changing velocity.  
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Based on the results gained in publication II, in a next step, a numerical and experimental 
analysis of a fluidized bed process involving differently shaped particles was carried out. Ob-
tained results were published in publication III “Experimental and numerical study of fluidization 
and pressure drop of spherical and non-spherical particles in a model scale fluidized bed”. As 
most correlations for the prediction of the onset of fluidization showed poor accuracy especially 
for non-spherical shapes, simulations were carried out to test the accuracy of the coupled 
DEM-CFD. A constant mass out of thirteen differently shaped and sized particle types was 
placed inside a vessel with a square base area of 11x11 cm². Starting in the fixed bed regime, 
the superficial velocity was slowly increased in 0.1 m/s steps until a velocity of 2.2 m/s was 
reached. The average pressure drop of the bed was then compared between simulation and 
experiment and the minimum fluidization velocity determined. Results showed good agree-
ment of simulations and experiments in terms of minimum fluidization velocity for most particle 
shapes. When particles differ strongly from a spherical shape, they tend to interlock, which 
leads to channel flow at velocities close to the minimum fluidization velocity. This behavior 
cannot be captured by the DEM-CFD with the models used in this study. Further differences 
in the pressure drop of the fixed bed regime and the onset of fluidization were found to be 
linked to different particle orientation distributions inside the bed. This is displayed in Fig. 75, 
where two fixed beds of equal bed height are displayed, that differ in the pressure drop. An 
analysis of the orientations showed deviations between simulations and experiments, which 
then lead to differences in the pressure drop, as local porosities were different (compare pub-
lication I on the effect of the porosity on the pressure drop calculation of fixed beds).  

 
Fig. 75 Differences in the pressure drop in the fixed bed regime between experiment and simulation at equal 

bed heights caused by different orientation distributions and therefore different local porosities. 

The pressure drop of the fluidized bed was found to be in good agreement for most cases. 
Deviations from the expected pressure drop, that equals the apparent weight of the particles 
can be caused by incomplete fluidization. In the case of this study, particles stacked in the 
corners of the vessel. While this behavior occurred in both the simulation and the experiment, 
the number of particles differed, which led to deviations of the average pressure drop, compare 
Fig. 76. Besides partial fluidization, non-spherical particles will also differ from spherical parti-
cles in terms of the average particle motion. Therefore, the bed motion was analyzed through 
the means of the average particle height. To access the average particle height, a PTV tool 
was developed that is able to detect non-spherical particles and determine their height inside 
the vessel. This tool was tested for accuracy by comparing the results of different particle 
shapes in fixed and fluidized beds against manually determined results for the same images. 
Overall, very good agreement was found. Afterward, the average bed height of four different 
particles was compared at different velocities. Good agreement was found between simula-
tions and experiments for the most parts. When deviations occurred, the average bed height 
in the simulations was lower than in the experiments. 
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Fig. 76 Differences in the pressure drop between experiment and simulation in the fluidized bed due to incom-

plete fluidization, as varying masses of particles stack in the corners of the vessel. 

Lower bed average particle heights could potentially be the result of differences in the particle 
orientations. Non-spherical particles experience a different drag force depending on the parti-
cle orientation. This can be seen in Fig. 77, where an ideal cylinder at different inclination 
angles is subject to an flow at Re=270. The wake size and fluid velocity is a good indicator for 
the pressure drag the particle experiences, which differs strongly between the orientations. 
Depending on the orientation, a particle will experience a varying drag force which is directly 
connected to the movement of the particle and therefore the height in the vessel. Therefore, 
particle orientations have been analyzed in both the experiments and simulations. As the bed 
is in constant motion, orientations will be inconclusive if only one point in time is analyzed. 
However, if a time series is analyzed, preferred orientations of the particles become clear. 
Consequently, the PTV tool was expanded to determine particle orientations as well. Orienta-
tions of four differently shaped particle groups were analyzed and compared between simula-
tions and experiments. 

 
Fig. 77 Velocity distribution of an ideal cylinder at a Reynolds number of 270 for different inclination angles 

[298]. 

Results showed overall good agreement, even complex flow features like an alignment of elon-
gated cylinders with the flow direction were captured by the DEM-CFD. Hence, it can be as-
sumed that the differences in the average particle height cannot solely be attributed to differ-
ences in the particle orientation. Further investigations with a simulation method that resolves 
the flow around the particles should be conducted. Here it should be examined if the differ-
ences are caused by the drag force models including the drag coefficient, or can be linked to 
the additional lift forces like the Magnus or Saffman force which were not considered in this 
study. Interlocking and channel flow should be examined more; an extension of the DEM code 
with more precise friction models which include static friction could be a solution. In this study, 
the tangential friction force was calculated according to the Coulomb law. No distinction be-
tween dynamic and static friction is carried out, instead, only one coefficient of friction µc, that 
describes the friction at the point where a given particle starts to glide is used in the calculation. 
Deeper understanding could be gained by performing higher resolved simulation like FEM-
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DEM. Similar to the findings in publication I, wall effects seem to have a strong influence on 
the behavior of the overall system. Attachment and stacking of particles to the walls are 
strongly influenced by the fluid velocity in proximity to the wall. With the current method, the 
CFD-cell velocity is mapped to all particles in the cell. A correction function that interpolates 
the velocity applied to the particles close to the walls based on a velocity function similar to the 
one displayed in Fig. 74 could be considered here. For this, the effect the particle shape has 
on the velocity profile close to the wall should be examined in greater detail with resolved flow 
simulations.  

The results gained up to publication III show that the DEM-CFD is able to reproduce integral 
measure such as the pressure drop and the bed height as well as flow behavior on smaller 
scales like particle orientations with good accuracy. To further test the capabilities and limita-
tions of the numerical method mixing has been analyzed in publication IV “Mixing quality in 
mono- and bidisperse systems under the influence of particle shape: A numerical and experi-
mental study”. Mixing is a suitable process to test and quantify the particle motion and dispersal 
rates inside a bed. Furthermore, mixing is important for a variety of processes, such as drying, 
cooling or combustion. Non-uniform mixing can lead to undesirable product characteristics or 
uneven active compound distributions in e.g. pharmaceuticals. To date no accurate correlation 
or model exists, that is able to predict the mixing behavior of non-spherical particles in fluidized 
systems so that simulations become a viable option once the accuracy is proven. In publication 
IV, the solids mixing of four differently shaped particle groups has been analyzed experimen-
tally and numerically. Examined particle shapes included spheres, cubes, elongated cuboids, 
and plates. Based on these, 13 different combinations of particles, varying in color or shape 
have been carried out. Equal masses of the two mixing components have been arranged in 
horizontal layers so that these cases are a good measurement of the accuracy of the descrip-
tion of the vertical movement of the solids. The succeeding mixing has been recorded with a 
high-speed camera in the experiments. Similar procedures to generate the packing and veloc-
ity profiles were carried out in the experiments and simulations to assure for equal conditions. 
Initial analysis of the mixture in the fluidized bed showed that the Lacey mixing index gives 
incorrect results when the porosities of the two components are strongly varying. Therefore, a 
correction factor has been introduced, which considers changes in the porosity. The obtained 
results showed the influence the particle shape has on the mixing speed, in case of monodis-
perse mixing, plates showed the fastest mixing while spherical particles showed the slowest. 
This effect could be attributed to the varying face areas of non-spherical particles, which 
caused uneven particle/fluid forces and therefore stronger upwards movement of certain par-
ticles. Experiments and simulations were found to be in good agreement for nearly all tested 
particle combinations. The simulation was also able to capture changes in the mixing rate if 
fast mixing particles were combined with slower mixing particles. Differences between experi-
ment and simulation were found for mixtures of spheres with either plates or elongated cu-
boids. In the simulations large amount of non-spherical particles attached to the wall. There-
fore, further analysis was carried out and the average bed-heights and pressure drop of the 
sphere/plate mixture determined in both the experiment and simulation. As a reference, these 
values were also calculated for the monodisperse sphere and plate cases. The analysis of the 
bed height showed that experiment and simulation of the monodisperse cases were in very 
good agreement, while in the bidisperse case a lower average bed height was detected. The 
pressure drop was in good agreement in all cases, which indicated that all particles were sus-
pended in the fluid, as particles that are no longer lifted by the fluid do not contribute towards 
the pressure drop of the system. Therefore, even particles that were attached to the walls were 
still fluidized. Further analysis of the average particle velocities showed that both components 
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of the bidisperse case had on average lower particle velocities than their monodisperse coun-
terparts, which indicated lower particle dynamics and therefore also explained the lower aver-
age bed height. However, in the average particle fluid force, no such deviations were observed. 
Possible reasons for lower dynamics were identified in wall effects, additional lift forces or 
general shortcomings of the used model assumptions in regards to bidisperse systems. The 
influence of wall effects and the simplified treatment in the DEM-CFD was already shown in 
the previous studies. With a better approximation of the velocity profile close to the wall, po-
tentially higher velocities could act on particles that are in close proximity to the wall, so that 
particles disengage from the wall. Furthermore, additional lift forces like the Magnus or 
Saffman force are disregarded in this study, but could especially in the case of the non-spher-
ical particles lead to a higher particle dynamic. Research carried out with resolved flow simu-
lations, showed that drag force correlations derived for monodisperse systems lead to strong 
deviations if applied on polydisperse systems. Here the drag force on the large component 
increases with the large to small size ratio. As the face area of the particles in this study, differs 
strongly depending on the orientation, it is assumed that the system is polydisperse and there-
fore the currently used drag force models may not be suitable for the description of polydis-
perse systems involving spherical and non-spherical particles. Further analysis with simula-
tions that resolve the flow around individual particles should be carried out to examine this 
problem. Other scenarios could be tested with the DEM-CFD to deepen the knowledge, here 
systems with three or more mixing components should be considered. By arranging the com-
ponents in vertical layers, it could also be analyzed how the particle shape influences the ver-
tical mixing velocity and quality. Mixing processes were one component is added over time to 
another component are interesting for industrial application such as combustion of biomass, 
where the biomass is added to a bed of sand or other inert material.  
After the analysis of the mixing in publication IV, where it was proven that the vertical motion 
of the particles is generally in good agreement between experiment and simulation, the hori-
zontal motion was examined closer. For this purpose, a new system was designed that allowed 
for more horizontal movement. This system consists of two fluidized beds that are connected 
and a particle inlet and outlet, which allows for a continuous operation of the system. The main 
advantages of multi-chamber fluidized beds are, that a comparably high product yield becomes 
possible as no downtimes occur and complex-multi stage processes can be carried out in a 
single apparatus. However, in contrast to a batch operated fluidized bed particles can have 
varying residence times inside the system, which may lead to undesirable product character-
istics. Therefore, in publication V “Numerical and Experimental Analysis of Particle Residence 
Times in a Continuously Operated Dual-Chamber Fluidized Bed” a dual-chamber fluidized bed 
has been analyzed in terms of particle residence times under different operational parameters. 
Variations included different particle shape groups, mass inflow rates, weir heights and fluid 
velocities. To determine particle residence times in the experiments, a new measurement sys-
tem had to be introduced. Optical analysis is limited, as particles are only visible at the front 
plane of the system or at the in- and outlet. Therefore, in this study an ultra-high frequency 
(UHF) radio frequency identification (RFID) system has been developed, that is able to detect 
the position of multiple particles at three different locations inside the vessel without a direct 
line-of-sight. An RFID-tag was placed inside certain particles and an antenna coiled around 
the surface. Through careful adjusting, an equal weight could be maintained for particles with 
and without RFID-tags. The system was tested and verified on various test scenarios and 
showed high detection rates of up to 90 %, depending on the particle shape and orientation. 
At three different positions (particle in-/outlet and connection between the chambers) antenna 
loops were placed that were connected to an RFID-reader. Whenever a tagged particle passed 
an antenna loop, it was detected and the tag-ID, as well as the time of the event, saved. This 
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way the residence time in both chambers could be determined. The particles were recirculated 
into the system after they passed through the vessel so that higher number of particle resi-
dence times could be measured. In the simulations, the particle residence times are readily 
available for every single particle. 
Overall experiments and simulation of 10 different variations of operational parameters were 
carried out after an initial examination of the pressure drop and bed height showed good agree-
ment between simulation and experiment. The numerical method was able to reproduce the 
experimentally measured particle residence times with good accuracy for all variations that 
involved spherical particles. Changing the mass flow rate lead to the biggest difference in the 
particle residence time followed by variations of the fluidization velocity. Higher mass flow rates 
also lead to narrower distribution functions, which is generally seen as favorable. Counterintu-
itively, a greater weir-height at the particle outlet led to shorter residence times in the second 
chamber, even though the particles had to travel a longer distance through the vessel. By 
analyzing and comparing the fluid velocities, it was shown, that the increase of the weir-height 
altered the fluid flow inside the vessel, which led to an increased fluid velocity in the particle 
outlet. As a result, the residence time in the second chamber went down. Deviations were 
found when non-spherical particles were examined. While the experiments showed a broad 
particle residence time distribution function, the distribution functions of the simulations were 
narrower. Therefore, on average shorter residence times were observed in the simulations for 
both cubical and cylindrical particles. Optical analysis showed, that in experiments and simu-
lations particles attach to the outside walls of the vessel. However, these particles eventually 
come loose in the experiments while they remain on the wall in the simulations for extended 
periods of time. This can be attributed to wall effects and matches the results gained in publi-
cation IV. Nonetheless, the overall capability of the DEM-CFD to reproduce the particle motion 
and therefore the residence time in a complex system like a dual-chamber fluidized bed was 
shown. The developed RFID-system proved capable of measuring particle residence times for 
various particle shapes at a low cost.  
In a next step, additional chambers could be added and the size of the vessel increased, to 
approach industrial setups. The particle exchange between two connected chambers could be 
examined in more detail, starting from simple batch setups. So far, little is known about the 
exchange rate and which parameters influence the movement over or under a weir especially 
in regards to the particle shape. As multi-chamber fluidized beds are often used for spray coat-
ing with consequent drying, the influence of the introduction of a liquid into the system on the 
residence times and particle motion could be examined. 
In this thesis, it was shown, that the discrete element method, coupled with a cell resolved flow 
simulation, where the cell size is larger than a single particle, can describe the behavior of non-
spherical particles in various fluidized systems in good agreement for most cases when models 
for particle/fluid force calculation are utilized that consider both the particle shape and orienta-
tion. The method proved to be highly flexible and often showed better results than analytical 
solutions. Integral measures like the bed height and pressure drop were found to be in good 
agreement and complex flow features like particle orientations were reproduced. Mixing pro-
cesses, which are mostly dominated by the vertical motion of the solids and particle residence 
times, which are strongly influenced by the horizontal particle motion, in a geometrically more 
complex dual-chamber setup were correctly reproduced in most cases. Limitations and further 
development need were identified; the biggest issues were found in relation to wall effects. 
Due to the simplified fluid velocity profile close to the wall, attachment and stacking of certain 
non-spherical particles was observed. Interlocking mechanism of non-spherical particles 
should be studied in detail, which is of high interest for the prediction of the onset of fluidization. 
The inclusion of additional lift forces like the Magnus and Saffman force should be considered 
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and new models for strongly polydisperse systems have to be derived. If the grid size is de-
coupled from the particle size, the fluid flow can be solved with greater detail, which may prove 
helpful in solving these problems. First approaches in this direction utilized a mollification ker-
nel to spread the particle force out over the nearest cells surrounding the particle [299,300], 
however, they are currently only tested on spherical particles. An extension and testing of the 
model to include non-spherical particles should, therefore, be carried out in the future. 
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