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Abstract

Oxidative Coupling of Methane (OCM) is a promising process con-
cept for conversion of Methane as a major component in the natural
gas into valuable chemical intermediates such as ethylene. Heart of
this process is a chemical reaction between methane and oxygen with
a help of a solid catalyst at high temperatures (700-900◦C). This re-
action has been investigated throughly in the past 30 years, however
there has been no successful commercial application so far because of
the limited ethylene yields. This thesis tries to answer the question if
possible industrial application of the OCM is possible with the use of
a fluidized bed reactor.

Fluidized bed reactor is a promising reactor concept because it can
handle very exothermal reactions like OCM under isothermal condi-
tions and at the same time it has the potential to recirculate and
reactivate the deactivated catalyst in continuous manner. Operation
of a fluidized bed reactor has been investigated using complex CFD
simulations with the help of commercial tool Fluent R©, as well as
experimentally. Performed CFD simulations take into account heat,
mass and momentum transport, reaction kinetics in a two phase mix-
ture, and are among first such complex simulations done so far. In
the CFD simulations, it was found out that the hydrodynamics of the
fluidized bed plays an important role on the reactor performance, and
several different geometries have been investigated in order to uncover
to which extent it effects the reactor performance.

During the course of this thesis an experimental set-up was con-
structed which allow testing of the different amounts of catalyst (30-
300g) under high temperature (600-1000◦C) and wide range of flow-
rates (0.1-40 L/min). Moreover, a metal reactor was constructed
out of a special FeCrAlloy for the evaluation of the OCM in the flu-
idized bed under high pressure conditions. Three types of catalysts
(La/CaO, Sr-La/CaO, Na-W-Mn/SiO2) have been thoroughly inves-
tigated for their potential use in the fluidized bed. Highest yield to C2

obtained in the experiments amounts to 19.6% which is among highest
yield ever reported in the literature for the OCM in the fluidized beds.



Moreover, Na-W-Mn/SiO2 catalyst proved to have high resistance to
abrasion as well as high stability. It was found out that amount of
sodium on this catalyst type is crucial not only for the performance
but also for the good fluidization behavior. La-based catalyst proved
to have very stable performance, however they proved to be prone to
abrasion, and not suitable for use in the fluidized bed without support.

During the course of this thesis the idea of the Fluidized Bed Mem-
brane Reactor (FBMR) was developed. This idea was first tested us-
ing detailed CFD models which showed over 40% yield improvement
over the classical fluidized bed reactor. The concept of a fluidized
bed membrane reactor for the OCM proved to be very promising and
further investigation is necessary in order to evaluate if this concept
is suitable for industrial application.



Zusammenfassung

Die Oxidative Kupplung von Methan (OCM-Prozess) ist ein viel ver-
sprechendes Verfahren für die Umwandlung von Methan, welches als
Hauptbestandteil in Erdgas vorkommt, in wertvolle chemische Zwis-
chenprodukte wie Ethylen. Die Hauptreaktion dieses Verfahrens ist
die chemische Reaktion zwischen Methan und Sauerstoff, die mit
Hilfe eines festen Katalysators bei hohen Temperaturen (700-900◦C)
erfolgt. Diese Reaktion wurde in den letzten 30 Jahren zwar sehr
genau untersucht, jedoch fand es aufgrund der begrenzten Ausbeute
an Ethylen keine kommerzielle Anwendung.

Die vorliegende Arbeit versucht die Frage zu beantworten, ob eine
industrielle Anwendung des OCM-Prozesses mit dem Einsatz eines
Wirbelschichtreaktors möglich ist.

Ein Wirbelschichtreaktor ist ein interessanter Reaktortyp für diese
Reaktion, da er stark exotherme Reaktionen wie den OCM-Prozess
unter isothermen Bedingungen verwirklichen kann und gleichzeitig das
Potential aufzeigt, den deaktivierten Katalysator in einem kontinuier-
lichen Prozess zu reaktivieren. Der Betrieb des Wirbelschichtreaktors
wurde sowohl mit Hilfe von komplexen CFD - Simulationen mit dem
kommerziellen Programm Fluent R© als auch experimentell untersucht.
Die durchgeführten CFD - Simulationen bercksichtigen neben dem
Wärme-, Massen- und den Impulstransport auch die Reaktionskinetik
in einem Gemisch aus zwei Phasen. Somit sind diese komplexe CFD
- Simulationen eine der ersten Ansätze auf diesem Forschungsgebiet.
In den CFD-Simulationen wurde darauf hingewiesen, dass die Hy-
drodynamik des Wirbelschichtreaktors eine wichtige Rolle in Hinsicht
auf die Reaktorleistung spielt, so dass mehrere verschiedene Geome-
trieformen untersucht wurden, um zu bestimmen, in wie weit diese
Auswirkungen auf die Reaktorleistung haben.

Im Rahmen dieser Arbeit wurde eine Versuchsanlage im Technikums-
mastab geplant und aufgebaut, mit der in mehreren Experimenten
in verschiedenen Mengen an Katalysator (30-300g) unter hohen Tem-
peraturen (600 bis 1000◦C) und Gasdurchflüssen (0,1 bis 40 L/min)



geforscht wurde. Für diese Experimente wurde des Weiteren ein
Wirbelschichtreaktor aus einem speziellen Fe-Cr-Al Legierung für die
Auswertung des OCM-Prozesses, unter Bercksichtigung der hohen
Drücke, gebaut. Drei unterschiedliche Katalysatoren (La/CaO, Sr-
La/CaO, Na-W-Mn/SiO2) wurden für einen möglichen Einsatz im
Wirbelschichtreaktor untersucht. Die maximal erhaltene Ausbeute an
Ethylen in den Experimenten beläuft sich auf 19,6%. Diese gehören
zu den höchsten Erträgen, welche in der Literatur in dieser Form der
Reaktionsführung für den OCM-Prozess im Wirbelschichtrektor noch
nicht vorzufinden sind. Zudem zeigte sich, dass der Na-W-Mn/SiO2

Katalysator eine hohe Resistenz gegenüber Abrieb und somit eine
hohe Stabilität hat. Es wurde festgestellt, dass die Natriummenge
am Katalysator entscheidend für die Leistung sowie auch für das Flu-
idisierungsverhalten ist. Zwar ist der La-Katalysator sehr stabil, aber
neigt zu Abrieb, so dass dieser für den Einsatz im Wirbelschichtreak-
tor ohne Katlysator träger nicht geeignet ist.

Während dieser Arbeit wurde ein Wirbelschicht-Membran-Reaktor
(FBMR) entwickelt. Diese Idee wurde an detaillierten CFD-Modellen
simuliert, die mit über 40% Ausbeute eine deutliche Verbesserung
der Ausbeute gegenüber dem klassischen Wirbelschichtreaktor zeigte.
Das Konzept eines Wirbelschicht-Membran-Reaktors für den OCM-
Prozess erwies sich daher als sehr viel versprechend. In einem nächsten
Schritt sind weitere Untersuchungen notwendig, um zu beurteilen, ob
dieses Konzept sich für die industrielle Anwendung eignet.
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Introduction

1.1 Natural Gas Conversion processes and OCM

Energy market has been unstable since the oil crisis in 1973 and 1979 when

several political factors (Israel-Palestine war, revolution in Iran, Iran-Iraq war

and a widespread oil shortage panic) led to an increase in oil prices from below

5$/burrell to around 40$/barrel. Due to limited oil reserves, the peak production

of oil which was reached in 2005 (73.44 Million barrel/day) (1) which showed

that limited amounts of oil have been already vastly exploited, and that the rest

of the remaining oil can not further support the sustainable development. This

resulted in a new oil crisis in 2008 when oil price rose to 148$/burrell. Therefore

it is critical to find a sustainable or at least a mid term replacement for crude

oil. One of the potential resource is utilization of natural gas. Recent shale gas

discovery in the United States further increased interest in natural gas utilization.

However, use of natural gas in conversion processes is still very limited.

Estimated natural gas reserves are around 184 trillion cubic meters (2), which

is about 1.5 times more than estimate reserves of crude oil (3). Moreover, some

of the natural gas is produced during oil extraction, and due to the difficulties

with its transportation it is either flared or pumped back into the oil wells, thus

only a part of it is transported to the potential consumers. General Electrics

for instance claims that over 5% of natural gas production is being flaired (4).
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1. INTRODUCTION

Because natural gas price depends mainly on the transportation, much of the

natural gas utilization would be improved if on-site conversion technologies could

be developed. Growing demands for natural gas utilization as well as an increase

of the oil prices initiated a growing interest of in the field of direct methane con-

version processes. The main goal is to find an efficient and cost effective process

for conversion of natural gas into another energy carrier which could be used on

site or easily transported to the final consumer. The major present utilization

technologies are heat and electricity generation. Only a 7 % of it is being used as a

feedstock for the conversion processes like methanol and ammonia (5). There are

only a few Gas To Liquid (GTL) or Fisher-Tropsh plants worldwide due to high

capital costs as well as long repayment time required for such plants to operate

economically. However, continuous rise in the oil price in the 1990’s and 2000’s

has made these technologies increasingly attractive, thus several new plants in

Qatar have been constructed or in planing phase.

Figure 1.1: Conversion routes for natural gas different routes for natural gas

are depicted
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1.1 Natural Gas Conversion processes and OCM

There are several potential routes for natural gas conversion as depicted on

Fig 1.1 . Syn-gas conversion routes require the conversion of natural gas into

mixture of CO and H2 with ratio of approximately 2 by steam reforming or partial

oxidation. Depending on the reaction pressure, temperature and the catalyst, a

wide variety of products can be generated from syn-gas. Several processes are

already developed such as DME , MTP , MTO synthesis of gasoline and waxes via

Fisher-Tropsch. Methanol process is widely applied as an industrial process, and

most methanol plants today operate using the syn-gas route. From the direct

routes, one should consider direct production of methanol, oxidative coupling

to ethylene, methane aromatization and production of formaldehyde (5, 6, 7,

8). All of these routes have been intensively investigated in the past 20 years.

Methanol synthesis directly from natural gas occurs at temperatures of 450-550◦C

at pressures of 5 bar (pressure favors methanol production). This reaction is

calmed to have more than 70% selectivity in several published patents, however

much smaller selectivity has been observed at significant methane conversion (5).

Formaldehyde is a byproduct of both methanol synthesis and oxidative coupling,

and it can be also produced by proper choice of operating conditions and catalyst.

However, no more than 70% of formaldehyde selectivity with methane conversion

of less than 10% yield per pass has been achieved (9, 10, 11). Another possibility

for a direct conversion of natural gas is methane aromatization (12, 13, 14). The

yields of benzene and naphthalene so far has been limited to below 15%, however

promising results with selectivities of more than 90% have been reported (15).

Major problem arising with this process is coke formation, which deactivates the

catalyst within several hours of operation. Oxidative coupling of methane or

OCM (which is the main focus of this thesis) provided ethylene yields of 20-50%

per pass in different reactors and with different catalysts. Thus it is a most

promising direct conversion route of natural gas at the moment.
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1.2 Reaction Engineering of Oxidative Coupling

of Methane

Oxidative coupling of methane is a reaction between methane, as a major compo-

nent of the natural gas and oxygen in order to produce highly valuable chemical

intermediates such as ethylene. This reaction has been investigated throughly

since the first paper published by Keller and Bhasin (16), where these scientists

investigated a number of metal oxides for the catalytic activity and their selectiv-

ity for ethylene. After their pioneering work over 2700 scientific articles, patents

and PhD thesis have been published on the topic of OCM (17).

Oxidative coupling of methane faces several drawbacks, out of which selectiv-

ity towards ethylene is the critical one. So far only a selectivity of up to 70%

have been achieved with more than 30% methane conversion, and therefore, yield

of ethane and ethylene has been limited so far to less than 25% in conventional

reactors (18, 19, 20). It has been shown previously that low oxygen level is

limiting methane conversion, but it provides high selectivity by controlling the

subsequent product combustion. On another hand, if high yield and conversion

are required there is a need for more oxygen in the feed, and thus selectivity

drops significantly because higher oxygen levels promote both reactant and prod-

uct combustion. Another difficulty for the practical application is the huge heat

released during the reaction, which is a consequence of fast reactions and very

high heat effects (18, 21). Thus, severe hot spot formation has been observed in

packed bed reactors even for small diameters (22). From a practical point of view,

the first mentioned drawback can be overcomed with the use of a better catalyst

and by improved reaction engineering. However, the second drawback related to

the enormous heat effect can only be solved by an improved reactor design since

it is also influenced by thermodynamics and fluid dynamics, not only by reaction

kinetics. In the past 25 years, huge efforts have been put in catalyst development

for the OCM process. The results reviewed by (18, 19, 20) show that yields of less

than 25% still represent the maximum one can expect from a conventional OCM

reactor. From these reviews it seems that the catalyst development does not allow

4



1.2 Reaction Engineering of Oxidative Coupling of Methane

further yield increase because of interplay between heterogeneous and gas phase

reactions. Thus, oxidation of both methane and higher reaction products seems

to be unavoidable in the case of higher oxygen content in the feed. Therefore a

controlled oxygen feeding has been initially proved to be successful (23) by using

a membrane reactor (MR) . After this, numerous research on membrane reactors

have been done on OCM in both theory and practice (24, 25, 26, 27, 28, 29, 30) .

The use of membrane reactors is still under development. Idea behind a mem-

brane reactor is to allow very small oxygen amount to pass continuously in to

the reaction zone in order to activate methane and allow a radical chain reac-

tion to proceed, while limiting the undesired combustion reactions. This can be

done in different ways by using a porous membrane, dense membrane, catalytic

membrane or perovskyte membrane. It has theoretically been proved that they

can provide well over 30% yield (24, 31). Nevertheless, only 28% yield has been

reported in porous MR (26) and around 35% in a catalytic MR (25). The highest

yield reported ever for one OCM reactor is over 50% with the use of a CSMBR

(chromatographic simulated moving bed reactor) (32). However, such reactor

concept has still to be developed in detail before any large scale application. The

fluidized bed reactor has been designated by different authors as the best reactor

concept for OCM (18, 21). This is mainly because of the huge reaction heat,

which cannot be managed by any packed bed reactor. Moreover, the ability to

operate isothermally and to avoid a temperature runaway and at the same time

to continuously re-circulate or even to change deactivated catalyst makes the flu-

idized bed a very attractive reactor concept for the OCM reaction. There have

been a number of investigations in the 90s around the fluidized bed reactor con-

cept. All of these studies showed that only a yield of less than 20% was reachable

in a fluidized bed reactor, and thus, limiting its yield to the similar restriction as

in the case of a fixed bed reactor. Thus, fluidized bed reactor provides advantage

concerning its heat management capabilities, but innovative reactor design (such

as combination with membrane reactors) might provide better operation with

higher yields.

High number of different catalysts have been proposed for the OCM. A review
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of performance of the OCM catalysts is beyond the scope of this thesis, mainly

because fluidized bed reactor requires large amount of catalyst and only selective

and stable catalysts can be tested successfully. A nice overview of the performance

of different catalyst for the OCM has been given by (20). In this reference an

overview of the acomplishments in the past 15 years in both catalyst development

and reaction engineering has been given. Another nice overview of the reaction

engineering accomplishments is given by Mleczko and Baerns (18). Among many

different catalyst systems proposed for the OCM, the most suitable catalysts for

industrial application so far are based on either La-Sr/CaO (19, 33) or based on

Na-W-Mn/SiO2 (34, 35, 36, 37), and will be further studied in this thesis. These

catalysts have been proven to be stable and selective for the OCM.

1.3 Fluidized bed technology and its industrial

application

Fluidization is a physical phenomenon where particulate material behaves simi-

larly to a liquid, and it occurs when high enough fluid is flown horizontally from

the bottom through the bed of solids (38). Such behavior establishes when the

drag force between the upward moving fluid and particles becomes equal to the

gravity force of the single particle. In such state particles start ”levitating” and

moving relatively to each other, often colliding similarly to single molecules in

the liquid. Therefore bed of fluidized solids has some properties of liquids like

pressure which is proportional to its height, horizontal surface, and properties of

particles to flow when the vessel becomes open. Apart from these interesting fea-

tures, fluidized beds have also some other very practical capabilities. The biggest

advantage of the fluidized bed compared to fixed bed of particles is its ability to

transport heat within and out of the reactor very fast. Because of rapid solid

mixing hot particles are transported in to colder zones of the fluidized bed, and

vice versa, which allows more even temperature distribution. Moreover because

of increased contact between the gas, particles and the wall of the vessel, bed

to wall heat transfer coefficient is about an order of magnitude higher than in
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the fixed beds (39). This allows isothermal operation even with very exother-

mal processes. In addition, the temperature changes in the fluidized beds are

much slower and give much bigger time margin for a safe operation and avoiding

temperature runaways. The fluid-like behavior allows addition and removal of

the material from the bed in continuous manner. This is particularly interesting

for industrial reactors where deactivated catalyst has to be removed and where

reactivated catalyst should be returned to the reactor simultaneously.

Figure 1.2: Liquid-like behavior of the fluidized beds different typical prop-

erties of the fluidized beds. Taken from the book of Kunii and Levenspiel (38).

There are also several disadvantages of the fluidized beds. For instance, flow

pattern in the fluidized bed is very different from the plug flow in the fixed bed.

Often gas back-mixing and wide residence time distributions are present, which

might be unwanted in a parallel-series reaction network where desired product is

a reaction intermediate. Another disadvantage is the abrasion of the particles in

the fluidized bed. It causes pulverization of the solids if solids are not mechani-

cally strong. Moreover it is highly possible that fluidized solids erode or damage

internals or heat exchangers immersed in the fluidized bed. Finally, if the temper-

ature of the fluidized bed is high enough, fluidizing powders might agglomerate

and sinter and a defluidization might occur. Despite numerous disadvantages of

the fluidized beds, as well as risks concerned with its up-scaling, many fluidized

bed technologies have found its industrial application. It can be even said that a
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fluidization has become a ”main-stream” technology in chemical industry.

The first appearance of fluidization in industry was a Winkler process (1926).

In this process coal is reformed to synthesis gas using steam and oxygen :

coal
T,oxygen,water−−−−−−−−−→ CO + H2

synthesis gas

This process was designed in order to produce synthesis gas for the need of

German industry, especially for the synthetic chemical fuels coming from the

Fischer-Tropsch in 1930’s and 1940’s. However it was not before 1938 when

fluidization science was born, by initial experiments by Lewis and Gilliland who

conducted their first fluidization experiments at MIT. (40). Just few years later

in years between 1940 - 1942 several companies (Exxon and Amoco with the help

joined Kellog) joined their efforts to develop a fluid catalytic cracking (FCC)

technology. Finally in 1942 the first FCC plant was commissioned and it went in

smooth operation (38). Afterwards more than 30 FCC plants were constructed in

the USA in the next 3 years, which significantly increased its production capacities

for gasoline, diesel and kerosene. Several efforts were also made for application

of the fluidized bed for the Fischer-Tropsch (FT) process. Initially, a bubbling

fluidized bed was designed by Hydrocol company in Carthage, Texas. However,

there were problems caused by scale-up problems, catalyst degradation as well

as loss of the catalyst from the bed. Furthermore, stabilizing the oil market by

oil discovery in the middle east made market unfavorable for the FT processes,

and after only 6 years in operation the facility was closed. However, geopolitical

situations in the South Africa made FT process the only source of gasoline, and

in 1955 the South African oil company (Sasol) commissioned the first FT plant

based on the circulating fluidized bed technology. Since then, many processes

based on fluidized bed technology were developed. Some of these processes are

listed in the table 1.1.

Except for the technologies already mentioned, many other catalytic and non-

catalytic processes based on the fluidized bed technology were developed. Some

of them are : coal gasification, solid waste gasification, limestone calcination,

sulfide ore roasting, silicon production from silicon-chloride, reduction of iron
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1.3 Fluidized bed technology and its industrial application

Table 1.1: Commercial processes using the fluidized bed technology -

some of the commercial processes based on the fluidized bed technology, taken

from (38).

Year Product Process Reactor type

1945 Phtalic anhydride Sherwin-Williams-Badger Fluidized bed

1955 Hight Temperature FT Kellog, Sasol Circ. Fluidized bed

1956 Vynil acetate Nihon Gosei Fluidized bed

1960 Acrylonitrile Sohio Fluidized bed

1961 Ethylene dichloride Monsanto Fluidized bed

1965 Chloromethane Ashai Chemical Fluidized bed

1970 Maleic anhydride Mitsubishi Chemical Fluidized bed

1977 Polyethylene Union Carbide Bubbling bed

1984 Polypropylene Mitsui Chemicali Bubbling bed

1984 o-cresol and 2,6 - xylenol Ashai Chemical Fluidized bed

1989 Hight Temperature FT Sasol Fixed Fluidized bed

ore but also for coating of solid particles, as well as drying. Despite the vast

experimentation and industrial experience, the models developed in academia

are mostly theoretical and except for some of them (like Kunii and Levenspiel

model and Werther’s model (41, 42)) they were not tested on industrial scale

reactors. Moreover, as fluidized bed reactor technology is compilation of complex

hydrodynamic phenomena, industrial contractor companies are afraid of losing

their ”know how”, and are reluctant to share their knowledge with academia

(43). Further, the design of the industrial fluidized bed reactors is still based on

empirical knowledge and consists of multiple scale tests from the bench scale over

pilot scale to the demonstration unit. Therefore design of an industrial fluidized

bed is still a time consuming and risky process. Therefore Werther strongly

suggested a much closer collaboration between industry and academia to bridge

the gap between the theory and praxis in this field (43).
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1.4 Heat effects in the OCM

In order to make the any chemical process commercially attractive, one has to

deal with the scale up of the catalytic test reactor from the millimeter scale up

meter scale to prove the potentials of a large scale application. While doing this

scale up procedure one is often faced with difficulties maintaining same mass,

momentum and heat transport properties. In the case of OCM this is partic-

ularly difficult as the reaction is very exothermal, thus providing efficient heat

transport is critical. The main equations with their respective heats of reaction

are following :

CH4 + O2 → CO2 +2 H2O ∆H◦
298K = -804 kJ/mol

2 CH4 + 1/2 O2 → C2H6 + H2O ∆H◦
298K = -177 kJ/mol

C2H6 +1/2 O2 → C2H4 + H2O ∆H◦
298K = -105 kJ/mol

C2H4 +2 O2 → 2 CO2 + 2 H2O ∆H◦
298K = -1323 kJ/mol

Even in the small test reactors OCM has shown to have hot spots of over

150-200◦C (18, 22, 44). Moreover, Pak (22) measured 150◦C temperature devia-

tion already for CH4/O2 ratio of 5 in the 7 mm quartz reactor. Taniewski (44)

considered different possibilities for heat management in the fixed bed reactor.

The following options were proposed in order to manage the huge heat effects

generated in the OCM :

• limiting methane conversion per pass

• diluting the CH4/O2 mixtures with inert gases

• introducing oxygen in portions on different levels of the bed

• diluting the catalyst fixed bed with inert solids
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Unfortunately, the first two proposals would effect the conversion and yield

and thus are not suitable in the large scale process. Third option might be

a possibility, however in this case fresh oxygen supply might burn the formed

unstable products like ethane and ethylene, and it is a simplified version of already

existing membrane reactor. The last option was investigated in detail in work of

Taniewski (44). However, the 30 ◦C hot spot in the 13 mm reactor has increased

to a 170◦C hot spot in the 32.3 mm reactor. Some success was achieved by bed

dilution, however only with more than 87% dilution hot spots decreased to less

than 100 ◦C. A graph showing comparative results from this work 1 and other

investigations is shown on figure 1.3.

Figure 1.3: Temperature profiles The figure shows temperature profiles which

were obtained by measurements of Pak et.al for Na-W-Mn/SiO2 catalyst system

(7mm id. reactor, 20mm length, CH4/O2 = 5:1, no dilution ), Taniewski et.al

for Li/MgO catalyst (32.3 mm id. reactor, first 10 cm length shown, CH4/O2 =

5:1, 50% catalyst dilution) and from this study (40 mm id. reactor, 10 cm length,

CH4/O2 = 3:1, 60% nitrogen dilution)

1The results from this study were obtained with the flow smaller than the minimum fluidiza-

tion flow, where temperature profile showed significant deviation from the normally isothermal

temperature profile. The reactor in this case resembles a fixed bed reactor. Details of the

experimental set-up are given in the chapter 3
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Here, one can see that in the larger scale reactors (32 and 40 mm inner diam-

eter) as well as in the small scale (7mm) one can not obtain satisfactory temper-

ature control of the reactor. In fact, there is no possibility to obtain isothermal

temperature in the fixed bed reactor without limiting methane conversion per

pass. What has been observed previously by Pak et. al (22), as well as in this

study was concluded in the paper of Taniewski (44) that exothermicity of the

OCM in the packed bed reactors is a reality and only limited success can be ex-

pected with the bed dilution. Furthermore, too high bed dilution might give the

prevalence to the gas phase reactions rather then catalytic reactions and reduce

the yield further.

In order to investigate the possibilities of reactor scale-up, Dautzenberg et.

al (21) investigated different reactor alternatives concerning difficulties with heat

transport in the OCM. This study concluded that only fluidized bed reactor

has the possibility to effectively remove the heat produced in the reaction and

thus provide isothermal temperature profile. However, problems arising with

the limited selectivity of the reaction faced with fixed bed reactors, as well as

deactivating catalysts still represent the main disadvantages of this reactor type.

1.5 OCM in the Fluidized bed Reactor - state

of the art

The first trial of OCM in the fluidized bed reactor was conducted by Tyler and

Edwards on Li/MgO catalyst (45). They investigated OCM in the fluidized bed

with low oxygen inlet concentrations, and obtained about 10% of C2 yield. These

were followed by a number of other investigations which were done by the same

authors (46, 47, 48, 49), and at the same time by Androf (50, 51, 52). These initial

investigations considered testing different basic oxide and hydroxide catalysts, as

well as Li/MgO catalyst.

The highest yields reported for these catalyst was usually lower than 16%,

limiting their practical applicability. Moreover for all investigated catalysts for-

mation of agglomerates and problems obtaining stable fluidization was the major
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problem. However, Do et. at (48) reported 19.4% yield with more than 70%

selectivity to C2+ over Na promoted Sr-bentonite catalyst. This is still today

one of the best reported yield in the literature for the OCM in the fluidized bed

reactor. Later, Pannek (53, 54, 55) investigated the performance of the La-based

catalyst in the fluidized bed reactor, but concluded that not more than 16 % can

be obtained. Finally, in the group of Santamaria (56, 57, 58) investigation was

mostly focused on Li/MgO based catalysts.

Table 1.2: Reported yields in the the fluidized bed reactor for the OCM

- Reported experimental achievements in the fluidized bed reactor with different

catalysts

Research Group Catalyst Conditions Yield

Na promoted Sr-Bentonite 850◦C Y = 19.4%

Tyler, Do and (48) feed - N.A. X = 28%

Edwards (Sr0.2Mg0.8)CO3Zr0.01Cl0.04 850◦C Y = 18.1%

(48) feed - N.A. X = 33%

La2O3/CaO 840◦C Y = 16.0%

Mleczko and (54) CH4/O2 = 2.5 X = 34%

Pannek Zr/Sr/La 880◦C Y = 18.0%

(53) CH4/O2 = 2.45 X = 36.5%

NaOH/CaO 800◦C Y = 13.5%

Androf an (50) CH4/O2 = 4 X = 21%

Baerns Pb/γ-Al2O3 800◦C Y = 11.3%

(51) CH4/O2 = 3 X = 24 %

Li/MgO 800◦C Y = 16.8%

Santos, Menendez (56) CH4/O2 = 3 X = 34%

and Santamaria Li/Sn/MgO 800◦C Y = 21.8%

(58) CH4/O2 = 2 X = 45.5%
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The main problem with the Li/MgO catalyst was the agglomeration, mainly

due to liquid LiOH and Li2CO3 phases present on the catalyst surface on high

temperature and in presence of H2O and CO2 which are formed during reaction.

Problems arising with catalyst agglomeration was solved by using a vibrational

device. Also more stable catalyst was found, the Sn promoted Li/MgO. With this

catalyst they reported over 20% C2 yield with undiluted feeds which is until today

the best result reported in the literature. The group of Santamaria reported a

stable operation over more than 30 hours with this catalyst. The results of the

different catalysts tested in the fluidized bed reactor can be seen in the Table 1.2.

The most important parameters for the OCM are the feed composition and

reaction temperature and they have been discussed throughly in the literature for

the OCM catalysts. The influence of the fluidization velocity, catalyst particle

size and bed inertization effects the fluidized bed in particular because of its

complex hydrodynamics. Their influence will be explained and the experimental

results obtained so far will be discussed in the next sub-chapters.

1.5.1 Influence of the fluidization velocity on the reactor

performance

The increase of the gas velocity in the fluidized bed has one major effect on the re-

actor performance - the residence time of the gas in the reactor. If the residence

time is long enough, one can expect a full conversion of the limiting reactant

(oxygen in case of OCM) and thus high yields of desired products. However, if

the residence time is very long, consecutive cracking, reforming and deep oxida-

tion of the reaction products may happen, which would consequently reduce the

yield of desired products (ethane and ethylene). In terms of residence time, the

best option would be to operate under such linear velocities which enable almost

complete, but not full conversion of oxygen.

Linear velocity in the fluidized bed has a crucial influence on the bed hydro-

dynamics as well, as suggested by Kunni and Levenspiel (38).By gradual increase

of the linear velocity through the packed horizontal bed first particle fluidization

occurs, followed by the onset of the bubbling. Depending on the linear velocity
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at the inlet, flow through the emulsion (dense phase) of the bed can be plug

flow (before the onset of bubbling) or near plug flow (at lower u/umf ) and there

is insignificant amount of gas flowing backward. However, if large particle beds

or high velocities are applied, significant back-mixing can occur. Moreover, this

is not the only hydrodynamic effect, and it may severely influence the product

distribution.

If gas velocity of the emulsion gas and the bubble rise are comparable (which

is true for small linear velocities) bubbles are only a ”short-cut” for the gas to

pass through them as a lower pressure area in the bed. However, if bubble rise

velocity is faster than the emulsion gas velocity, gas in the bubble circulates in-

side a bubble, and even grows in size by taking some of the emulsion gas. In this

arrangement reactants (methane and oxygen in case of OCM) may be trapped

inside these fast bubbles, and proceed through the fluidized bed unreacted. Fur-

thermore, high voidage in the bubbles might promote gas phase chemistry over

the catalytic reactions and thus reduce the overall selectivity. On the other hand,

keeping oxygen trapped in the fast bubbles might serve as a way to distribute

oxygen across the fluidized bed which would increase the selectivity. As all of

these effects are interconnected, there is no simple theoretical explanation if high

or low gas velocities would be beneficial.

Several authors measured influence of the velocity on the reactor performance.

For instance, Andorf (52) conducted experiments under u/umf = 15 and u/umf

= 29 and concluded that there is a minor increase of selectivity by increase of

the linear velocity. However this might be due to the lower oxygen and methane

conversion which was observed in these tests. On the contrary, Mleczko and

Pannek (53) found that increase of the fluidization velocity from u/umf = 6 to

u/umf = 10 caused deterioration of the reaction performance on temperature

below 840◦. Above this temperature fluidization velocity of u/umf = 10 provided

lower selectivity to C2+ but higher methane conversion and higher overall yield.

In his thesis Pannek (55) reported that for La2O3/CaO when fluidization numbers

were varied in the range between u/umf = 4 - 20, a maximum value was found,

suggesting there is an optimum of fluidization velocity which should be applied.
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As a conclusion, one can not give the suggestion whether low or high fluidiza-

tion velocity should be applied for maximizing the product yield. Unfortunately,

for every new catalyst that is to be tested, tests have to be performed at different

velocities in order to find the optimum one.

1.5.2 Influence of the bed dilution on the reactor perfor-

mance

Bed dilution with inert material might prove to be of very high importance when

managing the huge heat effects in the industrial size reactors. These reactors

would have large amounts of catalyst, however most of the reaction would occur

near the distributor plate at the reactor bottom. Even in the fluidized bed reactor

hot spots might occur near the bed entrance due to very fast and exothermal OCM

reaction. Dilution of the bed with inert material has two advantages :

• reducing the reaction rate per volume of the reactor

• increasing the the heat capacity of the bed

However, in order to grasp the positive effects of adding the second solid

material in the bed, one must assure the similarity of the catalyst and particles in

both density and particle size distribution. Otherwise a fluidized bed separation

in two beds, or even fixed followed by fluidized bed might appear (59).

In the past investigation of the particle dilution has been done on Li/MgO

catalyst (56, 57) and La2O3/CaO catalyst (54). The catalyst Li/MgO showed over

20% reduction of the yield while La2O3/CaO showed only minor deterioration in

performance. Reduction of the performance of the Li/MgO catalyst might be

due to the Li diffusion to the SiO2 which is known to occur. Moreover, Taniewski

(44) also reported rapid Li/MgO when it was mixed with quarz in the fixed bed

reactor.

As a conclusion, it might be interesting to prove whether any other catalyst

would be efficient with the bed dilution as well. Judging by the experiments done

so far, it can not be foreseen whether bed dilution is harmful for the yields of C2+

in OCM or not.
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1.5.3 Influence of the catalyst particle size on the reactor

performance

Particle size distribution and amount of fines in the bed has the crucial importance

on the hydrodynamics of the fluidized bed, as suggested by Geldart (60) and as

shown on the figure 1.4. The major goal might be to obtain a fluidized bed without

any gas back-mixing. This is possible only by applying relatively small velocities

in the bed of small particles (Classifyed as Geladart A particles). However, the

Geldart A particles are of small size (below 150 µm) and taking into account

the possible cohesion and further agglomeration of the catalyst particles on the

high temperatures (as observed by group of Santamaria (56, 57)) it might be

more beneficial to use Geldart B type of catalyst particles which does not have

the homogeneous fluidization regime, but it is well suited to fight the catalyst

agglomeration.

Geldart group C and D particles and are not recommendable for the high

temperature and highly exothermal OCM for several reasons. Geldart C type

particles are usually having strong inter-particle forces and they tend to stick to

each other due to strong cohesive forces (38, 59) and as a consequence severe

gas channeling occurs. Geldart D type particles might be useful in the large

scale reactors, however bubble size grows very quickly in beds of these particles

and they grow quickly to form slugs instead of bubbles in the vessels of small

diameters. Moreover very high flows are necessary to fluidize solids of this type

making them difficult for testing in the lab scale reactors. However, using particles

of the bigger size might be efficient in the large scale reactors, taking into account

very small contact times required for the high conversions in the OCM, and that

the reaction might occur not only near the distributor plate but also in the bulk

of the bed.

The effect of the particle size on the performance of the fluidized bed was

investigated using Li/MgO catalyst (45, 56) and La2O3/CaO catalyst (55). In

case of both Li/MgO and La2O3/CaO smaller particle size gave somewhat better

performance in investigation of (45, 55) while in the vibrofluidized bed (56) there

was only slight increase in the performance with increased particle size, due to
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agglomerating problems of the small particle fraction. For all investigated catalyst

particle sizes, the optimal one lied in the zone of Geldart B rather than Geldart

A particle types.

As a conclusion, one may speculate that increase of the particle size requires

higher linear velocities to operate a fluidized bed, thus allowing shorter contact

time and consequently preventing the consecutive deep oxidation and reforming

reactions and increasing the yield.

Figure 1.4: Geldart particle classification Particles are classified to cohesive

type C powders, small aerable solids of type A, sand like particles of type B, and

large, spoutable particles of type D
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1.5.4 Influence of other parameters (feed composition, feed

dilution and reaction temperature)

Influence of the feed composition on the performance of the fluidized bed

reactor has been investigated in all previously discussed papers(45, 46, 47, 48,

49, 50, 51, 52, 53, 54, 55, 56, 57). The common feature of all of the performed

experiments was that the increase of oxygen concentration increased methane

conversion, however there was a linear decrease of the selectivity. The optimal

feed methane/oxygen ratio lies between 2 and 3. The graph showing selectivity-

conversion reation of the experiments performed so far on different catalyst with

fluidized bed reactors is shown on the figure 1.5.

Figure 1.5: Performance of different catalysts in the fluidized bed reactor

Performance of different catalysts obtained by different groups and on different

reaction conditions is summarized as selectivity vs. conversion graph. It can be

seen that yields of around 20% have been obtained only for Li/Sn/MgO and Na-

Sr/Bentonite catalyst
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Influence of the reaction temperature mainly depends on the catalyst

which has been tested. As suggested in the previous paragraph, the influence

of temperature is together with the feed composition the most investigated pa-

rameter for the OCM in the fluidized bed. The optimal temperature was found

to be somewhere between 800-850◦ for most of the catalyst tested, however tem-

peratures as high as 880◦ proved to be very efficient for some catalysts such as

Zr/Sr/La (53).

Influence of the feed dilution showed to have very little influence on the

reactor performance. However for Zr/Sr/La Mleczko (53) showed that diluted

feed has about 3% lower selectivity for the optimized temperature and feed com-

position. On another hand, same authors (54) showed that concentrated feeds

gave better performance over the diluted feed (about 1% yield improvement).

Androf (52) investigated influence of the feed dilution in the wide range of oper-

ating conditions and it was also showed that undiluted feeds give better reactor

performance, however not significantly (1% yield improvement). It is also impor-

tant to emphasize that the best yields obtained so far in the group of Santamaria

(58) were obtained with undiluted feeds.

1.6 Simulation of the OCM in the Fluidized bed

Reactor

Unlike fixed bed reactor where conversion and selectivity of the reaction in the

fluidized bed reactor is determined only by the catalyst type and mass transfer,

in fluidized beds hydrodynamics plays a great role as well. In the fluidized bed

mixing of the catalyst particles is vigorous, and at some higher velocities local

gas back-mixing can occur. As a consequence of a complex flow pattern, there is

a difference between the velocities of the gas in the bubble and emulsion phase,

which is allows different reactant conversions along the bed. Furthermore, at

higher gas velocities, bubbles are capturing the gas within them and suppressing

bubble-emulsion mass transfer. Because of such phenomena, which are highly

dependent on the reactor size, scale-up of the fluidized bed is usually a complex
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task. In order to understand behavior of the fluidized bed phenomenologically, a

several simulations of the OCM in the fluidized bed have been performed.

The initial simulation work on the OCM in the fluidized bed reactor was per-

formed by Mleczko (61, 62). In his initial work Mleczko simulated a fluidized

bed reactor with Pb/γ-Al2O3 catalyst. Three different models were applied (62),

namely bubble assemblage model (BAM), three phase Kunii & Levenspiel model

(KLM) and counter-current back-mixing model from Potter (CCBMM). Although

all three models gave qualitatively very similar results, Mleczko suggested that

the BAM model has smallest relative error among the investigated models. This

was suggested to be due to compartments in which perfect mixing was assumed

thus mimicking the local back-mixing present in the fluidized bed. In his later

work (61), Mleczko showed under prediction of the oxygen conversion and over

prediction of the reaction selectivity by the model. This systematic error was

present even when different model modifications were applied, although some

modifications like enhanced mass transfer coefficient increased the model accu-

racy significantly. Finally, Mleczko suggested that processes near the gas dis-

tributor, slow mass transfer and unreliable kinetic models are the joined cause

of the systematic error present in the model predictions. He suggested that a

more comprehensive kinetic and model, including more consecutive reactions is

necessary for the better model predictions.

Several years later, Pannek and Mleczko (63) developed a more comprehen-

sive model of the fluidized bed reactor, combined it with improved kinetic model,

and compared it to the experimental data for the La2O3/CaO catalyst. As the

kinetic model consists of 3 initial and 7 consecutive reactions, a better predic-

tion was expected. Also, it is necessary to note that the authors included the gas

phase reactions in their model, as well as several modifications of the BAM model

(mainly in modeling the gas distributor region). Influence of the different param-

eters, like feed ratio, bed height, gas velocity and temperature was investigated

and same trend was observed in the simulations and in the experiments. Very

similar maximum yield (17% in the model, 16% in the experiments) was observed.

Moreover the prediction of the methane conversion, oxygen conversion and the
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C2+ selectivity were all within the +/- 20% range. Even though a trend could

be well predicted, exact numerical values of yield and selectivity were relatively

incorrect.

The scale-up of the bubbling bed reactor was performed by Pannek and

Mleczko (64) . They predicted a drop of C2 yield to 12% in the industrial reactor.

This drop is due to larger reactor in which bubble rise velocity is not influenced

by walls, bigger bubbles as a result of an industrial gas distributor, and longer

contact times due to which gas phase reactions ans steam reforming may become

important. Therefore, one can expect a drop in yield when scaling-up a fluidized

bed reactor to an industrial size. It is important to note that careful design of the

reactor can minimize these hydrodynamic effects, for instance by introduction of

a number of smaller fluidized bed reactors instead of one bigger vessel. Finally,

Pannek and Mleczko suggested a dense-bed short contact time reactor (such as

fast or circulating fluidized bed reactor) to be the most promising reactor concept.

Other types of fluidized bed reactors have been simulated as well. For instance

Pugsley et. al (65) found out that in the circulating fluidized bed because of the

typical core - annulus flow oxygen converts fastly in the more dense annulus, while

it is slower converted in the lean core of the reactor. Thus they suggested that

a reactor in the pneumatic transport regime might be a better option because

catalyst is equally distributer axially and radially, and flow resembles a plug flow.

However, these authors did not consider any gas phase reactions which could

be very limiting in the case of diluted flows which are present in the circulating

fluidized bed reactors.

Tjatjopoulos et. al (66) simulated a circulating fluidized bed reactor using the

kinetic model for the La2O3/CaO (33) and obtained 24% yield of C2 at 848◦C

and methane to oxygen ratio of 2.3. These authors however used a pseudo-

homogeneous reactor model with axial dispersion approach to simulate the tur-

bulent flow regime. Moreover no gas phase reactions were included in the kinetic

model, which is necessary due to the larger bed voidage in comparison to the

fixed and bubbling fluidized bed reactors. Thus yields reported by Tjatjopoulos

et. al (66) might be over predicted.
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Finally, Chaouki et. al (67) simulated the behavior of the turbulent fluidized

bed reactor. He proved that the two phase developed model was able to predict

experimental conversions, however his models over predicted the experimental

selectivities to C2, probably due to the use of a simple power law kinetic model

with only 4 reactions in his scheme.

As a conclusion, it can be summarized that even though there has been a sig-

nificant simulation effort, there in no general understanding of the joined influence

of the hydrodynamics and reaction kinetics on the product yield in the fluidized

beds by the present modeling. Therefore a more comprehensive hydrodynamic

together with detailed kinetic model has to be used.

1.7 Aims of the work

Based on the facts given so far it can be derived that OCM is a very fast exother-

mal reaction. In order to make OCM industrially attractive, reaction engineering

has to solve and to improve heat transport problems as well as to provide an

improvement in selectivities. As known from the past experiences from the flu-

idized bed reactors, it is known that they can operate intrinsically isothermally

even with the very exothermal reactions occurring in the catalyst bed. There were

several groups who investigated OCM in the fluidized bed during 1990’s, how-

ever since then there were no new investigations until recently. The investigation

was done only on several types of catalysts, mainly on alkali supported CaO,

La2O3/CaO and Li doped/MgO. Only La2O3/CaO catalyst was tested throughly

and it was concluded that it can be used for further scale up because of its good

stability. Since that time several new or improved catalysts emerged. Mainly

two catalysts have been proposed as very stable and selective for the OCM : La-

Sr/CaO (19, 68, 69, 70) and Mn/NaWO4/SiO2 (22, 34, 35, 36, 71, 72). None of

these catalysts have been thoroughly tested in the fluidized bed reactor so far.

As a base catalyst already well known La2O3/CaO catalyst was chosen for the

beginning of the experimentation. We would expect a similar but better perfor-

mance for the Sr promoted La2O3/CaO catalyst as promising performance was
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reported in (19). Finally, there are no tests done in the fluidized bed for the

Mn/NaWO4/SiO2 catalyst, however a pilot scale fixed bed reactor was operated

without significant problems (72). Also, it was reported that some compositions

of this catalyst optimized by genetic algorithm and neuronal networks can give

as much as 27% yield in the laboratory fixed bed reactor (73, 74). In order to

investigate the possibilities of the use of those catalysts a bench scale fluidized

bed reactor with capacity of 30-300g of catalyst had to be constructed in the

OCM mini-plant at the TU Berlin. Accordingly, all safety precautions had to

be made and all devices required for the experimental set up had to be designed

for the possibility of operation under explosive atmosphere. For more details on

experimental set-up, see chapter 3

Considering the reactor simulation, several studies based on different fluidized

bed reactor models have been published in the literature. Despite the success of

the previous models, especially the model of Mleczko (63) there is no fundamental

understanding of the interplay between the hydrodynamics of the fluidized bed

and the kinetics of the OCM. However, no study has been done using the more

sophisticated CFD approach which could answer such questions. Therefore such

a detailed study of these coupled phenomena is necessary.

Finally, it has been showed in previous studies on OCM in the fluidized bed

reactors that the yield of OCM is in most cases a bit lower or a bit higher than

those in the fixed bed reactors. Therefore only scaling up the current catalyst

preparation and the reactor design would not solve the problem of the reaction

selectivity. Novel reactor design is necessary in order to solve this problem. Re-

cently a catalytic membrane reactor (25) provided 34.7% yield to C2+ and a

porous packed bed membrane reactor gave 27.5% yield (26). Thus it was shown

that distributed oxygen feeding policy using a membrane provides improved yield

in OCM. However, as in all packed bed reactors, membrane reactors also suffer

with low heat transport problems, which would become a problem with scale-up.

Therefore the idea of combining fluidized bed reactor and membrane reactor was

developed so as to utilize advantages of both reactor types. Fluidized bed reactor

should provide isothermal operation (and the possibility to reactivate the catalyst
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in the industrial case) and immersed membranes should allow a better oxygen

distribution in the fluidized bed. As very little is known about fluidized bed

membrane reactors, detailed modeling as well as experimentation is necessary in

order to answer the question if such reactor concept would be beneficial for the

OCM.

To summarize, the aims of this work are following :

• Development the CFD model for the OCM in the fluidized bed reactor and

testing the model with the experiments

• Construction of the experimental bench scale fluidized bed reactor for the

catalyst performance and stability testing

• Testing three types of catalysts for their industrial application namely :

La2O3/CaO, SrO-La2O3/CaO and Mn/NaWO4/SiO2

• Development of the fluidized bed membrane reactor concept

• Testing the fluidized bed membrane reactor concept by a CFD model, and

design of such reactor

In order to make the understanding of the performed work and its results

more understanding, this thesis has been structured so that it contains separate

chapters on the CFD simulation, experimental set-up and results and discussion

of the experimental results.
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2

CFD Simulation of the OCM in

the Fluidized bed Reactor

2.1 CFD Models for the fluidized beds

From the point of view of process intensification, an engineer has to consider

all known laws of physics and chemistry in order to improve the process beyond

the standard unit operation approach. There is no doubt that a classical fluid-

bed reactor can be designed successfully using standard models. However, if one

wants to investigate detailed influence of hydrodynamics and internals on the

reactor performance (such as influence of several re-distributors, baffles, distrib-

utor geometry, membranes etc.), it becomes necessary to implement a detailed

hydrodynamic model. CFD Modeling of the fluidized bed reactors started in

the early 90s by the pioneering work of Gidaspow (75). Today, several models

for simulation of solids granular flow are implemented in almost all commercial

CFD tools. This enables a detailed simulation of the fluidized bed reactor. How-

ever, these models still face difficulties when predicting the fluidization behavior

of Geldart A particles. This is due to cohesive interparticle forces between the

particles which are not yet investigated in detail and not yet taken into account

in the granular flow models. However, Wang et al. suggested that fluidization

of Geldart A particles can be simulated, but only with the use of very refined
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grids and small time steps (76). In this case, a huge computational effort is still

required for such simulation. In addition, only few works have been published on

CFD modeling of bubbling fluidized beds with reactions. The reactions reported

in literature are related to natural gas combustion (77, 78), ozone decomposi-

tion (79), biomass conversion (80, 81), and glycerol steam reforming (82). In

those published studies either only few reaction steps were considered or only

few case studies simulated. However, there has been quite a few simulations for

the circulating fluidized bed or riser bed reactor since 1990s (83, 84, 85, 86). In

this thesis, a transient full 3D simulation of a bubbling fluidized bed reactor is

presented which includes a complex reaction network comprising of 10 reaction

steps. Furthermore several conceptually different case studies are simulated and

also comparison between simulation and experiments is given. This investigation

brings another light on the influence of reactor geometry, and feeding policy on

the fluidized bed reactor performance. Such investigations are crucial for pro-

cess intensification since they cannot be investigated with the use of standard

methods. Thus, several case studies have been investigated in this work, namely

a fluidized bed reactor with an ideal gas distributor, with an industrial type of

gas distributor, and a membrane-assisted fluidized bed reactor. All investigated

cases are simulated with a considerable mesh size. Moreover, all cases have been

simulated under the same inlet conditions by feeding exactly the same flow of

different species in the reactor so as to make a valid comparison possible.

2.2 Model equations

In this subchapter basic modeling equations will be given. The governing equa-

tions for this system as well as for any other multiphase system are the continuity

equation, momentum balance, species balance and energy equation. They will

be given in the sequential order. In order to simulate a behavior of the fluidized

bed, some closure equations are necessary. In the two-fluid model, solids are

interpreted as continuum media, therefore it is necessary to estimate the miss-

ing properties of solids as a continuum, such as solid sheer or solid bulk viscosity,
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gas-solid drag coefficient and solids pressure. Detailed description of the two-fluid

model applied for the fluidized beds can be found in (75, 87)

2.2.1 Continuity equation

In the most general case, the continuity equation can be written for each phase

according to the model as follows:

∂

∂t

(
εiρi) +∇

(
εiρi
−→wi) =

n∑
j=1

Si,j (2.1)

here ε , ρ and −→w are volume fraction, density, and velocity vector of the phase

i , respectively. Si,j is the mass source term of the component j in the phase i.

In case of heterogeneous reactions, this contribution has to be taken into account

because there is a mass exchange between the gaseous and solid phase. However,

in the case of a catalytic reaction, there is no mass exchange between gas and

catalyst (pseudo steady state approximation) i.e. all adsorbed species diffuse

back to the gas phase once they react, and thus, the net mass exchange between

the two phases is zero. Therefore, the source term Si,j is in this particular case

equal to zero.

2.2.2 Momentum equation

The momentum equation for the gas phase is given by:

∂

∂t

(
εgρg
−→wg) +∇

(
εgρg
−→wg
−→wg) = −εg∇P + εgρg

−→g +∇τg − βg,s(−→wg −−→ws) (2.2)

Here βg,s represent the drag coefficient between gas and solid phase, τg is

the gas stress tensor , −→wg and −→wg are the solid and gas phase velocity vectors,

respectively. The momentum equation for the solid phase used in this work reads

as follows:
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∂

∂t

(
εsρs
−→ws) +∇

(
εsρs
−→ws
−→ws) = −εs∇P + εsρs

−→g +∇τs −∇Ps + βg,s(
−→wg −−→ws)

(2.3)

These equations are not complete e.g. some additional closure equations are

necessary such as correlations for gas-solid drag coefficient and estimation equa-

tions for solid stress and solids pressure. These closure equations are reported in

detail in the chapter 2.2.6

2.2.3 Energy equation

The energy balance is calculated separately for each phase :

∂

∂t

(
εiρihi) +∇

(
εiρihi

−→wi) = −εi
∂Pi

∂t
+ τs : ∇−→wi −∇−→qi + Sheat,i +

n∑
j=1

Qi,j (2.4)

In which case Sheat is source of heat and in this case defined as :

Sheat,i =
n∑

j=1

(
Si,j∆H

f
j (T )

Mj

)
(2.5)

Here h i is the enthalpy of the i -th phase,−→qi is the heat flux, and τg is the i -th

phase stress tensor. The quantity Q i,j represents the amount of heat exchange

between phases i and j. Sheat,i is the source term, in this case reaction heat,

which is calculated automatically by Fluent R© taking into account the enthalpy

change due to the species change. Heat exchange between the phases is modeled

using a correlation of Gunn (88).

2.2.4 Component mass balance

Species balance is modeled according to the following general species balance

equation:
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∂

∂t

(
εiρiYi,j) +∇

(
εiρi
−→wiYi,j) = −∇εi + Si,j (2.6)

where Yi,j represents the mass fraction of the species j in the i -th phase. The

source term is the net amount of the species disappearance j in the i -th phase,

and it consists of a sum of all reactions, in which species j takes part multiplied

by its respective stoichiometric coefficient and its molecular mass. Such equation

is solved only for the gas phase since no species change within the catalyst phase

is assumed.

2.2.5 Reaction kinetics

The most comprehensive formal kinetic model for OCM available in literature is

the one developed by Stansch (33) for La2O3/CaO. At this stage of development,

it is impossible to simulate a fluidized bed reactor using an elementary step mech-

anism including intrinsic internal mass transport limitation, such as the model

suggested by Sun. et al. (89). The presence of elementary steps and radical

species in the computation procedure results in a significant stiffness of the prob-

lem, and consequently, it requires very small time and spatial discretization. For

such a case, a transient simulation of a fluidized bed reactor is at this moment not

realistic. Therefore, in this work a kinetic model is used which takes into account

only observable ”macro” species. The rate equations used for the simulation are

presented in Table 2.1 . In order to implement such a model into the species

balance, the source term for the species balance is to be modeled accordingly:

Si,j=gas = Mjεsρs

10∑
k=1

(νj,krk) (2.7)

Here j is fixed for the gas phase because no reaction occurs in the solid phase.

However, because kinetic model is based on the catalyst amount, in order to

calculate the source term in one cell, it is necessary to calculate the amount of

the catalyst present in that particular cell, this formation rate is multiplied with
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the catalyst volume fraction εs and the catalyst density ρs. Formation rate for

the j -th component is given as a summation of the product of the stoichiometrical

matrix νj,k with reaction rate of the rk for all k reaction, keeping the species index

j constant.

Table 2.1: Reactions considered in the kinetic model by Stanch - (33).

Reaction Reaction number k

CH4 + 2 O2 → CO2 + 2 H2O 1

2 CH4 + 1
2

O2 → C2H6 + H2O 2

CH4 + O2 → CO + H2O + H2 3

CO + 1
2

O2 → CO2 4

C2H6 + 1
2

O2 → C2H4 + H2O 5

C2H4 + 2 O2 → 2 CO + 2 H2O 6

C2H6 → C2H4 + H2 7

C2H4 + H2O → 2 CO + 4 H2 8

CO + H2O → CO2 + H2 9

CO2 + H2 → CO + H2O 10

The reaction network in this model consists of 3 primary equations (reactions

1-3) and 7 consecutive steps (reactions 4-10). Also it is important to note that

reaction 7 is a homogeneous dehydrogenation of ethane, and it occurs in the gas

phase without the presence of the catalyst. This reaction network also consid-

ers both combustion of ethylene (reaction 6) and steam reforming of ethylene

(reaction 8).

The reaction rates can be calculated from the following rate equations :

rk =
k0,k e

−Ea,k
RT pnk

O2
pmk
CH4(

1 +KCO2,k e
−∆Hads

co2,k
RT pCO2

)2 ; k = 1, 3− 6 (2.8)
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rk =

k0,ke
−Ea,k
RT

(
KO2,k e

−∆Hads
o2,k

RT pO2

)nk

pmk
CH4(

1 +

(
KO2,k e

−∆Hads
o2,k

RT pO2

)nk

+KCO2,k e
−∆Hads

co2,k
RT pCO2

)2 ; k = 2 (2.9)

r7 = k0,7 e
−Ea,7
RT pm7

C2H6
(2.10)

r8 = k0,8 e
−Ea,8
RT pm8

C2H4
pn8
H2O

(2.11)

r9 = k0,9 e
−Ea,9
RT pm9

COp
n9
H2O

(2.12)

r10 = k0,10 e
−Ea,10

RT pm10
CO p

n10
H2O

(2.13)

And the kinetic constants needed for the reaction rate calculations are given

in the Table 2.2

Table 2.2: Rate constants for the kinetic model by Stansch - (33).

Reaction k0,j Ea,j KCO2,j ∆Hads
CO2,j

KO2,j ∆Hads
O2,j

m n

number k [ mol
gsPam+n ] [ kJ

mol ] [Pa−1] [ kJ
mol ] [Pa−1] [ kJ

mol ]

1 0.2 x 10−5 48 2.5 x 10−13 -175 0.24 0.76

2 23.2 182 8.3 x 10−14 -186 2.3 x 10−12 -124 1 0.4

3 5.2 x 10−7 68 3.6 x 10−14 -187 0.57 0.85

4 1.1 x 10−4 104 4 x 10−12 -168 1 0.55

5 0.17 157 4.5 x 10−13 -166 0.95 0.37

6 0.06 166 1.6 x 10−13 -211 1 0.96

7 1.2 x 107 266 1 0.96

8 1.2 x 103 300 0.97 0

9 1.9 x 10−4 173 1 1

10 2.6 x 10−2 220 1 1
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2.2.6 Kinetic theory of granular flow

In order to solve the momentum balance, it is necessary to solve additional closure

equations. First of them is the equation for the gas-solid drag as . In this work

Gidaspow drag term (75) was used. The fluid-solid exchange coefficient βg,s can

be written in the following general form :

βg,s =
εsρsf

τs
(2.14)

Here τs is the particular relaxation time and f is a friction coefficient which is

defined in a different way using different drag models. In the general case these

two variables are defined as:

τs =
ρsd

2
s

18µs

(2.15)

f =
CDResεs

24ν2
r,s

(2.16)

However, the drag coefficient differs from model to model. For Gidaspow

model if εg > 0.8 this coefficient is calculated from the correlation of Wen and Yu

(90):

CD =
24

Resεg

[
1 + 0.15 (Resεg)

0.687] (2.17)

Otherwise, Ergun (91) equation is used for calculating the gas solid exchange

coefficient:

βg,s = 150
εs(1− εg)µg

εg d2
s

+ 1.75
ρgεs |−→ws −−→wg|

ds
(2.18)

The term ∇Ps in equation (2.3) represents a solids pressure gradient. This

term is calculated independently from the pressure gradient which is solved for
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the both phases. Because this value is calculated based on a Maxwellian velocity

distribution of the particulate phase, a term of granular temperature is introduced

into the model. The solid pressure is composed of kinetic term and collision term.

Ps = εsρsΘs + 2ρs(1 + ess)ρs
2g0,ssΘs (2.19)

where g0,ss is the radial distribution function, Θs is the granular temperature

and ess is the restitution coefficient. By default, Fluent R© uses ess = 0.9 as a

nominal value (92, 93), which has been used in this investigation as well. The

function g0,ss is a radial distribution function that governs the transition from

the compressible condition with εs < εs,max , where the spacing between the solid

particles can continue to decrease, to the incompressible condition with εs = εs,max

, where no further decrease in the spacing can occur. A value of 0.63 is the default

for εs,max , and it has been used in this study as well. Radial distribution function

is calculated as:

g0,ss =

[
1−

(
εs

εs,max

)1/3
]−1

(2.20)

The solids stress tensor in the momentum balance for solids is calculated as :

τs = εsµs(∇~ws +∇~wT
s ) + εs(λs −

2

3
µs)∇~ws (2.21)

Here unknown quantities are - µs solid shear viscosity and - λs solids bulk

viscosity. The shear viscosity contains 3 terms, collisional, kinetic and frictional :

µs = µs,col + µs,kin + µs,fr (2.22)

µs,col =
4

5
εsρsdsg0,ss(1 + ess)

(
Θs

π

)0.5

(2.23)
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µs,kin =
10ρsds

√
Θsπ

96 εs (1 + εss)g0,ss

[
1 +

4

5
εs g0,ss(1 + ess)

]2

(2.24)

µs,fr =
ps sinϕ

2
√
I2D

(2.25)

Bulk viscosity λs is calculated using a formula derived by Lun. at. al(94) :

λs =
4

3
εsρsdsg0,ss(1 + ess)

(
Θs

π

)0.5

(2.26)

Granular temperature Θs can be either calculated based on the transport

equation for the granular kinetic energy, or by assuming a local equilibrium. In

the later case, the local granular temperature can be estimated using a simple al-

gebraic expression, which has been used in this work in order to reduce complexity

of the solution.

The deeper discussion on the granular temperature and the kinetic theory of

granular flow is beyond the scope of this thesis. For more details on constitutive

equations and Eulerian granular model as well as kinetic theory of granular flow,

one can consult (75, 87).
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2.3 Simulation procedure

The fluidization represents a dynamical phenomenon. Therefore, a transient sim-

ulation has to be performed because a real steady state is never achieved. How-

ever, the so called pseudo steady state is achieved after a certain flow time, where

concentrations of all components at the reactor outlet are stable and within cer-

tain limits. This pseudo steady state is achieved by solving a system of time

dependent partial differential equations described in the sections 2.1-2.4. The

solution procedure requires an initial guess, after which fields of velocity, temper-

ature, and mass fraction are updated in every time step according to the equations

(1-5). Moreover, in order to get a more precise solution, second order temporal

and spatial discretization was applied.

A sensitivity analysis was performed with different mesh sizes. A small mesh

size (80 000) was not be able catch the bed hydrodynamics and in the preliminary

simulations unphysical behavior was observed. Larger mesh sizes (1 100 000)

gave very similar product distribution as in the base case (230 000 cells) however

CPU time required for such simulation is about one order of magnitude higher.

Therefore it was assumed that the mesh size of 200 000 400 000 cells would

be of satisfactory size for both precision and required CPU time. In order to

obtain a smooth run without convergence problems, a small time step of 1e-

4s was used for a typical simulation run. Larger time steps usually resulted

in divergence because they would not converge within 50 iterations, which was

set as a maximum iteration limit. On another hand, smaller time steps would

require more total CPU time for the whole simulation. In each time step, velocity

field, temperature, and mass fractions are actualized iteratively until a certain

convergence limit is achieved (in this work, the relative tolerance of 1e-4 was

used). This was usually successful within 35 iterations. In order to reduce the

CPU time as much as possible, a sensitivity analysis was conducted by changing

the under-relaxation parameters until the convergence was achieved with least

number of iteration steps.

This procedure was repeated continuously until a real time of 1.5 - 2 s, where

constant concentrations at the reactor outlet can be observed. The computational
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time needed for such a simulation ranges from case to case between 4 to 10 days

on a 32 core computing cluster. To illustrate the pseudo steady state behavior of

the reactor after a certain simulated real time, transient concentration profiles of

CH4, C2H4, and CO2 are shown in figure 2.1. This figure gives evidence that after

1s of real time a pseudo steady state was already achieved. In all case studies

performed in this work, simulations are carried out in a sequential manner. First,

only continuity and momentum equations are solved until the first bubbles appear.

After this, a species balance is included in the solution procedure followed by an

energy balance. Only in this manner, convergence could be assured. Including

solution of all balances at the very beginning of the simulation usually resulted

in a divergence.

Figure 2.1: Transient behavior of the mass fractions of different species

at the reactor outlet presented species are carbon dioxide, methane and ethylene.

Other species resembled very similar behavior
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2.3.1 Specification of the simulated operating conditions

In order to discuss the influence of the fluidized bed reactor geometry on the

reactor performance, only one common operating point is used as a basis for

comparison. The operating condition is given by a feed consisting of 10 mol%

methane and 4 mol% oxygen (methane: oxygen ratio of 2.5) at a temperature

of 750◦C. This feed ratio represents the typical conditions applied for a fluidized

bed reactor for OCM (see chapter 1.5). As shown in previous studies, the fast

reaction occurs near the distributor plate. This requires a very detailed mesh

near the distributor plate or a membrane and consequently more computational

effort. Therefore, we have applied high feed dilution to slow the reaction so

that the computational load can be performed in a reasonable time and with an

acceptable accuracy. The catalyst particles in the simulation have a diameter

of 150 µm (in experiments fraction of 100-200µm was used, however in CFD

simulation averaged particle size has to be specified), and the flow provides a

fluidization velocity which is typical for bubbling beds (u/umf = 5). The reactor

inner diameter is restricted to 4 cm because this corresponds to the dimension of

the reactor designed for our experimental set-up. Therefore, the total flow used

in the simulation is around 0.1 kg/h.

2.3.2 Simulation results validation through experiments

In order to show the validity of the simulation performed in this work, several

experimental data with the same catalyst and reactor geometry have been com-

pared. Oxygen inlet concentration was manipulated in the range of 2-5% at

the constant methane feed and temperature, and later the bed temperature was

changed in the range of 700-800◦C with the fixed inlet conditions. The compari-

son of the experimental data and the CFD simulation can be seen in the Figure

2.2. Here, the most important reactor performance parameters such as conversion

(X), selectivity to C2 products (S), and yield of C2 products (Y) are represented

against the manipulated oxygen feed and bed temperature. The match between

the CFD predictions and the experimental results are satisfactory. The influence
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of the feed concentration is well predicted by the CFD model, while the temper-

ature influence is not exact at the higher range of temperatures. This deviation

observed between the curves in case of temperature influence is more likely to

be because of the relative inaccuracy of the kinetic model reported also by Pan-

nek (63), who reported a 20% deviation between model and experimental data.

In all our experiments, a decreasing trend of selectivity beyond temperatures of

780◦C was observed for the La/CaO catalyst, while the model predicts a further

selectivity rise (which was also found in our simulations for the fixed bed and

membrane reactor models (95, 96)). A potential cause for such a deviation can

also be the freeboard zone of the fluidized bed in our experimental set-up. In this

zone, homogeneous ethylene and ethane steam reforming could have occurred at

higher temperatures. The freeboard zone was not included in our modeled geom-

etry because it would significantly increase the mesh size. Another explanation

for this deviation might be the catalyst preparation. In conclusion, comparison

of the experimental data and the simulation results confirm that the model pre-

dictions are reasonable, and thus, it can be further used to qualitatively predict

whether or not some other geometries and feeding structures of the fluidized bed

can be useful for a further practical implementation.

Figure 2.2: Influence of the bed temperature and oxygen concentration

on the conversion, yield and selectivity of the reaction, CFD predictions

against experimental results left hand side influence of the temperature

(at the constant methane (10%) and oxygen (4%) composition), right hand side

influence of the oxygen concentration (at constant temperature of 750◦C)
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2.4 Case studies

The four case studies investigated in this work are: a reactor with an ideal gas

distributor, a reactor with perforated gas distributor, and a reactor with immersed

membrane for the distributed feed of oxygen with membrane entering from the

top and from the bottom of the reactor. These 4 cases provide an overview over

the general influence of bed hydrodynamics on the product distribution and at

the same time show how crucial reactor geometry and feeding policy can be.

Moreover, they show that the CFD approach provides better general overview of

the influence of different parameters on the reactor performance in comparison

to the traditional design methods for fluidized bed reactors, in particular, when

applying innovative process intensification concepts.

2.4.1 Case study 1 - Ideal gas distributor

A classical fluidized bed reactor with a cylindrical geometry and an ideal gas

distributor is simulated here as a benchmark case. The vessel diameter is 4cm

and is initially filled with catalyst till the height of 4 cm in order to obtain a 1:1

bed ratio. The mesh is arranged with a total number of approximately 230 000

hexahedral cells. For this simulation a time step of 1e-4 was necessary in order

to obtain a convergence within 35 iterations per time step. After a real time

of 1.5 s, a pseudo steady state is established such that the product distribution

in the reactor can be evaluated with more assurance. The transient behavior of

the fluidized bed reactor can be seen in more detail in the Fig. 2.3. Because

of the small geometry and the superficial velocity of around 10 cm/s, bubbles

are established quite quickly and after 0.5 seconds an established fluidization can

already be observed. Bubble sizes and velocity are in general agreement with

the recommendations from (38) and the correlation of (97). Moreover, for such

particle sizes and the applied superficial velocity, the bubble diameters should

be around 1cm in diameter at the height of 4 cm above the distributor plate

(in the simulation directly beneath the bed surface). The detected bubble sizes

agree reasonably with the theoretical predictions, and thus, they relate to the
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validation of bed hydrodynamics for a further reactor simulation.

Figure 2.3: Transient behavior of the fluidized bed with ideal gas dis-

tributor isosurfaces of the solids volume fraction of 0.2 (bubble boundaries)

The distribution of the key species together with conversion and selectivity

are depicted in Fig. 2.4. When discussing the concentration profiles of methane

and oxygen, one can easily notice regions of non reacted gases. Due to the

high concentration of both methane and oxygen, strong concentration gradients

occur near the distributor plate, and thus, high reaction rates can be observed.

However, there is a thin zone near the distributor plate with high voidage. The

released bubbles grow quickly into bigger ones containing less catalyst. These

bubbles encapsulate non reacted methane and oxygen. Since the gas flow is

laminar in such low velocity bubbling beds, there is barely a low possibility for

the oxygen to diffuse out of the bubbles. Moreover, since the catalyst fraction

in the bubbles is low, oxygen leaves the catalyst bed unreacted. This behavior

can be seen in Figure 2.4 in detail. Oxygen conversion varies from 100% in

the dense bed zone till 65% in the bubble zone while methane conversion does

not show big gradients. The selectivity towards C2 is higher within the dense

zone as depicted in both Figures 2.5 and 2.4. The reason for this lies in the

reaction kinetics, which favors selective reactions when the oxygen concentration

is low, and nonselective reactions, when the concentrations of both species are

comparable. Moreover, hydrocarbons formed in the reactor are combusted in the

presence of high oxygen concentration, which reduces the selectivity significantly.
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Therefore, one can observe selectivity of less than 40% in the oxygen rich area.

Consequently, lower conversion and selectivity from bubbles at the surface result

in lower yield as well.

Figure 2.4: Concentration profiles in the reactor with ideal gas distrib-

utor

In 2.5 the averaged concentration profiles in the reactor are depicted. It

is interesting to note that concentrations of methane and oxygen are showing

lower average values in the middle of the bed in comparison to the upper parts.

This is due to the presence of large bubbles in the bed upper part, which pro-

tect non-reacted methane and oxygen, as noted previously. Moreover, higher

concentrations of these gases dilute reaction products, and thus, a decrease in

concentration of all species can be noticed. This is in particular of relevance for

ethylene in contrast to CO for which this decrease is not noticed. Such behavior

can be explained by the ethylene combustion in the presence of larger amounts

of oxygen in the upper parts of the bed. Ethylene is converted to CO by combus-
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tion, described by the kinetic model by reaction 6 as can be seen in the table 2.1.

A general reactor performance can be obtained, when the performance parame-

ters such as conversion, yield, and selectivity are averaged at the reactor outlet.

Methane conversion in the reactor is 37.1%, oxygen conversion 89.5%, selectivity

to C2 products 34.5%, and a yield of C2 products around 12.6%. We also reported

a similar reactor performance in our experimental set-up. Furthermore, such a

performance is comparable to the results (54) who measured a yield of 13.5%

for the same feed ratio and catalyst in an experimental reactor of very similar

dimensions (5 cm diameter) at a temperature of 800◦C. Moreover, these authors

observed also an incomplete oxygen conversion in the reactor with values between

80-95% in a temperature range of 700-800◦C similar to observation reported in

this work. In addition we have also measured experimentally a very similar yield

of 12.5% with the same feed conditions and same bed temperature.

Figure 2.5: Reactor performance parameters at the outlet of the reactor

with ideal distributor at the height of 6 cm
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2.4.2 Case study 2 - Perforated gas distributor

As shown above, a thin layer of high voidage is formed at the reactor entrance of

an ideal gas distributor. In this region, the reaction rate is lower because of the

low amount of catalyst. Moreover, bubbles disengaging from such a layer show

a considerable size. However, this effect can be controlled with a certain number

of gas feeding points. In doing so, a flat layer of high voidage is then impossible

to be formed. In contrast, several jets with high voidage are formed, which

exchange mass considerably better than a flat gas layer. Moreover, a number of

small bubbles formed after the feeding points require more time to coalesce into

large bubbles. These bubbles are then less able to protect reactants from further

conversion. Therefore, the perforated distributor plate could improve the reactor

performance.

Figure 2.6: Transient behavior of the reactor with perforated distributor

plate

In this case, meshing using hexahedral elements is not possible when consid-

ering a large number of gas inlets (in this case 69) with half millimeter diameter.

Very high aspect ratio of the cells and a high number of skewed cells is obtained

when applying a hexahedral mesh. Moreover, if such a mesh is though used in the

simulation, this will have a detrimental effect on accuracy and even convergence.

In addition, the number of cells needed to resolve all inlets with a reasonable qual-

ity is considerably higher. Therefore, a tetrahedral mesh is used for the solution
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of this geometry. Even though hexahedral cells would be preferred due to their

higher accuracy in flows with known direction (because of a better interpretation

of the diffusion effects), lower accuracy is compensated with a mesh containing

720000 cells, which is considerably higher than 230000 cells from the last case

study. The transient bed behavior can be observed in Fig. 2.6. It should be

noted that a region of high voidage has been broken successfully and that in the

inlet zone, bubbles have quite small size. Moreover, the number of bubbles and

fluidization quality is generally better in comparison to the first case study.

Unlike the previous case, oxygen is converted almost completely after half of

the bed height (Fig. 2.7). No large bubbles are observed in the lower half of the

bed, and therefore, the mass transfer between small bubbles and dense catalyst

zone is more efficient. Thus, oxygen cannot reach higher parts of the bed. This

has an effect on more even concentration profiles observed at the reactor outlet.

Figure 2.7: Concentration profiles in the reactor with perforated gas

distributor

A negative side of such geometry is however that, for instance, the preferred

path of the gas is through the bed center, while near the walls the solids have a

backflow. This forces the gas to have a lower velocity near the wall areas, and

hence, a higher contact time. This has also an effect on the consecutive reactions
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like the ethylene formation and combustion. Therefore, one can observe higher

ethylene concentration in the lower parts of the reactor near the wall. Ethylene

formed in those areas will be irreversibly converted to CO in the same lower

parts of the bed, which are rich with oxygen. A general reactor performance can

be obtained when reactor performance parameters such as conversion, yield, and

selectivity are averaged at the outlet. Performance parameters near the reactor

outlet are presented in Fig 2.8. Methane conversion in the reactor is 39.2%,

oxygen conversion 95.7%, selectivity to C2 products 36.4%, and the yield of C2

products 14.1%. This performance is to some extent better than the one of the

previous investigated case study.

Figure 2.8: Reactor performance parameters at the outlet of the reactor

with perforated distributor at the height of 6 cm

Even though yield has however been enhanced, this increase is only because of

the improved mass transfer and an enhanced conversion of methane and oxygen.

Selectivity stays almost at the same level. Although the reactor geometry can

improve mass transfer and decrease back mixing, the fluidized bed reactor perfor-

mance cannot be significantly better than the performance of an isothermal fixed
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bed reactor. The only way, how yield limit can be surpassed, is via distributed

feed of oxygen, in other words, by dosing oxygen into the reactor such that a

low oxygen concentration is maintained across the reactor, an thus, combustion

reactions are suppressed and the reaction selectivity is increased.

2.4.3 Case study 3 - Membrane assisted fluidized bed re-

actor

In order to investigate the effect of distributed feed of oxygen on the reactor per-

formance, several symmetrically arranged tubes are installed within the reactor.

The membrane tubes are installed vertically, but in such a way that their height

is lower than the settled bed height. This is done in order to prevent channeling

of the gas, which has been observed previously, when a reactor with longer tubes

was simulated. In this simulation, it could be shown that because of the lower

voidage near the membrane tubes, the gas has a preferred path near the mem-

branes, and bubble formation is thus prevented. Therefore, such hydrodynamics

is not favorable, and thus, it was not included in the discussion.

Figure 2.9: Geometry of the fluidized bed membrane reactor and the

meshed inlet of the reactor left reactor geometry right meshed reactor inlet

The meshed geometry is represented in Fig. 2.9. This geometry consists of 13

48



2.4 Case studies

symmetrically arranged tubes. Since most of the reaction occurs in the vicinity

of the membrane, discretization of these parts was done with a special care.

As seen from Fig. 10, the boundary layer consists of 6 very thin cells in order

to simulate properly steep gradients of oxygen and methane concentration near

the membrane. The final mesh consists of around 290000 hexahedral elements.

The increase in the cell number is because of the additional discretization of the

boundary layer near the membrane. The total mass flow and the mass flow of the

components have to be kept constant in order to make a valid comparison. The

flow is divided in such a way that 65% of the total mass flow enters through the

reactor bottom, whereas 35% of the mass flow enters through the membranes.

The concentration of the species at the inlets has to be changed as well. The

oxygen mass fraction at the membrane inlet is fixed at 13.8%, while the methane

mass fraction is fixed at 9.11% at the bottom inlet. In such manner, it is possible

to maintain the exact component mass flows as in the previous investigated cases.

Figure 2.10: Transient behavior of the bubbling bed for the membrane

assisted fluidized bed reactor with membrane inserted from the bottom

of the reactor

The transient hydrodynamic behavior can be seen in Fig. 2.10. The important

observation is here that in the presence of internals like membrane tubes, the

bubble formation is suppressed at the lower part of the reactor. Moreover, severe

channeling is observed during the reactor start-up because lower voidage near

the membranes allows the gas flowing through these areas more easily. These

channels extend even up to the bed surface. Such a flow pattern diminishes after

49



2. CFD SIMULATION OF THE OCM IN THE FLUIDIZED BED
REACTOR

a certain time, when a stable bubbling regime is established.

Figure 2.11 represents the concentration of different species as a result of such

a simulation. It can be noticed that the methane concentration has much more

significant gradients over the bed in comparison to the previous investigated case

studies. Moreover, methane diminishes completely in the middle of the reactor. If

one examines carefully voidage and velocity profile within the reactor (Fig. 2.11),

it is clear that the main gas path is near the reactor wall, while the reactor middle

remains densely packed. Such hydrodynamics explains longer contact times and

complete methane conversion in an oxygen rich environment.

As expected, oxygen is consumed in the vicinity of the membrane and it leaves

reactor in traces. However, the concentration of COx is also higher in the reactor

center because of the hydrodynamics and longer contact times. Moreover, the

concentration of C2+ products increases gradually across the reactor. The main

increase in selectivity is achieved only in upper, oxygen lean parts of the reactor.

Figure 2.11: Concentration profiles for the membrane assisted fluidized

bed reactor

The performance parameters of the reactor can be seen in Fig. 13. It can
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be noticed that methane and oxygen conversion are irregularly distributed across

the reactor outlet, which once more testify the channeling near the wall. It is

interesting to see that this effect can also be observed clearly above the bed

surface. The slightly higher methane conversion of 36.5% can be attributed to a

better selectivity. Selective reactions require less oxygen due to stoichiometry, and

thus, more oxygen is available for conversion of methane. The oxygen conversion

in the reactor amounts to 91.7%. The selectivity in such a membrane assisted

reactor is significantly higher - 45.1%, which can be explained by smaller and

better distributed oxygen along the reactor. Such performance results in an

average yield of 16.4%, which represents basically an improvement of around

21% over a conventional fluidized bed reactor.

Figure 2.12: Performance of membrane assisted fluidized bed reactor -

parameters at the reactor outlet
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2.4.4 Case Study 4 - Improved geometry of the fluidized

bed membrane reactor

A careful analysis of the previous case study shows that the reactor with vertical

tubes from the reactor bottom influences the hydrodynamics in the way that the

gas has a preferred path near the wall, while oxygen coming out from the mem-

branes concentrates near them and promotes undesired combustion reactions. It

is likely that this occurs because most of the gas flows through bubbles and in

middle of the reactor. Membranes are tightly packed and do not allow bubble

formation and growth. Moreover, membranes as internals are present from the

gas entrance and can disturb a normal fluidization in the upper parts of the bed.

Thus, we decided to investigate an additional case study with vertically immersed

membranes from the top of the reactor and leaving 20 mm of the bed free for

gas flow and bubbling establishment. In addition, the number of membranes was

reduced from 13 to 8 and their arrangement was changed to be circular in order

to avoid a significant influence on the hydrodynamics and accumulation of oxygen

in the center of the bed.

Figure 2.13: Transient behavior of the fluidized bed membrane reactor

with immersed membrane tubes from the top of the reactor real time

from 0.2s till 1s

The meshing of such geometry was done in the same way like in the previous
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case study. The area surrounding membranes was meshed with a boundary layer

with smaller cells in order to catch the concentration gradients. The resulting

mesh contains around 310 000 hexahedral cells. The influence of the proposed

changes in the reactor hydrodynamics can be seen in Fig. 2.13 , where the

bubble formation is established in the lower zone of the bed. Furthermore, no

significant channeling can be observed but rather a homogeneous bubbling around

the membrane tubes.

Figure 2.14: Concentration profiles for the membrane assisted fluidized

bed reactor with membranes inserted from the top

The concentration profiles obtained are shown in Fig. 2.14 . One can observe

much better oxygen and methane distribution, a much smaller bubble size than

in the previous cases (as a result of a lower flow from the reactor bottom), and

a significant higher selectivity to the desired products than in the previous case

study. The performance parameters of the reactor can be seen in Fig. 2.15.

It can be noticed that methane and oxygen conversion are nicely distributed

across the reactor outlet and in the reactor itself both axial and radial. The

simulation results confirm the proposed geometrical improvement so as to improve

the performance. By applying the new proposed geometry, near plug flow was

achieved in the dense phase. Moreover, no channeling was observed either near
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the membrane or near the wall, and no accumulation of methane or oxygen was

noted. A slightly lower methane conversion of 31.3% was observed in comparison

to the previous case study. However, a significant higher selectivity of 55.4%

indicates a much better oxygen distribution and its low concentration across the

reactor. The oxygen conversion in the reactor amounts to 93.6%. Finally, such

performance results in an average yield of 17.3%, which represents even a further

improvement over the classical fluidized bed reactor.

Figure 2.15: Performance of membrane assisted fluidized bed reactor

with immersed membranes from the top - parameters at the reactor outlet

54



2.4 Case studies

2.4.5 Comparison between the different case studies

In this work, a detailed simulation of 4 case studies has been conducted for a

fluidized bed reactor for the OCM reaction. They are given as follows:

• Fluidized bed reactor with porous distributor (Case 1)

• Fluidized bed reactor with perforated plate distributor (Case 2)

• Fluidized bed with immersed membranes from the reactor bottom (Case 3)

• Fluidized bed with immersed membranes from the reactor top (Case 4)

The comparison of the performance of these reactor concepts are given in table

2.3

Table 2.3: Performance comparison for the different fluidized bed reac-

tor concepts

Reactor type X(CH4) S(C2) Y(C2) improvement

Case 1 (Ideal distributor) 37.1% 34.5% 12.6% 0%

Case 2 (Perforated distributor) 39.2% 36.4% 14.1% 12%

Case 1 (Membranes bottom) 36.5% 45.1% 16.4% 30.1%

Case 1 (Membranes top) 31.3% 55.4% 17.3% 37.3%

The results analysis demonstrates a potential for the use of the fluidized bed

membrane reactor. However, the maximum yield of the fluidized bed membrane

reactor is not achieved in these simulations, which just serve to prove the ap-

plicability of the concept. In order to corroborate whether the yield can even

be increased further, simulations at the temperature of 820◦C were conducted

as recommended in (95, 96, 98) where this kinetic model performed best at this

temperature. In these additional simulations with the same feed conditions, a

yield of 21.6% has been obtained. Therefore, further experimental studies are

necessary so as to find the optimal feed conditions, flows, and temperature, and

thus, to optimize the yield of desired products. The geometry of the fluidized
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bed membrane reactor investigated in case study 4 has served as a base for the

design of an experimental set-up regarding the fluidized bed membrane reactor

(OCM Miniplant). Detailed experimental studies on OCM in fluidized bed and

fluidized bed membrane reactors for OCM have to be done in the future to prove

the practicability of the new reactor concept.

2.5 Conclusion from the simulation results

Four configurations of a fluidized bed reactor have been investigated in order to

uncover underlying effects of bed hydrodynamics and feeding policy on the reac-

tor performance. By fixing the molar flow of components, the geometry of the

fluidized bed reactor has been changed in order to present a classical bench-scale,

an industrial, and a novel concept for a fluidized bed membrane reactor. All in-

vestigated concepts differ significantly regarding their flow pattern. The classical

fluidized bed reactor with an ideal gas distributor shows the worst performance

because of the entrance region, in which a diluted cloud of solid catalyst is not

able to convert the reactants completely. Moreover disengaging large bubbles

are protecting captured gases from further reacting. A better performance was

achieved by changing the distributor type. However, this improvement was only

possible because of the improved conversion of both methane and oxygen, and

not because of the selectivity increase which stayed at the same level.

The membrane assisted fluidized bed reactor showed an enhanced performance

over the other discussed concepts. In the first case study with membranes im-

mersed into the reactor starting from the reactor bottom, a significant channel-

ing occurred, and therefore, methane and oxygen rich zones were formed, where

undesired combustion reactions were preferred. In order to improve the hydrody-

namics and reduce the observed channeling effects, membranes were introduced

starting from the top of the reactor and leaving some space free at the bottom of

the reactor for the hydrodynamics of the bubbling bed to be developed. Thus, no

channeling and no oxygen rich zones were observed which ensured a better oxy-

gen distribution and higher selectivity. The total yield improvement obtained by
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this modification amounts to almost 40% in comparison to the classical fluidized

bed reactor. The results of this simulations were used for the design of fluidized

bed membrane reactor (described later in Chapter 3). Moreover the encouraging

results obtained by CFD Simulation were basis for the later patent application

(99).

This simulation showed that geometry and feeding policy of the fluidized bed

reactor play an important role in the reactor hydrodynamics and its performance.

Furthermore, it has been shown that different ideas for process intensification,

such as membrane assisted fluidized bed reactor (which combines benefits of both

reactor types) can and have to be simulated efficiently using CFD tools. Such

an approach is necessary because of the tightly interlinked transport phenomena

in this reactor type, for which classical fluidized bed reactor design tools are not

useful, especially considering steep radial concentration gradients. In addition,

it has been shown that CFD provides numerous opportunities for an improved

reactor design. This helps to simulate efficiently the effect of internals, feeding

points, and reactor geometry. Furthermore it allows a more practical approach

to reactor design, where effects of details can be studied more efficiently. How-

ever, even though CFD is a powerful tool, which enables a comprehensive and

detailed reactor simulation, its use is still limited because of the high compu-

tational effort required. Hence, only separate case studies based on knowledge,

experience and engineering intuition can be investigated at the moment. As a

consequence of such a high computational costs, there is still no possibility to

further improve the reactor performance using stochastic or deterministic opti-

mization approaches. Hence, for such complex concepts detailed experimental

investigation is still necessary.
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3

Experimental

In this chapter a details of experimental set up including measurement and con-

trolling devices, control system, design and construction of set-up as well as pro-

cess analytics and methodology for data analysis will be presented.

3.1 Design of the Reactor vessel

As discussed previously in the introductory chapter, the performance of the flu-

idized bed reactor depends very much on its hydrodynamics, and therefore one

should take special care while designing such reactor. The geometry of a fluidized

bed (its diameter and bed height) play a crucial role. In the smaller beds bub-

bles tend to be smaller, and slower due to stronger wall effects. Because bubble

size and velocity affects conversion and gas/solid mixing in the bed, yield and

selectivity will be also affected when reactor size changes.

While most of the reactors designed for mini-plant studies were of significantly

bigger diameter (100-400mm i.d.) (38, 100, 101, 102), in our case this was not

possible. Reactor of such dimensions would require catalyst amounts of approx-

imately 1kg or higher for one testing. As the catalyst composition suitable for

testing was not known at the start of the project, it was decided to design a re-

actor which can operate with a moderate catalyst amounts of 30-150g per batch.

Reactor of such capacity was calculated to have an internal diameter of 40 mm,
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3. EXPERIMENTAL

based on aspect ratio of 1-2. Although this reactor has quite small diameter, and

the wall effects are significant, it can still be used for the first estimate whether

the fluidized bed reactor concept is suitable for the OCM. Moreover this reactor

has a task to answer to a question whether catalysts which are proven to be suit-

able at lab scale micro-fixed bed reactors are suitable for use in the fluidized bed

(taking into account fluidizability, agglomeration and abrasion).

Figure 3.1: Fluidized bed reactor drawing with all relevant dimensions

Material of construction for such reactor was selected to be quartz, due to its
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3.1 Design of the Reactor vessel

inertness. Gas distributor for this reactor is a sintered quartz fritt with porosity

of 90-150 µm. The drawing of the quartz reactor can be seen on the figure 3.1.

Later on, a reactor with 56 mm inner diameter was constructed out of FeCrAlloy

for testing at the higher pressures and for proving the concept of a fluidized bed -

membrane reactor. This material has been selected due to its unique properties,

such as very high temperature resistance (up to 1300◦C), high oxidation resistance

as well as for the formation of an aluminum oxide inert layer on the outer surface

of the reactor. The packed layer of silica, separated with a metal mesh of 150µm

was used as a gas distributor in this reactor, in order to provide enough pressure

drop for the smooth fluidization.

Figure 3.2: Fluidized bed membrane reactor picture of the reactor with

inserted the membranes used for the oxygen distribution

Membranes used for the fluidized bed membrane reactor are 6mm diameter

tubes made out of Hastelloy X alloy. The bottom of the tubes were made by sin-
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tering particles to form a porous layer with average pore size of 500nm. This pore

size should be able to provide high enough pressure drop and consequently equal

oxygen distribution along the bed. Oxygen enters at the top of the membranes

separately from methane and is distributed via membranes into the bed. The

picture showing the fluidized bed membrane reactor and the membrane tubes

can seen on the figure 3.2 .

3.2 Piping and instrumentation

Following the decision of the design of the reactor vessel, one could design and

decide for a number of options for the instrumentation and control of the experi-

mental set-up. Here safety plays important role, because methane and oxygen, as

well as ethylene and oxygen form an explosive mixture, and if sources of ignition

are present, a hazard can occur. Therefore all the devices used in the experimen-

tal set-up were classified as ATEX certified, which means they were designed for

an operation in a potentially explosive atmosphere.

The flowsheet was developed iteratively, and it was improved during the course

of this thesis. The finalized piping and instrumentation diagram can be seen on

figure 3.3. The three gases, namely nitrogen, oxygen and methane are premixed,

in such a manner that oxygen is first diluted before mixing it with methane,

in order to avoid explosive mixtures. Flow of each species is regulated using

IN-FLOW mass flow controllers from Bronkhorst. Range for the flowrate was

determined to be in the range of 1-30 minimum fluidization velocities of the used

catalyst particles. Because of the wide range of catalyst density, particle size,

pressure, bed temperature as well as reactor diameter, we had to design a reactor

which can operate with a very wide range of flows. Thus two mass flow controllers

for each species was installed. The flow-rates covered by this experimental set-up

is from 100 mln/min to over 50 Ln/min. The specification the devices with the

accuracy of their measurement is presented in the in Table 3.1.

Following the mass flow controllers, each line was equipped with a check valve

in the case of a sudden increase of pressure and eventual back flow. Moreover,
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Table 3.1: List of devices used in the experimental set-up with the range

of operating conditions and precision

Device Measuring Range Precision

Bronkhorst 20 mlnorm - ± 1 mlnorm/min

MFC F111BI - O2 1 lnorm ± 0,5% of the m.v.

Bronkhorst 40 mlnorm - ± 2 mlnorm/min

MFC F111BI - CH4 2 lnorm ± 0,5% of the m.v.

Bronkhorst 80 mlnorm - ± 4 mlnorm/min

MFC F111BI - N2 4 lnorm ± 0,5% of the m.v.

Bronkhorst 100 mlnorm - ± 5 mlnorm/min

MFC F111BI - O2 5 lnorm ± 0,5% of the m.v.

Bronkhorst 200 mlnorm - ± 10 mlnorm/min

MFC F111BI - CH4 10 lnorm ± 0,5% of the m.v.

Bronkhorst 400 mlnorm - ± 20 mlnorm/min

MFC F111BI - N2 20 lnorm ± 0,5% of the m.v.

Pressure Indicator 1 atm - 10 barg ± 5 mbar

Thermocouple K-type -100◦C - 1350◦C ± 2 ◦C

0.12% - 24% C2H6

0.12% - 24% C2H4

Sick s700 gas analyzer 0.125% - 25% O2 ±10% of the smallest measuring span

0.15% - 30% CO2 ±1% of the m.v. + 0.01% absolute

0.35% - 70% CH4
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before and after reactor a flame trap was installed in order to provide protection

against detonation or flame propagation in the piping before and after the reactor.

In this manner even if explosion happens, it will be localized only in the reactor

vessel and the flame would not spread into the rest of the plant.

Figure 3.3: Piping and Instrumentation diagram representing all relevant

devices used in the bench scale fluidized bed reactor set-up

The reactor is heated by a tubular split tube furnace from Carbolite. The

power of the furnace of 2kW provides enough energy to heat up reactor and the

entering gas to a desired reaction temperature. Furnace temperature was regu-

lated using a PID controller embedded in the control system and a thermocouple

inserted in the furnace. Temperature of the reactor was determined via multi-

point thermocouple inserted in the bed. The thermocouple has 10 measuring

points, 8 of them located in the bottom of the reactor where the fluidized bed

is, while the other two points are at the middle of the reactor and at the gas

outlet (see figure 3.4). In this manner, one could follow the fluidization behavior

of the bed. Because only small pre-heating space was provided (bottom 5cm of

the reactor was filled with quartz wool before the gas distributor in both glass

and metal reactor), relatively cold gas would enter the bed, and in the absence

of fluidization, a temperature profile of more than 10◦C would be observed. The
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temperature profile would be even more dramatic in there would be a reaction

inside a bed. However, no matter if there would be a reaction occurring in the

bed or not, we observed an equal (less than 10◦C) temperature profile in the

fluidization regime, even in the case where there was no nitrogen dilution in the

system.

Figure 3.4: Fluidized bed reactor made out of glass with catalyst and multi-

point thermocouple inside a tube furnace

One more reason for continuous temperature profile measurement was possi-

bility of agglomeration of catalyst particles during the reaction, which is particu-

larly dangerous for the further practical application. Such behavior was already

suggested for OCM catalysts by Santamaria (57) for the Li/MgO catalyst. In the

case of agglomeration, a defluidization would occur, forcing a change of fluidized

bed of catalyst into a fixed bed of catalyst. Because of the high flows used in the

fluidized beds as well as lower heat transport properties, a temperature gradient

would occur almost instantly leading to a wrong behavior. This observation will
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be discussed in more detail in the following chapters.

Following the reactor outlet, a condenser and a particle filter was installed

so that dry gas could proceed to a continuous gas analyzer. Because the gas

composition was significantly changed, along with the volumetric flow (due to

reaction as well as water condensation) it was necessary to evaluate the volumetric

flow at the reactor outlet in order to correctly calculate methane conversion and

C2+ selectivity. This was done using again the thermal mass flow controller IN-

FLOW mass flow meter from Bronkhorst.

3.3 Gas analysis

An S700 gas analyzer manufactured by Sick was employed for rough gas analy-

sis( figure 3.5. This gas sensor can measure four components (CO2, CH4, C2H6,

C2H4) using UNOR module and one component (O2) using OXOR-P compo-

nent. UNOR module is an IR absorption gas analyzer, which can easily detect

components which absorb parts of the IR spectra, such as any molecule which

has a dipole moment some of their chemical bonds (C-H bonds for hydrocar-

bons). However, for homo-atomic molecules such as O2 it is necessary to employ

a paramagnetic OXOR-P sensor as this molecule cannot be detected via IR ab-

sorption (the non-polar bonds do not resonate with electro-magnetic waves in the

IR spectra, therefore they do not absorb it).

Gas chromatograph used for the gas analysis is equipped with TCD (thermal

conductivity detector) and two packed columns columns. The reason why a TCD

detector was used is that it was necessary to evaluate concentration of permanent

gases (CO, CO2, O2, H2 and N2) concentration from the reactor outlet. Because of

the volume of the TCD detector, and relatively low detection limits (consequently

big sample of 500µm was used) use of packed columns was necessary.

The columns used in the gas chromatography are PoraPack N and Molsieve

5A. They are arranged in such way in order to allow a good separation of all

gases, as presented on figure 3.6.

The first column, PoraPack N is able to separate hydrocarbons and CO2,
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3.3 Gas analysis

Figure 3.5: Sick S700 continuous gas analyzer

Figure 3.6: Configuration of the columns for the gas chromatography :

configuration a) - both columns are connected to the detector, configuration b) -

only molsieve column is connected to the detector, while porapack column is not

connected

67



3. EXPERIMENTAL

however permanent gases could not be separated well. However, Molsieve 5A

column could be used for the separation of all the present gases (most importantly

N2 and O2 which are difficult to separate) but unfortunately it is being poisoned

by CO2. Therefore a combination of this columns with a switching 6-port valve

must be used in order to separate all components in our system well.

Figure 3.7: A typical chromatogram of the OCM reaction gases - the

numbered peaks from the chromatogram : 1 - hydrogen, 2 - valve shift peak, 3 -

CO2, 4 - ethylene, 5 - ethane, 6 - second valve shift peak, 7 - oxygen, 8 - nitrogen,

9 - methane, 10 - CO

The separation was done in the following way : sample is passed through

both of the columns. As can be seen from the figure 3.7, hydrogen is eluted

first because it doesn’t adsorb on either of the columns. Because the permanent

gases already entered the Molsieve column and and CO2 is still adsorbed on the

PoraPack column, the columns are disconnected (switching for the position a) to

the position b), figure 3.6). The components eluting from the PoraPack column

enter the detector directly in the following order : CO2, ethylene, ethane. After

the last component has been eluted, and there are no threat of CO2 poisoning,
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the columns are connected once again, and the gases elute the Molsieve column

in the following order : oxygen, nitrogen, methane, CO.

In order to separate all components in a short time, it was necessary to op-

timize the temperature program of the operation. Low temperature is prefer-

able for the hydrocarbon/CO2 separation, however low temperature causes too

long retention times for the gases on molsieve column. At the high temperature

molsieve column separates permanent gases in a short time and satisfactory, while

ethane/ethylene and CO2 are not having good resolution. Applying a temper-

ature program would be beneficial, however it would require longer cycle time

because of the necessary cooling or heating after the analysis. A compromise was

found by applying isothermal operation temperature of 70◦C. Optimized time of

one cycle (from one to another injection) is 9 minutes.

3.4 Process control system

All measuring devices, actuators and safety measures acquired with HAZOP anal-

ysis were implemented in a process control system in order to provide an easy

to use user interface, as well as continuous data acquisition. The control system

used in this study is PCS7 from Siemens, and its functioning and components

will be only briefly described, while more information can be found in the doc-

umentation provided by Siemens (103). The measuring devices and actuators

were connected to a number of analog and digital I/O cards where the electrical

signals (4-20 mA, 0-5V, 0-10V...) where they were converted into a real numbers

and vice versa for communication with the central CPU for processing, control

and safety procedures. The graphical-user interface (Fig. 3.8) was developed to

allow user to follow the operation of the reactor easily and to be able to monitor

all relevant parameters of the reaction (temperature profile, pressure drop, outlet

concentration, flow at the inlet and outlet etc.). In order to prevent any hazard,

several automatic safety procedures (occurring without user input) were imple-

mented in accordance to the HAZOP analysis performed in our chair. These are

for instance automatic shut off of the oxygen supply in the case of temperature
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runaway or automatic valve opening and depressurization in case of a sudden

increase of pressure and similar. These procedures would allow minimal user in-

teraction with the system in the case of an emergency, and thus further prevent

possibility of a human error. Finally, using the process control system it was pos-

sible to record and store values for all process variables during operation. This

enabled generation of very high amount of quality data in short amount of time.

Figure 3.8: Graphical-user interface from the process control system

3.5 Experimental procedure

In this sub-chapter a typical experimental procedure will be briefly explained.

First an inert gas would be introduced into a bed of catalyst with a flow normally

between 1 - 3 Lnorn/min (depending on the catalyst type and particle size distri-
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bution), so as to allow the fluidization of the catalyst particles. This was followed

by increase of temperature first until 400C, and after equilibration time of 15

minutes further heating to the reaction temperature. Reaction gas composition

to be investigated was always obtained by suppling the methane first followed by

steady increase of oxygen flow. Because it was usually not known how active is

the new catalyst batch, it was necessary to slowly increase the oxygen from the

10 % up to 100% of the desired flow with continuous observation of the oxygen

outlet concentration. Oxygen outlet concentration was monitored and controlled,

so that oxygen volumetric fraction at the outlet never surpasses 3%.

It was necessary to wait approximately 3 minutes to reach a steady state,

after which a measurement of the outlet concentration was considered to be valid.

The value taken for the evaluation considers a time-averaged values from next

3-5 minutes of measurement. Conversion, selectivity and yield were calculated

with the help of measurement of the ”dry” gas volumetric flow at the reactor

outlet, in order to take any gas expansion or contraction due to the reaction into

consideration.

The outlet flow was measured quite accurately, and the average value had 95 %

confidence interval of 0.5-0.6% of the measured value. Therefore only measuring

concentration could have a major impact on the error of the calculated selectivity

or yield. Because the calibration of teh on-line IR was made every 2-3 days, one

could exclude systematic error due to the device drift. However, the measurement

signal was usually have some oscillation, thus the lower the concentration to be

measured, the higher would the error be. For the inlet methane concentration of

20% the average relative error was 0.69% for ethylene, 3.3 % for ethane (because

of very low concentrations) and 1.8% for methane. Therefore, conversion could

be calculated with the relative accuracy of ± 3.9% , selectivity with ± 2.6%

and yield with ± 4.6% calculated value. Therefore the maximum yield of 19.6%

obtained in this study has an absolute confidence interval of ± 0.9%.

Additional details considering the experimental set up as well as the operation

procedure can be found in Standard Operation Procedure (104).
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Results and discussion

In this chapter the experimental results obtained in the fluidized bed reactors

made out of quartz glass and FeCrAlloy, as well as the results obtained from

the fluidized bed membrane reactor will be presented and discussed. In the first

sub-chapter the inertness of the reactor will be investigates, as well as a test to

determine the potential diluting agent for the catalyst among several materials.

Second sub-chapter will be oriented towards testing of three different catalyst

types and their prospects for the large scale application. Finally, a concept of the

fluidized bed membrane reactor will be investigated, and the feasibility of this

concept will be shown.

4.1 Reactor and inert material testing

Initially, it was necessary to evaluate whether the reactors were applicable for

the OCM testing by checking if reaction would occur spontaneously without a

catalyst. As known from several studies (105, 106, 107, 108) gas phase reactions

can have significant contribution to the overall process performance. Moreover

reactor material itself can change the usual reaction pathway, because the walls of

the reactor can have catalytic effect (106) and can catalyze methane and ethylene

combustion, steam reforming as well as water gas shift reactions.

In order to avoid this and ensure that only catalytic effects of the investigated
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catalyst are observed and not catalytic effects of the reactor wall, an empty reactor

was tested. Reactor was fed with 1 L/min of gaseous mixture containing 15% of

methane and 3% of oxygen and temperature was changed accordingly as depicted

on Fig. 4.1. The residence time of the gas in the hot reactor was between 8-10s,

long enough to prove if the reactor wall is catalytically active or not. On another

hand concentration of both methane and oxygen was kept low because of the

explosion risk (due to considerable volume of the reactor). It was observed that

only a minor conversion of methane and oxygen occurred on the temperature

below 750 ◦C. Above this temperature higher conversions were observed, but

these levels were well below the levels which could affect the catalytic reactions

considerably (3% for methane and 10% for oxygen). It was therefore concluded

that the reaction test which would be investigated in this reactor would attribute

to higher extent to pure catalytic reactions.

Figure 4.1: Conversions of methane and oxygen in the empty reactor
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Following this test it was necessary to evaluate different materials which would

be later used as a diluent for the catalyst bed. It was necessary to find an inert

with similar density as the future catalyst but with negligible activity towards

OCM or combustion.

4.1.1 Testing of SiO2 activity

The first material to be tested SiO2 or silica was interesting because it has density

of 2.65 g/cm3 which is relatively close to density of CaO (3.35 g/cm3) as a support

for CaO based catalysts and it is the same material used as a support for the

Na-W-Mn catalyst. For this reason it would be possible to mix the granules of

silica in the same grain fraction together with the catalyst and expect a smooth

fluidization without separation of the bed into a bed of light and a bed of dense

particles (59).

Figure 4.2: Conversions of methane and oxygen in the reactor filled with

SiO2

The tests were performed in the same manner as with the empty reactor.
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Amount of 40g of quartz sand was filled in the reactor. As can be seen from the

Fig. 4.2 silica particles have increased conversion of both methane and oxygen,

however not so significantly to effect the reaction performance when catalyst

would be present in the reactor. It can be concluded that SiO2 is a desirable

diluent for the OCM catalysts.

4.1.2 Testing of Al2O3 activity

Density of Aluminum oxide of 3.8 g/cm3, however its effective density due to

porosity is much lower, and similar to SiO2 making it also attractive as a diluting

agent. Higher density can also be managed by a proper choice of the particle size

fraction used for the testing. Like in the previous case, 40 g of alumina was filled

in the reactor in order to evaluate its activity for OCM or combustion reactions.

The results are depicted on Fig. 4.3.

Figure 4.3: Conversions of methane and oxygen in the reactor filled with

Al2O3

Alumina showed very high activity for the methane combustion reactions. By
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the gas analysis selectivity to CO of around 70% and to CO2 of about 25 % was

detected. Whole amount of oxygen was converted even at very low temperature

of 700◦C. It can be concluded that alumina has comparable if not higher activity

for combustion reactions than many of the OCM catalysts and thus it should not

be used as a diluent for the OCM catalyst tests.

4.1.3 Testing of SiC activity

SiC or silicon carbide is one of the most used diluent in catalytic beds, because

of its very good heat transport properties, its thermal stability and its inertness.

Moreover it has been used previously in the OCM as a support as well, in order

to allow better heat transfer and prevent the occurrence of hot spots in fixed bed

reactors (109). Similar to previous investigated cases, 40g of SiC was studied

under a stream of 1 L/min of gaseous mixture containing 15% of methane and

3% of oxygen under different temperatures. The results are depicted on the figure

4.4.

SiC proved to be the most inert among all the materials tested, with lowest

conversion of both methane and oxygen. However, when SiC was mixed with

catalyst of similar particle size, it proved difficult to fluidize such a mixture.

Initially the mixture would fluidize but only to be separated later into two beds

of different particles - lower bed of heavier SiC and lighter catalyst. As this

behavior was unwanted, SiO2 was later used as a diluting agent for the fluidized

beds, although it had a bit smaller activity for the OCM.

4.2 La-based/CaO catalysts - state of the art

In the pioneering work of Keller and Bhasin (16) it was shown that quite a few

materials posses catalytic activity for the OCM. However, the main materials to

have both high activity and selectivity for ethylene were found to be elements

from IIIa - Va group. As these materials have relatively low melting temperature

as well as high tendency to evaporate at reaction conditions, they are not suitable

for the large scale application due to their quick deactivation.
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Figure 4.4: Conversions of methane and oxygen in the reactor filled with

SiC

For this reason, a number of basic solid catalysts were investigated (110, 111,

112, 113) in order to find a catalyst able to provide high enough C2 selectivity

and CH4 conversion while providing a stable operation for longer time. One of

the most promosing catalysts from these investigations were La/MgO (114) and

La/CaO (110). These catalysts were able to provide very high activity, reasonable

selectivity and long catalyst life. Later on, it was shown that promoting La-based

catalyst with Sr leads to superior catalysts with slightly reduced activity but

higher selectivity to C2 products (115).

La-based catalysts have been thoroughly investigated in the past. It has been

postulated that La-based catalyst owe their activity and selectivity for the OCM

to their bacidity. However, some studies (116, 117, 118) concluded that there is no

clear correlation between surface basicity and catalyst performance. Chaudhary

et. al (116) prepared 5 mol% La/CaO catalyst using different preparation and

different precursors. They discovered that the surface basicity is the highest

for the catalyst prepared by co-precipitation, but such catalyst did not prove to
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be the most suitable for the OCM, nor any correlation was discovered. It was

however found that when nitrates are used as precursors for the catalyst, usually

better performance can be achieved.

Lu et. al (118) investigated the influence of La/Ca ratio on the catalyst perfor-

mance, and found out that catalyst with 25 wt.% of CaO has the most promising

performance. He also reported considerable selectivity increase when steam was

added in the reaction mixture. Namely, it was discovered that carbonates of La

and Ca are formed during the reaction, which reduces the selectivity and deac-

tivates the catalyst. The authors suggested that addition of steam could reduce

the carbonate formation on the surface and produce La-oxides and hydroxides.

Thus, when steam was added to the feed, no deactivation was observed, along

with higher selectivity to C2 hydrocarbons. Approximately, adding 10-20 vol.%

of steam to the feed provided the best selectivity and yield.

An investigation by Yu et. al (117) was targeted to investigate the role of Ca,

La and Sr promoter on the catalyst performance. They suggested that surface

basicity of this catalyst type has mainly the role to alter the reaction path in the

gas phase. In their work, they introduced an idea that CaO is mainly responsible

for the ethane dehydrogenation to ethylene, while La and Sr oxides are mainly

responsible for prevention of methyl radical and ethylene combustion respectively.

They also showed that CaO has lowest surface basicity which increased with

addition of La and further increased upon addition of Sr. Xu et. al. (68) showed

also that addition of Sr increases the surface basicity of the catalyst, however,

due to strong affinity of Sr towards CO2 due to strong basicity, this catalyst

was active only on temperatures above 800◦C, where it performed superiorly in

comparison to La/CaO catalyst.

Because La2O3/CaO catalyst was proved to be a very active and stable cat-

alyst for the OCM, it was decided to perform the tests on this catalyst in the

fluidized bed. Moreover, previously the group of Baerns and Mleczko (54, 63) per-

formed experimental and simulation studies on this catalyst, which could serve

as a benchmark to our further testing. It has been shown that this catalyst can

be operated without agglomeration and deactivation in the fluidized bed. More-
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over, this catalyst is suitable for model validation, as Stansch (33) developed the

kinetic model which is assumed to be the most comprehensive model available in

the literature.

Catalyst promoted with Sr is a bit less active but more selective than La2O3/

CaO, therefore higher yields are expected, also in the fluidized bed. As SrO

is thermally very stable material, it is expected that fluidizability of Sr pro-

moted catalyst will be comparable La2O3/CaO to and that its activity would not

changed over time.

4.2.1 Testing of 23%La2O3/CaO catalyst

As described in the last subsection, this catalyst has been thoroughly investigated

in the past as one of the most active and stable and active catalyst for the OCM.

In order to evaluate its performance in the fluidized bed, a 45g of catalyst in

the fraction of 100-200µm was evaluated. The volumetric flowrate applied in the

tests was 1 L/min, which is equivalent to linear velocity of approximately 5 cm/s.

This linear velocity represents approximately 4 umf .

The influence of the temperature on the performance of the 23%La2O3/CaO

catalyst can be seen on the figure 4.5. All the experiments have been conducted

under methane/oxygen ratio of 2.5 : 1.

As can be seen from the following figure, the C2 yield as well as selectivity

increase slowly with the temperature until a temperature of 775◦C, up to a max-

imum yield of 14.5% and maximum selectivity of 52%. Above this temperature

there is a slight decrease in both yield and selectivity. This finding is in contrast

to the findings reported by Pannek (54, 55), who suggested that this catalyst

type operates more efficiently at temperatures above 800◦C.

Increase of temperature increased the selectivity to CO2 which lead to decrease

of methane conversion due to stoichiometry. Almost complete oxygen conversion

even at lowest reaction temperature testifies very high activity of this catalyst.

Influence of the feed composition on the reactor performance was investigated

at the fixed temperature of 750◦C while the inlet methane to oxygen feed ratio

was varied between 2 and 8, at the fixed methane fraction of 20%. The results
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Figure 4.5: Influence of the temperature on the performance of

23%La2O3/CaO catalyst

Figure 4.6: Influence of the feed composition on the performance of

23%La2O3/CaO catalyst
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are depicted on figure 4.6.

As expected, increase of oxygen availability by decreasing the methane to

oxygen ratio increases both methane and oxygen conversion. At high methane to

oxygen ratio selectivity is relatively high, above 60% but decreases with increase

of oxygen content, especially after methane to oxygen ratio is decreased below 3.

This is also followed by sharp increase of CO2 selectivity at lower feed ratios.

Despite very promising performance reported by Pannek and Mleczko for this

catalyst type, in this study La2O3/CaO catalyst did not provide more than 14.5

% C2 yield. Moreover, it was noticed that this catalyst type was very prone to

abrasion. After one cycle of testing of 16 hours only 36 g out of original 45 g was

recovered. Fine particles produced in the bed by abrasion were entertained into

the piping where it they settle, bind with condensing water from the reaction to

produce a dense slurry of calcium hydroxide and clog the outlet lines. During

the experiments a significant pressure increase was measured over time due to

pipe clogging and sometimes it was even necessary to stop the experiment and

clean the outlet lines. This represents a serious drawback for application of this

catalyst type in the large scale reactors.

Despite bad mechanical properties, this catalyst showed superior thermal sta-

bility and fluidizability. In most experiments less than 1◦C temperature difference

was measured between different locations in the bed. In the worst case a devia-

tion of 4◦C was measured between bottom and the top of the fluidized bed. This

testifies very good fluidizability and excellent solids mixing in the bed.

In order to overcome the poor mechanical properties of this catalyst type,

one may try to use different catalyst preparation method, to try to make catalyst

pellets which are highly resistant to abrasion or to use an inert support as reported

by Choudhary (69). However, these methods were beyond the scope of this thesis.

4.2.2 Testing of 10%La2O3-20%SrO/CaO catalyst

As described previously in the section 4.2 the Sr promoted La based catalyst have

been reported to provide better yield and selectivity, however at the cost of lower

activity and higher operational temperatures. This catalyst was never tested in
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the fluidized bed and evaluated for its potential in this reactor type.

This catalyst would prove later on to be more promising than the original

La2O3/CaO one, because it proved to have superior fluidizability than its prede-

cessor, furthermore it also proved to be more resistant to abrasion. Thus, this

catalyst type was tested for influence of feed composition, reaction temperature,

feed dilution, bed dilution and contact time. The results will be discussed in the

following chapters.

4.2.2.1 Influence of the feed composition and temperature on the per-

formance of 10%La2O3-20%SrO/CaO catalyst

In order to evaluate the effect of temperature and feed composition on the perfor-

mance of Sr promoted La/CaO catalyst, 40g of catalyst in the fraction 200-315µm

was filled into the quartz reactor, and tested under flow of 2.5 L/min containing

20% of methane in the feed. Superficial velocity in the reactor was approximately

11.5 cm/s which is about 3 umf . The results of the tests can be seen on the Fig.

4.7.

In order to have comprehensive understanding of the influence of both feed

composition and reaction temperature (or any other two variables) on the reactor

performance, four parameters (CH4 conversion, O2 conversion, C2 yield and C2

selectivity) are depicted beside each other as four contour plots. Each plot rep-

resents a surface spline through many (usually more than 40) experimental data

points. By analyzing these surface plots, one can obtain a general trend for the

synergistic influence of investigated parameters on the reactor performance.

Methane conversion seems to be influenced almost exclusively by the feed

methane to oxygen ratio and surprisingly has very low dependence on the reaction

temperature. Careful observation uncovers that there is a slightly higher methane

conversion at the temperature between 760-800◦C, which is connected with higher

selectivity at these temperatures. Selective reactions consume less oxygen per

converted methane, therefore increase in selectivity will increase methane con-

version in the case when oxygen is fully converted. This requirement is fulfilled,

as oxygen conversion is higher than 95% for all investigated reaction conditions.
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As expected, increase in both oxygen availability and temperature increases the

oxygen conversion.

Figure 4.7: Influence of the feed composition and reaction temperature

on the performance of 10%La2O3-20%SrO/CaO catalyst

Unlike the previously investigated catalyst, Sr promoted La/CaO catalyst is

more selective at higher temperatures. Selectivity of over 45% can be obtained

only at high methane to oxygen ratios and at temperatures above 800◦C. Increase

of oxygen availability by decreasing the feed methane to oxygen ratio has negative

influence on selectivity. This is due to high oxygen concentration which promotes

combustion reactions. However, highest C2 yield is reported for the low methane

to oxygen ratio despite lower selectivity. It seems that methane conversion is
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more positively influenced by increase of oxygen concentration in comparison to

negative influence of oxygen concentration on the selectivity. As a result high

oxygen concentration and temperatures of 800-820◦C provide maximum yields of

about 16%.

4.2.2.2 Influence of the feed dilution on the performance of 10%La2O3-

20%SrO/CaO catalyst

Due to problems arising with recycling of unconverted methane, it might be

beneficial to use the reaction mixture with smaller, or even without any amount

of diluent (119). For this reason, different amounts of nitrogen as a diluent was

used (15-85%) and its effect on the reactor performance was evaluated. The

reaction parameters used were the same as in the previous analysis, and inlet

methane to oxygen ratio was fixed to 2.5. The results are depicted on the Fig.

4.8.

It seems that decreasing amount of nitrogen in the feed does not influence

methane and oxygen conversion. However, smaller dilution strongly influences

selectivity to C2 which decreases with more methane and oxygen rich feed. More-

over, selectivity to CO2 increases with decrease of the feed dilution. As a con-

sequence, yield of 16.3% for very diluted feed decreases to 10.35% for almost

undiluted feed. Such behavior might be due to increase of unwanted steam re-

forming of ethylene, as well as coking (with coke re-oxidation in the fluidized

bed as reported by Edwards in (120)). Steam reforming and coking reactions

could be a consequence of increased concentration of methane and water as a

side product in the outlet. Complete oxygen conversion once again testifies very

high activity of this catalyst type, therefore it is very probable that many side

reactions could occur in the post reaction zone. Naturally these reactions would

be more pronounced when reactant concentrations are higher. There might be

several ways to decrease the impact of side reactions. For instance one might use

supported Sr-La/CaO catalyst in order to decrease the specific activity. Also, one

might increase the volumetric flow in order to decrease the contact time, however

this might negatively influence the bed hydrodynamics. Finally, one might use
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additional inert material to dilute the catalyst bed, which will be investigated in

detail in the following chapters.

Figure 4.8: Influence of the feed dilution on the performance of

10%La2O3-20%SrO/CaO catalyst

4.2.2.3 Influence of the fluidization velocity on the performance of

10%La2O3-20%SrO/CaO catalyst

The importance of the fluidization velocity on the reaction performance was de-

scribed in detail in the chapter 1.5.1. Increasing fluidization velocity has even

more importance when using very active catalyst such as Sr-La/CaO, because it

reduces contact time and consequently lowers the impact of unwanted reactions

in the oxygen lean zone. The reaction conditions applied in this test were the

same like in the previous testing. Reaction temperature was fixed to 800◦C, while

volumetric flow was varried between 2 - 5 L/min which is equivalent to fluidiza-
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tion numbers of 2.5 - 6 umf . The results of this investigation are depicted on the

Fig. 4.9.

Examination of the figure 4.9 shows that methane conversion has a slight

decreasing trend with increase of the fluidization velocity. Oxygen conversion

seems to be unaffected by the variation of the velocity, which once again shows

the extent to which this catalyst is active. Taking into account that increase of

the velocity of 2.5 times does not effect oxygen conversion suggests that whole

reaction might be occurring in the lower 20-30% of the bed.

Figure 4.9: Influence of the fluidization velocity on the performance of

10%La2O3-20%SrO/CaO catalyst

Selectivity to C2 hydrocarbons is also almost unaffected by the fluidization

velocity, except in the case where oxygen rich feed is applied. In that case,

selectivity slightly decreases, which might be the consequence of the gas back

mixing which occurs at higher fluidization velocities (38). At lower velocities there
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is almost a plug flow of the gas through the catalyst bed, therefore no backmixing

can affect the reactor performance, and highest yield of 15% is reported for the

smallest flowrate and 2.5 methane to oxygen ratio.

4.2.2.4 Influence of catalyst particle size on the performance of 10%La2O3-

20%SrO/CaO catalyst

In order to investigate the influence of the catalyst particle size on the perfor-

mance of the reactor, 45g of a smaller particle size distribution (100-200µm) was

investigated. A flow of 1.5 L/min was applied, which amounts to approximately

5 umf . Results of this investigation is depicted on figure 4.10

Figure 4.10: Influence of the particle size on the performance of

10%La2O3 20%SrO/CaO catalyst

Methane conversion surface plot look surprisingly similar to the surface plot
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of the bigger catalyst fraction, however, the conversion plot is slightly lower in

the case of small catalyst fraction (1-2%). Oxygen conversion also has very high

values of over 98% for all investigated conditions, similar to investigation of the

bigger catalyst fraction. Selectivity plot is also very similar to the bigger catalyst

fraction plot, however also with values slightly lower than in the case of big

catalyst fraction (1-2%). As a result, the maximum yield is slightly lower, 14.5%

compared to 15.9% in case of bigger catalyst fraction.

This worse performance could be explained by smaller velocities required for

fluidization of smaller particles and consequently longer contact times applied.

However, difference between the smaller and bigger catalyst fraction is not sig-

nificant, therefore one could not claim with certainty whether bigger or smaller

catalyst fraction is better or worse for the further application.

4.2.2.5 Influence of bed dilution on the performance of 10%La2O3-

20%SrO/CaO catalyst

As discussed in the chapter 4.2.2.2 reaction rate for this catalyst type is very high,

and lowering down the reaction rate might be beneficial in order to extend the

reaction zone and thus prevent non-oxidative conversion of methane and ethylene.

One of the possible ways to reduce the reaction rate is to dilute catalyst bed with

inert particles. For this reason 20g of SiO2 was mixed with 20g of catalyst. Both

diluent and catalyst were sieved to fraction of 200-315µm. Tests were performed

using flow of 3 L/min and 20% of methane in the inlet feed. Results of the tests

are depicted on the figure 4.11.

By analyzing the contour plots of methane and oxygen conversion, one can

derive that the reaction rate has been significantly reduced, as their conversion

is smaller, especially at lower temperatures. Selectivity to C2 is slightly higher

than in the case of undiluted bed, which can be attributed to smaller oxigen lean

zone in the bed. However, the synergic effect of slightly smaller conversion and

slightly better selectivity is yield of 15.8%, which is almost exactly the same value

for the undiluted bed.

Although there was no improvement of the performance due to bed dilution,
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it is important to point out that there was no negative influence of the bed

dilution on the reactor performance. Bed dilution might be very significant in

the large scale fluidized bed reactors in order to control the heat in the reactor

and to avoid hot-spot formation. During tests in the undiluted bed temperature

deviation amounted to 6◦C in the bed, which was measured at the bottom of the

reactor where most of the reaction occurs. However, in the diluted bed, no hot

spot was recorded as temperature deviations in the bed were smaller than 0.5◦C.

Figure 4.11: Influence of the bed dilution on the performance of

10%La2O3 20%SrO/CaO catalyst

It is important to point out that during the tests of Sr promoted La/CaO cat-

alyst there was virtually no catalyst loss due to abrasion. The amounts measured

after the testing were usually smaller than 1g. However, there were still problems
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concerning the formation of Ca(OH)2 due to hydration of the fines in the pipeline

in the downstreaming section, although not as severe as for the La/CaO catalyst.

4.2.3 Summary of the performance of La/CaO and Sr pro-

moted La/CaO catalysts

Performance of these two catalyst types can be summarized in a following way :

• La and Sr-La/CaO catalysts are very active catalysts for the OCM

• La/CaO catalyst is most selective at temperatures around 780◦C, while

Sr-La/CaO catalyst performs best at temperatures above 820◦C

• Both La/CaO and Sr-La/CaO are prone to abrasion, although Sr promoted

catalyst is far more mechanically stable. Supporting these catalyst could

solve the problem of abrasion in the fluidized bed.

• Using undiluted feeds has negative effect on these catalyst types. Because

of the very fast reaction rate, in undiluted feeds side reactions are much

faster in the post reaction zone. This leads to further conversion of the

reaction products and reduced C2 selectivity and yield.

• Increased fluidization velocity affects negatively reactor performance, prob-

ably because unfavorable bed hydrodynamics.

• Catalyst particle size does not play significant role on the reactor perfor-

mance, at least within Geldart B group of particles. Bigger catalyst particles

perform however slightly better.

• Bed dilution by inert material slows down the reaction rate and enables

more isothermal operation. Optimal C2 yield and selectivity are almost

identical in diluted and undiluted beds.

• Sr promoted La/CaO catalyst is very promising catalyst for the OCM and

its potential should be further investigated.
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4.3 Na-W-Mn/SiO2 catalyst - state of the art

First idea to use Mg as a material for the OCM was developed by Sofranko

(121, 122) after several different metals were tested on silica support. It was de-

termined that Mn might be a crucial component for the OCM catalysts due to its

good stability and productivity. By adding alkali to the Mn/SiO2 catalyst it was

found out that selectivity to higher hydrocarbons was increased without effecting

significantly the methane conversion. Via catalyst characterization, it was deter-

mined that Na and Li had the possibility to significantly reduce the surface area

which resulted in higher selectivity. Interesting observation by the same authors

was that Na dopped samples showed very smooth particle boundaries, similarly

to what was observed in our work, which will be discussed later in more detail.

The tri-metallic catalyst used in this study in its original form was proposed

Fang and co-workers (123). They obtained highly active and selective catalyst

comprising of 1.9 % Mn/ 5% Na2WO4/SiO2. These authors proposed a W=O

surface species of W5+ with three W-O-Si bonds to be an active center for the

OCM (surface WO4 tetrahedron). They elaborated their claim in more detail

later (35, 124). In their studies they have varied the composition of the alkali

promoter as well as the promoter itself, and they have observed that only Na

and K are able to generate stable WO4 tetrahedrons, on the support surface

surface and consequently high conversion of methane and selectivity to ethylene.

All other metals tested were containing only WO6 species and were consequently

inactive, except for Li and Ba which contained some amounts of WO4 which

were later converted to WO6 under reaction conditions. This transformation was

subsequently followed by observed deterioration of the catalyst performance over

time. Same authors observed that only Na and K were able to convert amorphous

silica to crystalline α - crystobalite by calcination, but did not emphasize its

importance on the reaction performance. They however suggested that there

might be very strong interaction of WO4 with α - crystobalite.

The conclusions from the work of Fang at. al were not consistent with the ear-

lier work of Sofranko. The possible explanation of the origin of the active species

for this catalyst was given by Lunsford (125). He first showed that MgO sup-
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ported catalysts were as good as SiO2 supported ones, however they had reduced

stability (22) and deactivated over time. This was attributed to loss of the surface

Mn due to formation of Mg-Mn compounds in the bulk at elevated temperatures.

Lunsford also showed that catalyst containing no Mn (SiO2 and MgO supported

NaWO4) had poor performance compared to Mn containing catalysts. Further,

he showed that catalysts containing no W - namely NaMnO4/MgO are able to be

highly active and selective, thus showing that W compound is not crucial for the

good OCM performance. Moreover, he showed that catalysts containing either

no Na or Mn were as well not active for the OCM. Deriving from his results

and spectroscopic observations, Lunsford proposed that Mn-Na-O species might

responsible for the activity of the catalyst in OCM. The role of W was explained

as stabilizer of the catalyst, stabilizing Na at the surface and thus not allowing

it to diffuse into the bulk, form compounds with the support or species which

would evaporate.

During the past decade there has been a lot of work trying to elucidate the

influence and the role of different metal components in this catalyst. Group of Li

investigated influence of Na (126) and W and Mn (127) as well as the influence of

the preparation methods (128) on the catalyst performance. In their work, they

showed that catalysts containing no Na performed poorly, and that an optimum

Na content in the catalyst exists, namely in the range of 0.39-1.56 wt%. Na con-

tent mainly influenced the surface composition of the catalyst, enabling higher

W and Mn concentrations which would otherwise diffuse into the bulk. However,

addition of high Na amounts influences reduction of surface coverage of W and

Mn, and disappearance of the crystalline Mn-oxide phases. This consequently

reduces the catalyst activity. This investigation proved that Na is a crucial com-

ponent of this catalytic system and that its main role is to allow high dispersion

of Mn and W on the catalyst surface. Manipulation of W composition showed

that W has two features : it increases the Na surface concentration, thus stabi-

lizing it, secondly it promotes formation of WO4. Moderate concentrations of W

showed presence of only WO4 surface species, while high concentrations favored

WO6 which gave catalysts that were less active and selective. In the same study,
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it was found that Mn has also a strong influence on the Na surface concentra-

tion. Moreover, it was shown that Mn strongly influences the vibrational mode

of the WO4, the proposed active center. Moderate concentrations of Mn (0.5-2

wt%) proved to be ideal for this catalyst. Higher amounts favored formation of

MnMn6SiO12 compound, which reduced the active surface area and promoted

combustion reactions. Among various preparation methods, it was shown that

the best performance can be obtained with incipient wetness method despite the

loss of W which occurred over time. However catalyst prepared with mixture

slurry method could maintain surface composition nearly intact after long time

on stream. It is interesting that both of the catalysts remained active during 500

h testing without serious effect on the performance.

Influence of the support phase structure and morphology on the performance

was investigated by Palermo et. al (129). They found out that the role of Na

in the catalyst was not only as a chemical promoter, but also as a structural

promoter which allowed transition of amorphous silica to α - crystobalite. Several

catalysts prepared using different types of silica support, and only catalysts which

had α - crystobalite phase turned out to have good methane conversion and

CC2+ selectivity. However Li (128) found out that after 500 h of operation α -

crystobalite turns to tridymite and quartz, but still remains active and low in

surface area.

Despite large amount of work done on the 1.9 % Mn/ 5% Na2WO4/SiO2

catalyst, there is still no agreement on the nature of the active site and the

influence of the support. Nevertheless, this catalyst is so far the most promising

for the further application considering its high selectivity under moderate CH4

conversion and its long term stability.

There were some investigation concerning the practical application of this

catalyst type. For instance Bhatia (130) used the statistical experimental design

to study this catalyst and further optimize the process conditions in terms of

feed composition, residence time and temperature. He obtained around 30 %

C2+ yield as an optimized value, which was also proved with experiments. Liu

et. al (72) tested 1.9 % Mn/ 5% Na4WO4/SiO2 in a 200 ml fixed bed reactor to
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evaluate the possibility of a scale up in this reactor type. They have concluded

that addition of steam could help overcome the hot spot formation, as well as

prevent deep oxidation reactions. After 100 h of testing catalyst remained active

and selective, providing more than 23% yield.

There has been recently a paper published by Talebizadeh et. al (131) on a

performance of 1.9 % Mn/ 5% Na2WO4/SiO2 catalyst in a 20 mm fluidized bed

reactor and a two zone fluidized bed reactor. However this study did not have a

goal to optimize reaction conditions and provide information on the applicability

of this catalyst in the industrial scale, as well as to investigate influence of different

parameters on the reactor performance.

4.3.1 Testing of 1.9%Mn/5% Na2WO4/SiO2 catalyst

Initially this catalyst was prepared via fluidized bed granulation as explained by

Simon et. al (37) however this catalyst tend to to defluidize when heated to a

temperature higher than 680◦C. It was assumed that the catalysts prepared in

this way would contain active material only on the outer surface, making them

prone to melting at the reaction conditions. Later on catalyst was prepared using

original procedure by incipient wetness, to allow better contact with the support

and the active components.

However, this also did not provided a catalyst which was able to withstand the

reaction conditions. Every time catalyst bed would be heated to a temperature of

nearly 700◦C isothermal temperature in the bed would disappear, creating over

100 K temperature axial gradient. Because of the safety reasons gas introduced

in the fluidized bed was not preheated, and once the the cold gas would enter a

”fixed” bed of agglomerated catalyst, it would cool it down and a temperature

gradient could be observed. This behavior is represented on figure 4.12. Again,

because of the safety reasons it was not possible to feed the reactor with the

reactants, because in this case it would result in severe hot spot formation due

to decreased catalyst-gas heat exchange.

Once catalyst agglomerated, there was no longer fluidized motion in the bed

and the catalyst particles were sticked to each other and the reactor wall. Increas-
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Figure 4.12: Agglomeration behavior of the 1.9%Mn/5% Na2WO4/SiO2

catalyst

ing flow to a high values in the range of 5 L/min did not fluidized the agglomerated

catalyst. It is interesting to note that this behavior was reversible, as decreas-

ing temperature below 500◦C under constant flow would once again initiate the

fluidization and an isothermal temperature profile would be established.

There are a several explanations for this behavior :

• Na2WO4 is being liquid at the reaction temperature, as it is known that it

melts at 698◦C. The concentration of this compound is 5wt%, therefore it

is high enough to provide a thin melted layer to allow the catalyst particles

to ”stick” to each other.

• Na is a typical glass modifier while Si is a typical glass former. It is possible

that at reaction conditions there is a melt containing Na, Si and perhaps

Mn and W. These observations were made by Simon et. al (37) showing

that the catalyst surface is smooth and partially melted unlike the calcined

sample which has rather sharp edges.

For the reasons described it was not possible to test the performance of the
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original 1.9%Mn/5% Na2WO4/SiO2 catalyst. It was our idea to test the catalyst

containing smaller amount of Na, because Na was thought to be responsible

for both possible reasons for agglomeration. As suggested in (127) catalysts

containing smaller amounts of Na and W would have reduced activity, but should

have comparable selectivity and yield with complete oxygen conversion.

4.3.2 Testing of 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

Unlike the previous tested sample, this catalyst was fluidizable in the whole range

of temperatures applied. The fluidization at higher temperatures (at 650◦C, 250-

500µm particle size) occurred at the flow of 1.5 L/min. The fluidization was

confirmed by observing an isothermal temperature profile in the catalyst bed.

The linear velocity related to minimum fluidization flow was calculated to be

7.2 cm/s. This is in very good agreement with the theoretical prediction from

the Wen-Yu equation (90) which predicts a minimum fluidization velocity of 6.7

cm/s for the same temperature, which shows no obstruction of agglomeration

on the fluidization. Smaller catalyst fraction (100-250 µm particle size) was also

fluidizable, however, it required somewhat bigger flows and it was prone to ag-

glomeration at higher temperatures.

In the initial activity tests this catalyst provided promising conversion and

selectivity to ethane and ethylene, therefore it was thoroughly investigated for the

influence of different parameters (composition, temperature, nitrogen dilution,

bed dilution, flowrate and particle size distribution) on its performance.

4.3.2.1 Influence of Temperature and feed ration and the performance

of 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

Tests were performed in the following manner. Reactor was filled with 45g of

the catalyst of 250-500µm fraction to obtain 1.5 aspect ratio (static bed height

against bed diameter) and it was fluidized and heated in a sequential manner.

Heating was first performed until 400◦C and followed by subsequent heating to

reaction temperature. Normally, reaction tests were performed starting with

700◦C, however this catalyst had poor performance at temperatures below 750◦C
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and only influence of higher temperatures on its performance will be discussed

in this chapter (very low oxygen conversions). The feed ratios of methane to

oxygen that was tested was in the range of 2-10. Higher ratios would not have

a significant effect on the yield because of the very small methane conversion,

while ratios of below 2 are potentially explosive. All the tests were performed

at flow of 3 L/min which corresponds to fluidization velocities of 2.5 umf . The

methane volumetric fraction in the feed was kept constant at 25%, while oxygen

was varied between 2.5-12.5%.

The influence of both temperature and feed ratio on conversion of CH4 can

be found on Fig. 4.13. The influence of both temperature and the feed ratio is

largely straightforward. At lower temperatures and higher methane to oxygen

ration the the methane conversion was limited by the oxygen availability, and

oxygen conversion was not complete. Therefore a small methane conversion was

observed.

Figure 4.13: Influence of temperature and feed ratio on the methane

conversion of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst
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However, increasing the temperature oxygen conversion was increased as well,

followed by increase of methane conversion. At higher temperatures, even though

oxygen conversion was complete, methane conversion has increased. This can

be derived from a decrease in the CO2 and increase of CO yield (due to ther-

modynamics). As CO requires stoichiometrically less oxygen, the conversion of

methane can be further increased. Furthermore methane might have also taken

part in steam reforming or even coking in the oxygen lean parts of the bed.

Figure 4.14: Influence of temperature and feed ratio on the oxygen

conversion of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

At high temperatures and low methane to oxygen ratios, the conversion is very

high, about 45%. As mentioned previously, this is due to high production of ethy-

lene and ethane which consume lesser amount of oxygen rather than combustion

reactions and certainly also due to coking, steam reforming and CO production.

As far as oxygen is concerned, it can be seen that the reaction rate is rather

slow with this catalyst at temperatures below 800◦. This catalyst has much

smaller activity compared to La-based catalysts which has also reported previ-
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ously by Lunsford (22). At lower temperatures, oxygen conversion is smaller than

85%, and the conversion slightly drops as the amount of oxygen is increased. At

higher temperatures almost full oxygen conversion is achieved, and this would be

expected because the specific catalyst activity increases with the temperature.

From the safety point of view complete oxygen conversion is important in order

to allow oxygen free post reaction zone and reduce risk of explosion. However,

oxygen depletion means also that the main reactions (oxidative coupling and

combustion) are no longer happening in the upper levels of the bed, leaving room

for unwanted methane and ethylene steam reforming and coking to occur. These

reactions are more prominent at higher temperatures.

Influence of feed and temperature on the selectivity to C2 products can be seen

on the figure 4.15. The results of this diagram might be misleading because the

selectivities presented on this diagram are not all obtained at the same conversion

of methane and oxygen.Therefore it should be interpreted together with diagrams

from the figure 4.13 and 4.14.

Figure 4.15: Influence of temperature and feed ratio on the C2 selectivity

of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

100



4.3 Na-W-Mn/SiO2 catalyst - state of the art

At lower temperature (750◦C) and high methane/oxygen ratio selectivity to

C2 is only about 50%. Increasing the temperature (to 775◦C) leads to a small

increase in methane and oxygen conversion but it leads also to a considerable

increase in C2 production. Therefore a sharp peak in selectivity can be observed

(maximum selectivity area). However, at even higher temperature selectivity

sharply decreases because of the complete oxygen conversion and non oxidative

side reactions. At lower methane to oxygen ratios (below 5) one can observe an

increasing trend of selectivity when temperature is increased and a decrease of

selectivity as temperature is higher than 825◦C.

It is interesting to notice that the figure for methane conversion and C2 selec-

tivity are almost like mirror images, as methane conversion has maximum at high

temperature and low methane to oxygen ratio, and minimum at low temperature

and high feed ratio part of the graph. Completely opposite can be derived for

the C2 selectivity graph.

Figure 4.16: Influence of temperature and feed ratio on the C2 selectivity

of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

Yield of C2 hydrocarbons is represented on figure 4.16. It can be seen that
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increase of temperature has an overall beneficial effect on the productivity of the

catalyst until the temperature of 825◦C when a maximal 19.6% yield is achieved.

Further increase of temperature reduces the yield because of increase of the rate of

side and consequent reactions. Influence of the feed ratio is also straightforward,

because increase of oxygen availability consequently increases the yield. At lower

temperatures this yield is not as dramatic as for the high temperatures where

yield is very sensitive to availability of oxygen.

Figure 4.17: Influence of temperature and feed ratio on the C2 selectivity

of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

Another interesting reaction parameter to investigate is the ratio of ethane

and ethylene at the reactor outlet. The influence of the temperature and feed

composition on this ratio can be seen on the figure 4.17. At lower tempera-

tures amounts of ethane and ethylene produced are comparable to each other,

however with the increase of the temperature rates of ethane (oxy and thermal)

dehydrogenation is increased which in turn increases amount of ethylene at the
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expense of ethane. Decrease of the methane to oxygen feed ratio increases the

total production of both ethane and ethylene, but it seems that it influences the

oxidative dehydrogenation of ethane more than the oxidative coupling. As a con-

sequence at high temperatures and low methane to oxygen ratios one can observe

ethane/ethylene ration of more than 5.

Throughout the tests isothermal temperature profile the fluidized bed was

observed, and the temperature from the bottom of the reactor was in the worst

case 7◦C higher than in the middle of the bed because of the exothermic reactions.

At the end of the testing which lasted for total 16 hours 43.6 g of the original

45 g of catalyst was collected. Therefore it can be concluded that this catalyst

in comparison to the other tested catalysts can be considered more mechanically

stable and suitable for further scale-up.

4.3.2.2 Influence of fluidization velocity on the performance of 1.9%Mn/

2.5% Na2WO4/SiO2 catalyst

Increase in fluidization velocity influences contact time between the catalyst and

the reacting gas but also hydrodynamics of the fluidized bed. Low fluidization

velocities maintain nearly plug flow of the gas through the bed while higher

fluidization velocities can initiate back flow of the gas through the dense phase.

Test were performed on 40 g of catalyst with flows between 2500 and 5000

ml/min and with methane/oxygen ratios between 6 and 2 to 1. Temperature was

fixed to 800◦C. Influence of the fluidization velocity through applied flow on the

conversion of methane and oxygen is presented on figure 4.18.

At low velocities of 2500 ml/min there is considerable conversion of methane

and complete conversion of oxygen. At flows of approximately 3000 ml/min there

is a slight increase in methane conversion at low methane/oxygen ratios, probably

because there is a decrease of coking and reforming reactions in the oxygen free

part of the bed. This is due to decreased contact time, therefore less contact

between catalyst and oxygen free gas is reduced as well. Further increase of the

flow does not allow reaction to occur completely in the bed, thus conversion of

both oxygen and methane decrease. At flow of 5000 ml/min methane conversion
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Figure 4.18: Influence of flow and feed ratio on the oxygen and methane

conversion of the 1.9%Mn/ 2.5% Na2WO4/SiO2 catalyst

reduces to 31% and oxygen conversion to 73%. This signifies once more the

reduced activity of this catalyst in comparison to La-based catalysts.

It is interesting to notice that increase in fluidization velocity and reduction

in oxygen conversion have a positive effect on selectivity to C2. At methane to

oxygen ratio of 6 and highest tested flow selectivity to C2 is as high as 84%. This

can be explained as lack of secondary reactions as well as prevalence of selective

reactions in conditions in which oxygen is present in lower amounts. Decrease

of methane to oxygen ratio increases oxygen concentration which dramatically

reduces the selectivity to 46% at methane to oxygen ratio of 2. At lower methane

to oxygen ratio where methane conversion is considerable, it seems that the flu-

idization velocity does not have significant influence on the selectivity.

Influence of flow on the yield is very similar to its influence on the conversion,

except that the trend is less dramatic. From the conducted experiments it seems

that for C2 yield conversion of methane plays more important role in comparison

to C2 selectivity. Selectivity to C2 which was measured in experiments ranges

between 42% and 84%. In contrast, conversion varied in rage from 12% and 42%.

Therefore it seems that increase of oxygen availability increases conversion in

higher extent than it decreases selectivity, and thus it increases the yield.

It seems that optimum fluidization velocity of approximately 2 umf exists
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Figure 4.19: Influence of flow and feed ratio on the C2 selectivity and

yield of the 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

for this catalyst providing for the given temperature a yield of 17.4%. Lower

fluidization velocities are leaving enough space in the bed for unselective side

reactions to occur, while at higher fluidization velocities there is not enough

contact between gas and catalyst and methane and oxygen pass through the

fluidized bed unreacted.

4.3.2.3 Influence of catalyst dilution on the performance of 1.9%Mn

/2.5% Na2WO4/SiO2 catalyst

Catalyst dilution is necessary in the case when reaction rate is very high and

therefore a reaction runaway is possible. When bed diluent is used there is usu-

ally no effect on the reaction performance, however using bed diluent in OCM

might be important because it disturbs the active surface/volume ratio, allowing

quantitatively more reactions to occur in the gas phase in comparison to catalyst.

Although SiO2 was proved to be quite inactive material for the OCM, in mixture

with catalyst it might act as a radical quencher and slightly change the reaction

path. Because diluted catalyst beds might be important in further industrial

use of OCM, this influence had to be investigated. Performance of the diluted

catalyst bed (22g of 1.9%Mn/2.5% Na2WO4/SiO2 catalyst + 22g of SiO2, both
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250-500µm) was investigated and results are depicted on figure 4.20

Influence of the bed dilution can be derived by comparing the results of the

diluted bed with performance of undiluted catalyst bed (figures 4.13, 4.14 and

4.15). As can be seen, the conversion of CH4 is relative smaller in compari-

son to the undiluted bed, especially in the range of low temperatures. At high

temperatures this difference is quite smaller and the maximum conversions are

comparable (47% undiluted bed, 44% diluted bed). The difference is even more

pronounced in case of O2 conversion. At low temperatures oxygen conversion is

lower than 50% and it reaches more than 80% only at temperatures above 800◦C.

In contrast, oxygen conversion without bed dilution was higher than 80% at all

investigated temperatures.

Figure 4.20: Influence of bed dilution on the performance of the

1.9%Mn/2.5% Na2WO4/SiO2 catalyst
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This significant reaction rate reduction might not be only due to lower catalyst

amount but also due to hydrodynamics of the fluidized bed. As known from the

literature (38) at the bottom of the fluidized bed velocity of the gas through

dense and bubble phase are similar, whilst in the upper parts of the bed bubbles

are more developed, they are faster and higher fraction of the gas pass through

them. Thus, upper and lower part of the fluidized bed do not contribute equally

to the overall conversion. As a consequence the difference between higher and

lower activity catalyst or diluted bed will be even more pronounced. For this

reason, it is necessary to provide bed containing enough catalyst for comparison

at similar methane conversions.

From the selectivity plot it can be seen that at lower temperatures where both

oxygen and methane conversions are rather low, selectivity to C2 is quite higher

in comparison to tests with undiluted bed. On the other hand, selectivity at low

methane to oxygen ratios is slightly lower than in tests with undiluted beds. As a

consequence, the maximum yield of 16% is lower, which is a result of lower both

selectivity and methane conversion at high temperature and high methane to

oxygen ratios. It is interesting to note that both maximum yield and conversion

are obtained at the maximum temperature tested. This can be explained by care-

ful examination of the oxygen conversion graph. At low methane/oxygen ratios

where methane conversion is highest oxygen conversion is rather low. Increase

in temperature has dramatic effect on oxygen conversion, which is not complete

even at the highest tested temperature, and thus every increase of temperature

that increases further methane conversion contributes to the increase of C2 yield.

In the case of undiluted bed, oxygen conversion was completed already at 800◦C.

Therefore methane conversion was not significantly influenced by further temper-

ature increase. However, there was noticeable selectivity decrease by temperature

increase at low methane to oxygen ratios , which is the reason why the maximum

yield was observed at 825◦C. Diluted bed showed maximum yield at conditions

of highest methane and oxygen conversion which is temperature of above 840◦C

and methane to oxygen ratio of 2.

Temperature profile in the bed was more even than in the case of undiluted
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bed. A temperature deviations of less than 3K was measured in the experiments,

testifying once more that the bed dilution has positive effect on the isothermal

behavior of the reactor.

As a conclusion, bed dilution might prove to be very beneficial, as it maintains

perfect isothermal behavior of the bed. However, bed dilution significantly de-

creases the reaction rate in the bed, leading to lower conversion and lower yields.

Selectivities observed in diluted fluidized bed are in the same range like in the

undiluted bed. Maximum yield obtained in diluted fluidized bed is lower than

undiluted bed. However, it is expected that in bigger fluidized beds with consid-

erable bed height this yield reduction would be less severe if not even comparable

to the undiluted bed.

4.3.2.4 Influence of catalyst particle size fraction on the performance

of 1.9%Mn/2.5% Na2WO4/SiO2 catalyst

Particle size fraction can influence significantly the bed hydrodynamics, and this

in turn can have a very big impact on the reactor performance. There are big

differences in the way particles which belong to Geldart A and Geldart B particle

classification fluidize.

This effect was investigated by using 45g of a smaller catalyst particle size

(100-250µm) and comparing the performance of this particle size to performance

of bigger particle size (250-500µm). Bigger catalyst particle size belong to middle

of Geldart B classification, while smaller particles lie between A and B group.

Therefore it is expected that these particles have relatively smaller fluidization

velocity, that their fluidization behavior is more smooth and closer to homoge-

neous, reduction of the bubble size and finally that solid circulation is somewhat

worse than in the case of larger particles. Moreover, it is expected that cohesive

and electro-statical forces are stronger between these particles, therefore leading

easily to agglomeration.

During the tests it was noticed that the catalyst has the slight tendency to ag-

glomerate, as could be seen in a sudden increase of temperature in the fluidized

bed with occurrence of hot spots. In these cases it was necessary to increase
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the flow 2-3 times in order to establish fluidization so that the tests could be

continued. The flow used during this experiments was 1L/min, which gives ap-

proximately linear velocity of 4.7 cm/s at the reaction conditions. The minimum

fluidization velocity of the catalyst particles was estimated to be about 1.5 cm/s,

therefore the fluidized bed was operated at u = 3 umf . Using lower fluidization ve-

locities would result in very frequent agglomeration and defluidization, therefore

only tests at this moderate flow were performed.

Figure 4.21: Influence of particle size on the 1.9%Mn/2.5%

Na2WO4/SiO2 catalyst

The influence of the catalyst size on the performance of the reactor can be de-

rived by comparison of the figure 4.21 with figures 4.13, 4.14 and 4.15. If methane

conversion plot is observed, one can conclude that in this case temperature plays
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only minor role in methane conversion. As expected, decreasing the feed methane

to oxygen ratio results in increase of the methane conversion up to about 45%.

On the other hand, oxygen conversion is very high no matter what temperature

or feed ratio is applied, although it seems that the conversion was higher at low

methane to oxygen rations and higher temperatures.

Selectivity showed a maximum area at intermediate feed ratios and temper-

ature about 800◦C. At high methane to oxygen ratios amount of hydrocarbons

is low due to small conversion, however because of prolonged contact time there

is more of contact time available for the reforming of the products and methane,

therefore a lower selectivity can be observed. Decrease of the feed ratio allows

more C2 to be produced which results in an increase of selectivity. However, at

feed ratios of below 3 there is a dramatic decrease of the selectivity, possibly as

well as a result of an increase in the rate of unselective reactions. As a result, the

yield surface plot resembles very much the the conversion plot, however it has a

maximum at approximately feed ratio of 3 and temperature of 800◦C.

It might as well be important to note that the hot spots measured about

20◦C at the reactor bottom, at the highest temperature tested. This testifies the

fact that at lower velocities most of the reaction occurs at the reactor bottom,

where the large reaction heat is released. In addition the smaller catalyst size

allows more intimate contact between the catalyst and the gas, increasing further

the reaction rate. Furthermore, small catalyst particles are more prone to tran-

sient agglomeration seen in this case, which could cause local defluidization, and

increase in temperature gradient.

Several drawbacks of operation with small particle size catalyst can be sum-

marized:

• Smaller catalyst size requires smaller fluidization velocity. This in turn has a

longer contact time as a consequence, and promotes consequent combustion

and reforming reactions. Generally, smaller velocities should be used in

comparison with bigger catalyst particles.

• At higher velocities, there is more catalyst entertainment
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• Because of the longer contact times there is a possibility of hot spots oc-

curring inside the bed

• Smaller particles have stronger cohesive and electro-statical forces, making

them agglomerate easier at higher temperatures

4.3.2.5 Influence of the nitrogen dilution on the performance of 1.9%Mn

/2.5% Na2WO4/SiO2 catalyst

The feed dilution by nitrogen has several advantages. First of all, it decreases

the reaction rate and at the same time allows heat to be distributed among

products, reactants and diluent. As a consequence, feed dilution decreases the

adiabatic temperature rise and allows more control of the hot spot appearance

in the reactors. Furthermore, using nitrogen allows usage of air as a feed, which

reduces the cost due to high air separation costs.

However, the use of nitrogen has a critical drawback. As seen from the pre-

vious chapters, usually methane conversion does not surpass more than 40-45%.

This means that most of the methane supplied to the reactor would have to be

recycled back in order to utilize this raw material completely. Thus, if nitrogen is

present in the reactor feed, it would have to be ultimately separated from methane

up to some extent, otherwise it would built up in the system. This separation

is extremely expensive, and would probably cost more than air separation before

the reactor. Furthermore, all the devices between the reactor and cryogenic sepa-

ration columns would have to be designed larger, because of the larger total flow.

For these reasons, it would seem more reasonable to run reaction with undiluted

feeds. However, this poses a problem, considering the high reaction rates as well

as very large reaction heat.

It is of great importance to investigate if fluidized bed reactor can maintain

the reaction heat and provide isothermal operation when operated with undiluted

feeds. Moreover, it is important to find out whether the operation with undiluted

feeds effects the reactor performance in terms of yield and selectivity. Therefore a

40g of catalyst was tested under a flow of 3 L/min, at the methane/oxygen ratio

of 2.5 and temperature of 800◦C. The amount of nitrogen dilution was varied
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between 12% and 88%.

As depicted on fig 4.22 yiled of C2 does not depend on the amount of nitrogen

used as a diluent. A constant yield of approximately 16.3% was obtained. How-

ever, it was observed that conversion of methane was slightly increased at with

reduced dilution, as a consequence of a faster reaction and full oxygen conver-

sion. Unfortunately, selectivity to C2 products was decreasing, as a consequence

of higher CO2 selectivity at lower dilution.

Figure 4.22: Influence of nitrogen dilution on the performance of the

1.9%Mn/2.5% Na2WO4/SiO2 catalyst in the fluidized bed

During the tests, a hot spot of about 20◦C was measured at the lowest nitrogen

dilution. At slightly higher dilution of 25% no hot spot formation was observed.

The results of this test signifies the potential of 1.9%Mn/2.5% Na2WO4/SiO2

catalyst in the fluidized bed, as it shows that this catalyst can be used in the flu-

idized bed under undiluted feeds, avoiding hot spots and agglomeration problems

and still being able to provide considerable C2 yields. Adiabatic temperature rise

in the case of undiluted feeds and low methane to oxygen rations would be higher
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than 1000 K as reported by Bhatia (98).

4.3.3 Testing of 1.9%Mn/1.25% Na2WO4/SiO2 catalyst

Catalyst based on 1.9%Mn/2.5% Na2WO4/SiO2 proved to be active and selective

for the OCM, yet it showed a minor tendency to agglomerate at low flows and high

temperature. As decreasing amount of sodium proved to be beneficial fighting

agglomeration (possibly because it limits the transition of SiO2 to glass, and there

is less Na2WO4 present on the catalyst surface), it was decided to investigate the

potential of using even lower sodium amount.

Figure 4.23: Performance of the 1.9%Mn/1.25% Na2WO4/SiO2 catalyst

in the fluidized bed

In these tests 40g of catalyst were used, at flows of 2.5 L/min and 2.5 methane

to oxygen feed ratio. The results of the tests are depicted on the fig 4.23. The cat-

alyst showed disappointing performance as no more than 8% yield was obtained.

The catalyst was quite active, converting oxygen completely, at all temperatures
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tested. At lower temperatures catalyst was more selective towards CO2, while

at the high temperature CO was the most selective product. Selectivity to C2

hydrocarbons was always below 30%. Because of high selectivities to COx which

consume more oxygen per converted methane, methane conversion also stayed

relatively low, at levels below 30%.

Despite poor performance of this catalyst, its fluidization behavior was sig-

nificantly better than 5 wt.% and 2.5wt.% Na2WO4 containing catalysts. It did

not show any tendency to agglomerate, moreover it provided perfect isothermal

temperature profile at all temperatures tested.

4.3.4 Testing of 3.8%Mn/2.5% Na2WO4/SiO2 catalyst

Since the first investigation of the Na-Mn/SiO2 supported catalysts (121, 122)

Mn is being considered as one of the main components of this catalytic system,

responsible for the catalyst activity. It was decided to evaluate if increase in Mn

content would have any significant influence on the performance or fluidization

behavior.

Like in the previous test 40g of catalyst was used, at flow of 2.5 L/min and

2.5 methane to oxygen feed ratio. The results of the tests are depicted on the

Fig. 4.24. The catalyst showed similar performance compared to 1.9%Mn/2.5%

Na2WO4/SiO2. At optimum temperature of 800◦C selectivity of about 45% and

methane conversion of 36% were obtained, giving yield of C2 products of approx-

imately 16.3 %.

The performance as well as fluidizability for the catalyst containing 3.8 wt%

of Mn was very similar to 1.9 wt% of Mn containing catalyst. Furthermore

temperature profile showed deviation of 7◦C at the bottom of the bed, testifying

a tendency of this catalyst agglomerate.

4.3.5 Summary of the performance of Mn and Na2WO4

catalyst supported on SiO2

Performance of this group of catalysts can be summarized in a following way :
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Figure 4.24: Performance of the 3.8%Mn/2.5% Na2WO4/SiO2 catalyst

in the fluidized bed

• Mn/Na2WO4/SiO2 catalysts are significantly less active in comparison to

La-based catalysts. Therefore higher temperature is necessary for obtaining

higher oxygen and methane conversions.

• These catalyst showed a tendency to agglomerate. Possible reasons are Na-

components which melt on the reaction temperature or formation of glass

from silica which still has to be determined.

• Decreasing Na amount to half of the original amount enabled fluidization,

however tendency to agglomerate still persisted. Further reducing Na con-

stant resulted in a catalyst with poor performance but perfect fluidizability.

• Best performance was obtained at temperatures above 800◦C, usually at

temperatures between 825 - 850◦C, and at low methane to oxygen ratio.

Obtained yield of 19.6% is one of the best reported in the literature for the

OCM in the fluidized bed.

115



4. RESULTS AND DISCUSSION

• Because of the small activity the catalyst, increase of the fluidization veloc-

ity resulted in worse performance. This is mainly due to smaller methane

and oxygen conversion due to shorter contact time.

• Smaller catalyst particle size had slightly worse performance. Due to higher

tendency to agglomerate, use of smaller particle sizes for this catalyst is not

recommended.

• Bed dilution showed to slow the reaction rate even further, however the

selectivity of the catalyst was similar like in the case of undiluted beds.

Lower yields were measured due to smaller conversion, however this option

might be interesting for the further application because of better fluidization

as well as smaller temperature gradients.

• Nitrogen dilution did not have any significant influence on the reactor per-

formance. At relatively small and high feed dilution yield of approximately

16% was measured at 800◦C and 2.5 methane to oxygen feed ratio. This is

very encouraging, because it shows the potential to employ undiluted feeds

in relative safe manner using fluidized bed reactor.

• Mn/Na2WO4/SiO2 catalyst is very promising catalyst for the OCM and its

potential should be further investigated.
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Conclusions and Outlook

This thesis had several goals including a detailed CFD simulation of a fluidized

bed reactor for the OCM, design of the experimental set-up, test of several cata-

lyst types for their further application in the large scale and finally development

of a new reactor concept. The results gathered during this thesis are closely linked

with the possible future work and will be thus discussed together.

Concerning the CFD simulation, a detailed investigation was performed in-

cluding simulation of four case studies, showing that hydrodynamics and feeding

policy play a big role in the performance of a fluidized bed reactor for the OCM.

The base case study was compared with experimental data and it provided sat-

isfactory agreement. Moreover a new reactor concept was developed as a com-

bination of a fluidized bed and membrane reactor in order to obtain advantages

of both reactor types : nearly isothermal temperature profile characteristic for

the fluidized beds and high selectivities from the distributed oxygen feed as a

highlight of the membrane reactor. This combination of reactors proved to give

more than 35% yield improvement for the same feed and temperature conditions.

In this regard an experimental set-up to test this concept was designed and

constructed, however testing this concept was not a part of this thesis. The

performance of a fluidized bed membrane reactor for the OCM and experimental

confirmation of its applicability still has to be confirmed. This include tests

with different catalyst types, different reaction conditions, with metal porous
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membranes as well as ceramic membranes.

Experimental part of this thesis confirmed that fluidized bed reactor has a

lot of advantages over fixed bed reactors for the OCM reaction. The biggest

advantage - a possibility to operate isothermally under almost no dilution has

been confirmed. Catalysts based on La/CaO and Mn/Na2WO4/SiO2 were tested

for their applicability and stability. With Mn/Na2WO4/SiO2 catalyst almost

same performance was obtained at low and high nitrogen dilution, and most im-

portantly small temperature gradient was observed across the bed, despite huge

reaction heat. This catalyst was tested for over 40 hours with occasional cooling

and heating and the catalyst did not show any deactivation during this time. A

maximum of 19.6% yield was measured which is among best yields reported in

the literature so far for the fluidized beds. Although occasional agglomeration of

the catalyst occurred, it was concluded that reducing sodium and working at flu-

idization velocities above 2 umf could minimize the problems with agglomeration.

On the other hand, La-based catalysts showed superior fluidizability compared

to Mn/Na2WO4/SiO2 catalysts but were prone to abrasion. Furthermore, the

fines entertained from the reactor reacted with the steam from the outlet gas to

produce a Ca(OH)2 slurry and clog the piping which would be a serious prob-

lem for the industrial implementation. Although their activity was significantly

higher compared to Mn-Na-W catalyst, yields were on average 2-3% smaller. Fur-

thermore, high activity might b the reason for reducing the performance when

undiluted feeds were used. Nevertheless both catalyst types showed to be promis-

ing because of relatively high yields obtained, as well as good chemical stability.

More work is necessary for improving their mechanical properties so as to reduce

agglomeration and abrasion and perhaps reduce very high activity of La-based

catalyst.

Further work concerning the CFD simulation could be of big interest. First of

all a simulation with the highly promising Mn/Na2WO4/SiO2 catalyst should be

done, for which it is necessary to develop a detailed kinetic model. Furthermore,

there is a lot of possibilities for optimization of the fluidized bed membrane re-

actor concept including optimizing membrane number, membrane arrangement,
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flowrates through bottom and through the membranes. This investigation might

be time and resource consuming, but it would give precious information for the

design and operation of this novel reactor type. Finally, there is an interest to

run an OCM simulation in a fast or circulating fluidized bed reactor. This reactor

can provide short contact times, and avoid cracking, coking and steam reforming

reactions while keeping reaction temperature under control. At the moment CFD

tools are capable of making such simulation, and results of them could be highly

valuable.

Further work on Mn/Na2WO4/SiO2 catalyst is needed in order to further im-

prove its performance. Up to now it is not clear what exactly causes the catalyst

agglomeration, and how can this effect be overcomed. Moreover, optimizing cata-

lyst preparation techniques and catalyst composition might enhance the catalyst

performance further. There are several papers published on optimizing catalyst

composition for this particular catalytic system, such as for instance using genetic

algorithm and neuronal networks reported Huang et. al. (73, 74)

Although La-based catalyst proved to be prone to abrasion one could test the

performance of these catalyst supported on mechanically stable materials. It has

been shown previously by Choudhary et. al (132) that supporting La and Sr

gives similar performance as unsupported catalyst, and this could be a starting

point for the further research.

Work on the fluidized bed reactor should not be only limited on these two cat-

alyst types. Several new catalysts are currently under development in the UniCat

cluster of excellence, and their large scale application should be investigated as

soon as they show promising performance after high-throughput screening.

Additional tests including steam in the feed stream might be also very inter-

esting for the future, as well as for the industrial application. Liu and Iglesia

(72, 133) both showed that water addition in the feed can improve the maximum

yield by 5%-25%, while diluting the feed also helps in the temperature control.

There are also other possible directions for continuation of this work. For

instance, when scaling up the fluidized bed reactor, much longer contact times

are expected, and as shown in this work too long contact time might reduce the
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yields which are obtained in smaller reactors. Therefore short time reactors like

fast or circulating fluidized bed reactors could be investigated experimentally.
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S.Jašo, H. Arellano-Garcia, G. Wozny, Oxidative Coupling of Methane

in Fluidized-bed Reactor : Infuence of Feeding Policy, Hydrodynamics

and Reactor Geometry, Chem. Eng. J. (2011) Volume 171, Issue 1,

pp. 255-271.
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